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ARTICLE INFO ABSTRACT
Keywords: The objective of this study is to investigate the upgrading of low-quality nitrogen-diluted syngas derived from
Syngas methanation biomass air gasification processes into a methane-rich gas stream. Both the thermodynamic and the kinetic as-

Nitrogen dilution
Plant design
Aspen Plus
Sensitivity

pects are addressed in the paper. Using the Aspen Plus software, a thermodynamic analysis was conducted; then,
different plant designs are simulated and compared, including reactor sizing and performance. The results
demonstrate that the upgrading of diluted syngas poses challenges which limit its application to small-scale
decentralized systems. It was found that a system comprising of four adiabatic fixed-bed reactors, inter-
cooling, and efficient water removal achieves a favorable balance between performance and cost. Operating
the system at a pressure of 5 bar is deemed adequate as it reduces the required catalyst mass and prevents solid
carbon deposition. Notably, this configuration achieved good results, including a 99.4 % CO conversion, 89.3 %
CO> conversion, and 95.6 % CHy yield. The final methane molar content reached 26.4 %, with a calorific value of
8.62 MJ/Nm>(STP).

Catalytic methanation emerges as a practical method to enhance
syngas quality from biomass gasification. This process involves the hy-
drogenation of carbon oxides, generating methane gas through specific
catalysts. The exothermic nature of CO and CO, methanation necessi-
tates careful heat management to prevent catalyst damage [7,8].

Synthetic natural gas (SNG), with its high conversion efficiency and
compatibility with natural gas infrastructure, presents a promising
alternative to traditional fossil fuels. The well-established natural gas
transportation network and end-use technologies further position SNG
as a viable option for utilities.

In this context, methanation reactor modeling is a crucial aspect that
can be approached at various levels, ranging from zero to three di-
mensions. One-dimensional (1D) models are commonly utilized for
identifying qualitative trends and optimizing operating parameters, as
they provide results closely aligned with those derived from more
computationally intensive two-dimensional (2D) models [8]. The pref-
erence for 1D models in overall plant feasibility studies and preliminary
reactor design is due to their computational efficiency, while three-

1. Introduction

Fossil fuels, despite driving industrial progress with their high
energy-to-volume ratio, cost-effectiveness, and ease of storage, are
deemed unsustainable due to finite natural gas reserves [1], long-term
environmental consequences [2], and the flawed notion that they can
meet growing energy demands [3]. Unfortunately, renewable alterna-
tives like solar and wind power face efficiency fluctuations, posing
challenges in fully replacing fossil fuels.

In recent years, there has been a burgeoning interest in biomass-
derived energy, with both wet and dry biomass emerging as promising
starting materials for energy production. Among the thermochemical
processes for biomass conversion, gasification stands out for its capacity
to yield versatile syngas, crucial for energy generation and chemical
synthesis [4]. However, challenges in large-scale centralized gasification
facilities, stemming from low bulk densities of most biomasses, have
prompted investments in small-scale plants, as seen in initiatives by - . . . .
European countries like Germany and Italy [5]. Small-scale biomass dimensional (3D) models become essential for comprehensive design

plants hold potential for enhancing energy supply in remote locations and oPtimization purposes. AsPen Plus is frequently gmployed for
[6] modeling methanation reactors in the context of synthetic natural gas
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Nomenclature

List of symbols

) Mean gas diffusivity [m?/s]

D, Particle diameter [m]

D, Reactor diameter [m]

€ Bed void fraction [-]

¢ Effectiveness factor for intra-particle transport limitation
[-1

Nc Carbon yield [-]

NcH4 Methane yield [-]

K Equilibrium constant for reaction 1 [bar?]

K> Equilibrium constant for reaction 2 [-]

K3 Equilibrium constant for reaction 3 [bar?]

Kcua Adsorption constant of CH,4 [bar ']

Kco Adsorption constant of CO [bar 1]

Ko Adsorption constant of Hy [bar ']

k; Kinetic constant of reaction I [kmol/kgc,: h]

L Catalyst bed length [m]

Leg Minimum bed length to reach equilibrium [m]

Be Viscosity of gas mixture [Pa s]

N Mole flowrate [kmol/h]

P Pressure [bar] or [Pa]

Qm Gas flow rate [m3/s]

R Mole-based recycle ratio [-]

ps Density of gas mixture [kg/m?]
T Temperature [K] or [°C]

Ug Superficial gas velocity [m/s]
Xco CO conversion [-]

Xco2 CO, conversion [-]

z Reactor axial coordinate [m]
Abbreviation

C Solid carbon

CH4 Methane
CHP Combined heat and power

Cco Carbon monoxide
CO, Carbon dioxide
FBR Fixed bed reactor
Hy Hydrogen

H,0 Water

HHV Higher heating value
LHV Lower heating value

N, Nitrogen

Pe Peclet number

PR Peng Robinson

RFBR Recycle fixed bed reactor

SNG Synthetic natural gas

(SNG) production facilities. The ongoing advancements in methanation
technology and modeling underscore the continuous efforts of re-
searchers in this domain.

Er-rbib and Bouallou [9] proposed a three-stage catalytic fixed bed
methanation system for storing renewable energy as methane using
syngas and CO methanation, making clear how renewable energy
sources can be integrated in the methanation process. Matthischke et al.
[10] compared adiabatic and cooled fixed-bed reactors, finding that
product recirculation in adiabatic reactors cooled the temperature and
improved methane production. Adiabatic reactors were noted to be
more versatile, while cooled reactors had a shorter start-up time.

Chein et al. [11] investigated the effects of operating conditions and
syngas composition on reactor performance. They demonstrated that the
syngas inlet temperature significantly influenced CO conversion, fa-
voring isothermal operation over adiabatic, in which hot-spots can arise.
The authors underline that syngas produced from coal or biomass
gasification as a low Hy/CO ratio, making it necessary to adjust the
hydrogen content. Kao et al. [12] explored strategies to improve tem-
perature control in fixed-bed methanation reactors, including the
employment of cooled reactors, the recycling of the effluent gas, and
water addition to the reacting mixture. They concluded that both the use
recycle reactors and steam addition can mitigate the temperature rise in
the methanation reactor.

The existing body of literature concentrates on the enhancement of
syngas derived from steam and/or oxygen gasification, characterized by
a typically high Hp/CO ratio [13]. This optimized syngas can become
suitable for grid injection, after specific standards are met [14]. In
contrast, poor attention has been directed towards exploring the po-
tential of diluted syngas resulting from air gasification—a cost-effective
and state-of-the-art technology [15]. Syngas produced through air
gasification is heavily diluted with nitrogen [16], posing challenges
concerning compliance with standard requirements for injection into the
natural gas grid and for the direct utilization for CHP systems. This in-
cludes issues such as nitrogen-induced reductions in the Wobbe Index
and heating values of the Synthetic Natural Gas (SNG).

However, a combined system integrating air gasification and cata-
lytic methanation holds promise, particularly in regions with surplus
renewable energy [15]. This surplus energy can be utilized for hydrogen

production through electrolysis, subsequently stored in the stable form
of chemical bonds within SNG. Methane, being more manageable than
hydrogen and presenting fewer safety concerns during storage and dis-
tribution, emerges as an advantageous energy carrier.

The current study aims to explore the theoretical feasibility of
upgrading low-quality syngas derived from biomass air gasification into
a methane-rich gas stream through catalytic methanation. This explo-
ration is conducted from both thermodynamic and kinetic perspectives.
The Aspen Plus software package serves as a valuable tool for simulating
and comparing various plant configurations, allowing an investigation
into the impact of different operating conditions on process
performance.

2. Materials and methods

The Aspen Plus software was used to model the conversion of syngas
to bio-methane, with the syngas composition retrieved from an experi-
mental study where the biomass gasification with air was performed
using a small-scale commercial plant [16]. The focus of the work [16]
was to produce syngas for a spark-ignition internal combustion engine
using a fixed-bed downdraft gasifier in a micro-CHP plant.

The dry-basis composition of the syngas adopted in all subsequent
simulations is specified in Table 1, while the mass flow rate is 58.32 kg
h™! and the temperature is 47.6 °C. The dry-basis composition of the
syngas was considered as the starting point for the methanation process
because the syngas undergoes some cleaning steps to remove ash, char
and impurities (tars) and is completely cooled and dried in the process
[16]. Nevertheless, the syngas temperature is set to 25 °C in the

Table 1
Syngas composition adopted in the simulation [16].

Component [v/v %] d.b.
Cco 15.9
CO4 9.16
CHy 1.24
H, 12.2
Ny 61.5
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following sections, as it does not change the conclusions.

Fig. 1 shows a schematic representation of the flow of the present
work. Initially, a thermodynamic analysis is undertaken to identify
optimal operating conditions that maximize methane yield while mini-
mizing char production. The insights gained from this analysis serve as a
foundation for subsequent kinetic modelling. A literature-based kinetic
model is employed to explore various system configurations, ranging
from a single-stage adiabatic fixed-bed methanation (S1) to more com-
plex multi-stage recycle methanation systems with inter-cooling (S4).

Finally, a parameter-by-parameter sensitivity study is conducted to
pinpoint suitable operating conditions for an optimized small-scale
system. This systematic approach allows for a nuanced understanding
of the complex interplay between thermodynamics, kinetics, and system
configurations, facilitating the identification of conditions that enhance
methane production efficiency while mitigating undesired byproducts
such as char.

2.1. Thermodynamic analysis

The simulations were performed using the Aspen Plus software and
the key aspects pertaining to the specified compounds, property method,
and employed blocks are presented as follows:

e In addition to the compounds found in the feed stream, namely CO,
CO3, CH4, Hy, and Ny, additional components included in the simu-
lation are water and pure solid carbon. The presence of pure solid
carbon may arise from the simple cracking of methane and/or
through the Boudouard reaction occurring on the catalyst’s surface
[8,171

For the description of gases encompassing diverse temperature and
pressure conditions, the Peng-Robinson (PR) equation of state was
selected because it is well-suited for non-polar or mildly polar gas
mixtures containing light gases, especially at high temperature and
pressure ranges [ 18]. All binary interaction parameters were directly
sourced from the Aspen Plus library.

To facilitate the computations, the RGIBBS block was employed, as
illustrated in Fig. 2, which shows a schematic representation of the
Aspen Plus flowsheet for the thermodynamic analysis. This block
operates under the fact that the change in Gibbs free energy (dG) is
zero when equilibrium conditions are achieved. Irrespective of the
reactions involved, the RGIBBS model establishes the composition of
the output mixture corresponding to the minimum of the Gibbs free
energy with respect to temperature, pressure, and composition.

The concentrations of water and solid carbon were set to zero at the
reactor inlet. This zero-dimensional (0D) approach allowed for a rapid
and cost-effective estimation of the system’s composition at equilibrium,
thereby enabling a preliminary investigation into the practical and
technological feasibility of the syngas methanation process. When the
amount of the available hydrogen is insufficient to ensure complete
conversion of carbon oxides to methane, supplementary hydrogen
(EXTRA-H; stream in Fig. 2) must be provided, e.g., from water elec-
trolysis driven by surplus renewable energy.

2.1.1. Case I: No extra hydrogen provided
A sensitivity study allowed to investigate the trend of CO conversion,
CO;, conversion, methane yield and solid carbon yield, when the reactor
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temperature and pressure are changed. In this section, there is no
hydrogen addition to the system. Using the Aspen Plus sensitivity tool,
the temperature was varied within the range of 100 to 1000 °C with a
step size of 10 °C and the pressure was set at three distinct levels: 1, 15 or
30 atm. After properly setting the molar flow rates and output compo-
sitions in the “Tabulate” section, the following values were defined as
dependent variables to be evaluated: the molar fractions of all the spe-
cies in the outflow stream at equilibrium, the CO conversion (x¢p), the
CO; conversion (xgo, ), the methane yield (nCH4), the solid carbon yield
(n¢), the lower heating value (LHV) and higher heating value (HHV) of
the output mixture.

2.1.2. Case II: Extra hydrogen provided

In this second scenario, the sensitivity analysis was conducted with a
different approach. The pressure value was kept constant at the refer-
ence pressure of 1 bar throughout the study and the temperature was
varied between 100 and 1000 °C as the independent variable. Moreover,
the mass flow rate of the hydrogen added was introduced as a parameter
at three specific levels:

1. 0 kg h™': Corresponding to the case where no additional hydrogen is
supplied (cfr. Case I)

2. Stoichiometric conditions (3.24 kg h™1): the hydrogen mass flow rate
was adjusted to meet the stoichiometric requirements for complete
conversion of CO and CO; to methane.

3. 15 % excess (3.73 kg h™!): an arbitrary excess amount of hydrogen
was provided.

The same variables of Case I were considered for this section as well.
This approach allowed for a thorough examination of how the selected
variables respond to changes in temperature and different hydrogen
mass flow rate conditions, under a constant pressure value of 1 bar.
When additional hydrogen is mixed to the syngas, the overall compo-
sition and the Hp/CO/CO> ratios will change accordingly. The compo-
sition of the syngas with stoichiometric and excess hydrogen is reported
in Table 2, while the definitions of all the parameters used in the results
section are provided in Table 3.

2.2. Kinetic model

The model presented by Xu & Froment [19] was used in this work
since it is regarded as one of the most trustworthy and complete
currently accessible.

In Aspen Plus, the kinetic parameters need to be rearranged to
adhere to specific format requirements. Specifically, these parameters
should be declared by providing coefficients for temperature poly-
nomials as follows (Eq. (1)):

In(k) :A+§+ Cin(T) + DT €8]

In Eq. (1), k stands for the kinetic constant, and T denotes the temper-
ature in Kelvin. The coefficients A, B, C, and D must be specified to
accurately describe the temperature dependence of the kinetic factor.
However, it is important to note that only the kinetic factor of the
driving force should be declared in terms of its activation energy and
pre-exponential factor. On the other hand, the rate and adsorption
constants are defined separately in Table 4, and their temperature

Thermodynamic
analysis of the
methanation
process

Kinetic modelling of
the process

Effect of the main
operating
parameters

Effect of system
configuration
S1-S4

Fig. 1. Flow of the present work.
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Fig. 2. Equilibrium simulation flowsheet.

Table 2
Syngas composition [mol/mol %] with stoichiometric and excess hydrogen.
Stoichiometric Hy Excess Hy

Cco 9.24 8.69
CO, 5.32 5.00
CH4 0.72 0.67
Hy 48.99 52.00
N 35.73 33.62

dependence is described using the Arrhenius and Van’t Hoff equations,
respectively.

Aspen Plus was used to calculate the chemical equilibrium constants
(i.e., Ky, Ky and K3 in Table 4) for the three reactions involved. A
simulation was built up using the REQUIL block, and a sensitivity
analysis was performed to compute the equilibrium constant at different
values of the reactor operating temperature. The resulting numerical
data was then linearized.

2.3. Model validation

To validate the Aspen kinetic model, data from real industrial plants
were utilized. Specifically, reference was made to the work of Khorsand
et al. [20], who conducted a modeling study on the methanation unit of
an ammonia synthesis plant. The findings of their simulation were
compared to actual industry data, providing a way to validate the Aspen
kinetic model.

For this validation process, all the operating parameters were
adopted from the industrial data reported by Khorsand et al. [20]. These
parameters included input molar flows, temperature and pressure con-
ditions, as well as reactor dimensions and catalyst properties. A com-
parison between the simulated results and the corresponding industry
data allowed to assess the accuracy and reliability of the model.

2.4. Reactor sizing and design procedure

Methanation reactors are modelled using Aspen Block RPLUG block,
which is designed to represent perfect plug-flow reactors. Since no radial
concentration and temperature profiles are expected in normal oper-
ating conditions, namely when the reactor is working properly and a
well-developed fluid-dynamic regime is established, due to the absence
of a cooling medium, the RPLUG one-dimensional model is suitable for

describing adiabatic fixed-bed reactors [21]. In this modelling approach,
axial mass and heat transfer are also assumed to be negligible, and all the
process is at steady state. The Ergun equation is selected to estimate the
pressure drops in the catalytic bed. The Ergun momentum balance
equation is included in the Aspen Plus RPLUG block, and can be written
as follows (Eq. (2)):

dP _ 150(1 — €)’¢U, N 175(1 — &)Uyp

(2)
dz eD? D,

where P is the pressure [Pa], z is the reactor axial coordinate [m], U, is
the fluid velocity [m/s], ¢ is an effectiveness factor for intra-particle
transport limitation [-], D, is the particle diameter [m], p is the cata-
lyst density [kg/m>] and ¢ is the catalyst bed void fraction.

The kinetic modeling of solid carbon formation was not included in
the simulations and the absence of solid carbon formation was ensured
only by a thermodynamic approach.

The decision to employ a single-tube configuration for simulating
methanation reactors is motivated by a specific focus on fixed-bed
adiabatic reactors designed for small-scale applications in this study.

Table 4
Kinetic parameters and corresponding Aspen coefficient (adapted from [19]).

Parameter Equation Aspen coefficients

— 15
k1 ki = 4.22510%exp( ,@) {kl =4.225 10

RT Ey = 240.1 KJ/mol
ko ka = 1.95510%exp( —%) {’E -l }g/moz
ks ks = 1.02010"exp( *%) {1’2 Z ;fsz,g }(31/1101
Kco Keo = 8.231075exp(%) {'32‘3 = gfé;?z
K, Ky, = 6.1210*95)&?(%) {gl; - ;91;31»?3
Kcn, Ken, = 6.6510—4exp(%) {gzs - ;6762,23
Ko Kiyo = 1.7710%xp( _%) {g:z,g 1208
K K; = exp(29.206 7@> { ]2:1:: 3362()(;62
Kz Ky = exp(—4.342 +4686'7) {I;I;Z z 2282472
Ks Ks — exp(24,719*¥> { éﬁ;s:: 279

Table 3
Main parameters evaluated in the thermodynamic analysis.
Parameter Definition Notes
i Ncoin — N o
CO conversion Xco(%) = 100 conl.v COout N’ denotes mole flow rate
COin

CO, Xco, (%) = ‘N’ denotes mole flow rate
conversion 100 Nco,in — Neos oue
Neozin
CH, yield (%) = 100 Ncn, o Subscript i denotes all carbon-containing species (CO, CO,, C, and CH,), while NC; denotes the number of carbon atoms in
Nen, ‘Z NCiNn species i.
Carbon yield 16(%) = 100 Ne,, Subscript i denotes all carbon-containing species (CO, CO», C, and CH,), while NC; denotes the number of carbon atoms in
> NCiNijp species i.
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Unlike multi-tube reactors, which are typically employed for enhanced
productivity and utilize a cooling medium to achieve a polytropic
temperature profile, the choice of a single-tube design aligns with the
targeted context of small-scale methanation. The catalyst parameters
used in the simulations were provided by Matthischke et al. [10]. These
parameters pertain to a commercial Ni/Al,O3 catalyst with sphere-
shaped particles, as outlined in Table 5.

Reactor sizing employed the Aspen Plus sensitivity tool, adhering to
theoretical and plant engineering constraints. The RPLUG model,
requiring catalyst bed length (L) and reactor diameter (Dt), allowed for
varied L/Dt ratios to achieve consistent catalyst mass and CO/COy
conversion. To constrain system parameters, empirical restrictions from
Woods [22] were applied, aligning theoretical and practical consider-
ations for a robust sizing methodology. Among these, one can mention:

e The recommended catalyst particle size should be in the range of 1-5
mm.
e The mean residence time within the reactor should be less than 1 s.
e Pressure drops should be limited to less than 10 %.
e Turbulent flow is necessary to have proper plug-flow, therefore the
particle Reynolds number, defined as (Eq. (3)):
PrDp40m

Re, = ————— 3)
» D1~ o

should be greater than 100 [23].

e It is preferable to have an axial Peclet number (defined as Pe =
U,D,/D, where Uy is the mean velocity, D, is the tube diameter and
D is the mean diffusivity) greater than two to ensure optimum gas
distribution and minimal back mixing. The Peclet number can be
estimated using a rough correlation provided by Wen (in [24]).

As mentioned before, the outlet temperature should be carefully
managed due to catalyst deactivation [8]. In most models, outlet tem-
peratures ranging from 500 to 650 °C are employed [11,12,9]. To ensure
that equilibrium conversion is achieved, the reactor length is adjusted in
Eq. (4):

L=L,1+9) 4

where 9 is a safety factor ranging from 0.3 to 0.4, and L, is the minimum
bed length necessary to reach equilibrium conditions, i.e., the point
where the temperature profile hits a plateau.

2.5. Plant design configurations

This section entails with the description of the methanation systems
studied in this paper. A path of growing complexity was followed,
starting from the simple single stage adiabatic methanation, to more
complex systems including multi-stage, inter-cooled systems.

Single stage methanation (System 1-S1)

Fig. 3 demonstrates the configuration of the process using a single
fixed-bed adiabatic reactor:

Raw syngas from biomass air-gasification is combined with addi-
tional hydrogen to achieve the stoichiometric ratio (CO/COy/Hy = 1/1/
7). The gas mixture is then heated up at constant pressure to 330 °C
before entering the methanation reactor. Inlet temperatures below

Table 5
Catalyst parameters adopted in the Aspen simulation (ref. [10]).

Catalyst parameters used in the simulation

Diameter [mm] 3 Typical for fixed bed
Bed porosity [-] 0.39 Typical for spheres
Particle density [kg/m®] 1475 Reference to Meth134 catalyst

Bulk density [kg/m®] 900 Calculated

Applied Thermal Engineering 246 (2024) 122901

250 °C are normally avoided due to limited methanation activity [8].
Moreover, at low temperatures the formation of nickel tetracarbonyl
with the CO vapor-solid reaction can occur, resulting in catalyst deac-
tivation owing to nickel loss [17]. This process may be described as
follows (Eq. (5)):

Ni(s) + 4COqg) < Ni(CO)y(q) )

The plant pressure was set to 2 bar across the unit. As the design stage
does not consider the plant’s piping network, pressure drop calculations
are performed only for the reactors. Before entering the methanation
unit, the syngas must undergo proper cleaning and cooling. Therefore,
the inlet temperature is set to be at ambient conditions.

Fixed-bed recycle reactor (System 2- S2)

The scheme of System 1 proves technically unfeasible due to the high
outlet temperature, which poses the risk of thermal runaway and cata-
lyst deactivation. To address these challenges, recycling a portion of the
product gas back to the reactor’s inlet can offer several benefits [10,12]:

1. An optimized recycle ratio can extend the “reactive volume” within
the reactor. The reactive volume refers to the portion of the reactor
length where a non-zero temperature differential is observed. By
achieving an ideal recycling ratio, the reactive volume can occupy
the entire reactor volume, leading to a more effective utilization of
the catalyst bed. Additionally, equilibrium conditions can be pre-
cisely achieved at the reactor outlet.

2. Diluting the feed by mixing it with the recycle stream reduces the
overall reaction rate and subsequently lowers the exit temperature.
The recycle ratio can serve as a controlled variable in temperature
control systems, allowing for enhanced temperature management
and preventing issues related to excessive overheating.

3. The decrease in the average temperature within the reactor results in
an elevation of the equilibrium degree of conversion of CO and CO»,
leading to higher concentrations of methane in the effluent stream.
This is a consequence of the more favourable thermodynamic con-
ditions prevailing at lower temperatures, which facilitate increased
methane production (cfr. Fig. 8a and Fig. 9a).

Despite the benefits of improved reactor performance, it is essential
to acknowledge that the implementation of recycling reactors comes
with additional costs. Notably, the expenses are primarily associated
with gas compression. The compressor, though not explicitly shown in
the following flowsheets, plays a crucial role in bringing the recycled
product back to the original feed pressure. This equipment is expensive,
demanding continuous maintenance and consuming power to function
effectively.

In the present study, pressure drops are not considered for coolers,
piping, and mixers; hence, the compressor is not depicted in the one-
stage recycling reactor scheme (Fig. 4):

In this configuration, hot syngas is combined with recycled gaseous
products and fed into the reactor. Thanks to an adequate recycling ratio,
the exit stream approaches 550 °C and must be cooled before being
partially recycled. To simplify the process, it was decided to cool the
reactor exit stream to 330 °C. Notably, this temperature matches the
temperature of the PRE-MIX stream. Adopting this approach has the
advantage of having a consistent and fixed temperature at the reactor’s
inlet, independent of the recycle stream’s temperature.

Series of fixed-bed reactors (System 3-S3)

Since it is essential for SNG to be predominantly composed of
methane, additional stages are required to obtain significant CO5 con-
version. While CO can be easily converted in a few steps, CO; is far less
reactive when nickel catalysts are used [25]. This difference in reactivity
can be attributed to the kinetic competition between carbon oxides for
the active metal sites on the catalyst surface. Studies have claimed that
CO, transformation does not occur until most of the CO has reacted
[25,26]. Fig. S1 in the Supplementary Material illustrates the multi-
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Fig. 4. Single stage recycle reactor.

stage process.

Following the recycling loop, a fraction of the exit stream from the
first reactor is directed to a series of four fixed-bed reactors with inter-
mediate cooling sections, where the temperature is reduced to 330 °C at
the entrance of all four reactors. The cooling temperature is carefully
chosen to strike a balance between achieving high thermodynamic
conversion and ensuring the catalyst remains active. The catalyst acti-
vation temperature is largely dependent on the specific catalyst
employed. For most commercial Ni/Al,Os3 catalysts, discrete activity is
observed when the temperature exceeds 250 °C. It is important to note
that while having the same inlet temperature for all reactors is not a
strict requirement, it is a common practice in SNG plant simulations
[12].

Inter-cooling & water condensation (System 4-S4)

According to the thermodynamic study, the removal of water can
improve the performance of the system by shifting the thermodynamic
equilibrium towards the products, allowing for increased methane
generation. Water removal is accomplished with a condenser. Aspen
Plus provides the Flash2 Block, which can be used to simulate liquid-
-vapor thermodynamic equilibrium [18]. Fig. S2 shows the integration
of condensers in the methanation plant.

In this methanation plant configuration, water condensation is car-
ried out after each reactor, and the condensed water is collected. All
condensers within the plant operate at the same temperature and pres-
sure, specifically 30 °C and 2 bar, respectively. The chosen temperature
is set to ensure that at least 90 % of the incoming water is effectively
condensed through the unit, while the pressure is maintained at the
plant’s operating pressure.

To achieve the cooling required for the streams entering the con-
densers, a cooling medium is employed. The Flash2 block allows the
association of a utility stream directly within the block. Given the
presence of numerous high-enthalpy streams departing from the re-
actors, the plant has an abundance of available heat sources, making it
straightforward to utilize excess enthalpy to heat up the output streams

from the condensers. This approach simplifies the design process and
ensures the effective integration of cooling within the system. This study
prioritizes offering an overview of methanation processes for diluted
syngas; therefore, a simplified shortcut design for heat exchangers suf-
fices, with no pursuit of in-depth analysis or rigorous design, as these
aspects diverge from the study’s primary focus. Pressure drops in con-
densers and exchangers are also neglected here.

2.6. Sensitivity analysis and optimization

The flowsheet presented in Fig. S2 cannot be considered technically
or economically favourable due to its complexity, as it includes five
reactors and three water removal units. To optimize the plant layout and
reduce costs, a parameter-by-parameter sensitivity analysis was con-
ducted to determine the impact of plant parameters, and thus to identify
the most advantageous combination. While this procedure is not
intended to be a comprehensive economic study, it offers a semi-
quantitative assessment of satisfactory conditions. Indeed, the plant
costs are represented by the catalyst mass required to achieve thermo-
dynamic equilibrium at the reactor outlet.

The scheme (Fig. 5) below outlines the phases that lead to the best
design.

2.6.1. Effect of plant pressure

The influence of plant pressure on the overall system performance
was examined. The flowsheet shown in Fig. S2 served as the initial setup
for further simulations. Throughout these simulations, all major pa-
rameters, such as reactor inlet temperature, recycling reactor exit tem-
perature, and the number of water removal units, remained unchanged.

The impact of pressures set at 2, 5 and 8 bar was investigated. For
each pressure condition, the reactor designs were repeated, and the
catalyst bed lengths were adjusted to achieve equilibrium. It should be
noted that the recycling flow rate required to keep a 550 °C outlet
temperature varies with pressure according to Le Chatelier’s principle.
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Fig. 5. Optimal design identification procedure followed in this study.

2.6.2. Effect of reactor inlet temperature

In the updated flowsheet, the pressure has been adjusted and set to
the satisfactory value determined in the previous analysis (cf. Section
3.4.1: Effect of plant pressure). With the pressure fixed at the optimal
level, the inlet temperatures of all reactors were subsequently adjusted
to assess their impact on the overall system performance. Specifically,
two different inlet temperature scenarios were considered: 330 °C and
350 °C.

2.6.3. Effect of recycle Reactor’s outlet temperature (i.e., recycle ratio)

It was deemed intriguing to investigate whether reducing the output
temperature of the recycling reactor (RFBR) - effectively increasing the
recycle flow rate — would be advantageous in terms of reducing overall
expenses and improving performance. For this simulation, the pressure
was set to the value determined in Section 3.4.1, and the inlet temper-
atures of all reactors were set at 330 °C. The only parameter changed
was the outlet temperature of the recycling reactor (RFBR), which was
changed from the initial 550 °C to the reduced temperature of 500 °C.

2.6.4. Effect of condenser location

The final analysis conducted in the study aimed to explore the pos-
sibility of minimizing the number of condensers required in the
methanation plant and to identify the ideal location where maximum
conversion of CO and CO, could be achieved.

3. Results and discussion
3.1. Thermodynamic analysis results

The findings of the thermodynamic analysis are provided and dis-
cussed in this paragraph. In the interest of brevity, the results of the
thermodynamic analysis in the case of a lack of hydrogen (Case I) have
been omitted from the main text because they are of limited interest for
the following considerations and are available in the Supplementary
Material (cfr. Figg. $3-S5). According to the results, the methanation
process is completely unfeasible unless additional hydrogen is added to
the syngas to meet at least the stoichiometric ratio.

The plot of Fig. 6 illustrates the thermodynamic equilibrium com-
positions when hydrogen is added to the raw syngas to meet stoichio-
metric conditions at 1 bar. In this scenario, carbon monoxide is
completely converted at low temperatures, leading to the main reaction
products (water and methane). However, carbon dioxide is only
partially converted, as evident from Fig. 6. It should be noted that
hydrogen addition results in a substantial reduction of carbon deposi-
tion. Fig. 6 clearly depicts that a pure solid carbon phase is present only
within a limited temperature range, specifically between 450 and
660 °C. This specific trend of the solid carbon production is observed in
the literature [27]. This can be explained by the fact that reactions
producing char (namely, CHy4 cracking and the Boudouard equilibrium)
are encouraged compared to the methanation reactions in the temper-
ature range 450-650 °C [27].

It can be demonstrated that the presence of high Ny dilution deeply
influences the global Gibbs free energy of the system, thus leading to the
production of solid carbon in a specific temperature range, which be-
comes wider with increasing dilution. Furthermore, the methane con-
tent in the product is notably higher compared to the case where there is
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Fig. 6. Equilibrium composition of the syngas with stoichiometric H, at 1 bar.

a lack of hydrogen in the syngas. In the presence of hydrogen, the
methane content reaches a maximum of 22 % by volume. Notably, the
methane mole fraction is particularly higher at low temperatures.

Fig. 7a and Fig. 8a present the trends of the degree of conversion of
CO and CO; with temperature when stoichiometric hydrogen is present
in the reacting syngas, considering different operating pressures. The
results show that at low temperatures and high pressures, there is a
significant conversion of both carbon oxides. Notably, in the tempera-
ture range of 500 to 700 °C, the conversion of CO is generally higher
than the conversion of CO,. However, as the temperature continues to
rise, reaching around 650 °C, the trends shift. CO, conversion starts to
increase rapidly, while CO conversion begins to decline and can even
reach negative values. This behaviour is a crucial point of interest and
indicates a shift in the dominant reactions occurring in the system as the
temperature increases.

The findings of Gao et al. [27] align with the current study’s results,
showing similar trends in the conversion of CO and COj in the presence
of stoichiometric hydrogen. These trends can be explained by the
occurrence of the water-gas shift reaction, where carbon dioxide is
consumed to produce carbon monoxide. CO conversion increases with
increasing pressure across all temperature conditions. However, the
trend for carbon dioxide conversion is non-monotonic. At low temper-
atures (below 650 °C), an increase in pressure leads to higher CO,
conversion. In contrast, at higher temperatures (above 750 °C),
increasing pressure reduces the overall conversion of carbon dioxide.

Additionally, it is noted that the impact of pressure on both CO and
CO; conversion diminishes as pressure reaches higher values, typically
above 8 bar. Beyond this point, further increases in pressure have
limited effects on the conversion of carbon oxides. In contrast to the Ho-
lacking scenario, if stoichiometric hydrogen is present in the gas
mixture, discrete carbon dioxide conversion can be achieved if the
reactor temperature is properly managed.

Fig. 7b and Fig. 8b illustrate the conversion of carbon monoxide and
carbon dioxide with hydrogen content as a parameter, with pressure
kept at the constant value of 1 bar.
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The results show that while the hydrogen concentration has no sig-
nificant influence on CO conversion, especially at temperatures below
700 °C, it has a substantial impact on CO5 conversion. If no more hy-
drogen is supplied to the system, as previously discussed, carbon dioxide
is produced if the temperature is less than 620 °C. Under stoichiometric
condition, however, CO5 conversion is always positive, with a minimum
value of 32.5 %.

Fig. 8b also indicates that with a hydrogen surplus of 15 %, CO,
conversion can be slightly further improved, reaching a minimum value
of 37.1 %. However, despite this potential improvement, it should be
noted that working with excess hydrogen is not currently seen as a viable
solution due to stringent regulations for the quality of synthetic natural
gas (SNG) that can be injected into the grid [14,28].

Similar conclusions can be drawn about the trends in methane yield
and the solid carbon yield. Methane yield decreases with temperature
and increases with pressure. Solid carbon formation is limited to a
specific temperature range if stoichiometric hydrogen is available in the
reacting mixture. A more detailed discussion about the thermodynamic
trends of methane and solid carbon yields can be found in the Supple-
mentary Material (cfr. Fig. S6 and Fig. S7). As expected, the addition of
hydrogen during the methanation process leads to a synthetic natural
gas (SNG) with higher calorific values compared to the original raw
syngas and to the syngas-hydrogen mixture, as illustrated in Table 6:

3.2. Model validation results

The validation results based on the work of Khorsand et al. (2007)
[20] are illustrated in Table 7:

The first column includes the input industry data at the reactor inlet
used in the simulation. The second, third and fourth column show the
outlet industrial data, the results obtained from the simulation of
Khorsand et al. [20], and the outcomes from the current simulation.
Upon comparison, it is evident that there is good agreement with the
industry data and with Khorsand’s results. The relative errors between
the simulation results and actual industrial data are calculated to be less
than 5 %, which indicates that the chosen kinetic model is appropriate to
describe the behaviour of the system. The deviation in the temperature
value can be ascribed to the hypothesis of perfect adiabatic conditions,
which is not reached in real industrial reactors.

Table 6
Calorific values of raw syngas and SNG on a dry basis.

Calorific values of raw syngas and SNG on a dry-basis (MJ/Nm®) STP 0 °C, 1 atm.

LHV HHV
Raw syngas 3.72 4.00
Syngas-H, mixture 6.62 7.59
Equilibrium SNG 9.73 10.87
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Table 7
Validation results based on ref. [20].
INLET OUTLET Relative
error [%]
Input Ref. Industrial This
industrial [20] data work
data
CO [kmol h™'] 20.5 0 0 0 0
CO, [kmol 3.4 0 0 0 0
h™]
H, [kmol h’l] 4186.7 4407.53 4111.5 4111.6 0
CH,4 [kmol 26.1 55.61 50.1 50.0 0.2
h™]
H,0 [kmol 58 92.12 85.3 85.3 0
h™]
Inert N, [kmol 16.6 16.6 16.6 16.6 0
h™]
Temperature 577.8 598 589 617.6 4.8
[K]
Pressure [bar] 29.4 29.38 29.2 29.39 0.6

3.3. Plant configuration results

The exit temperature of the reactor in system S1 is calculated to be
647 °C, which is considerably higher than the catalyst deactivation
temperature attributed to sintering, as referenced in [8]. This observa-
tion is consistent with similar findings reported in the literature [10]. As
the single methanation reactor cannot achieve complete conversion of
all CO and CO;, present in the syngas, the attained methane yield is not
notably high, as shown in Table 8. The issue of catalyst sintering poses a
significant challenge to the practicality of this technique.

From a technical perspective, it is imperative to implement tem-
perature reduction measures to prevent catalyst deactivation. Addi-
tionally, reducing the temperature is also thermodynamically
advantageous, as the methanation reactions are exothermic. In systems
S2, S3 and S4, for the purpose of this work, the following definition of
the recycle ratio is adopted (Eq. (6)):

mole flow rate of recycle ~ Ng

- mole flow rate of outlet stream " Nour ®)

The ideal recycling ratio for a fixed load, which is the volumetric gas
flow rate to be treated, is the one that precisely attain equilibrium
conditions at the reactor exit [10]. The recycle ratio is usually modu-
lated in the range 0.5-3 [9]. In the present study, the recycle ratio was
adjusted to achieve a desired outlet temperature of 550 °C, which was
chosen as a constraint value for the system. By varying the catalyst bed
length, equilibrium conditions were achieved at the reactor exit,
ensuring the desired outlet temperature was met consistently. Fig. 9
depicts the temperature profile within a single fixed-bed reactor with
(system S2) and without a recycling loop (system S1). The temperature
in the recycle reactor rises progressively from the inlet temperature of
330 °C to the final constrained value of 550 °C, demonstrating the
controlled temperature change that occurs within the reactor due to the
recycling loop’s influence.

Fig. 10 illustrates the critical behavior observed in the recycling ratio
and its effect on reactor operation, particularly when the reactor’s
diameter is smaller than 17 cm. This phenomenon can be explained by
examining the relationship between gas velocity, mean residence time,
and reaction rates.

Table 8
Global performance of the methanation systems addressed in this work.
S1 S2 S3 sS4
CO conversion [%] 29.7 79.9 99.8 99.7
CO,, conversion [%)] 38.6 27.4 77.9 90.8
CH, yield [%] 36.1 62.6 92.1 96.6
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Fig. 9. Axial temperature profile in a FBR with and without recycle.

As the reactor’s diameter decreases, the average gas velocity within
the reactor increases, and the mean residence time of the gas decreases
significantly, even at the same recycling ratio. When the residence time
becomes too short, the reaction cannot proceed to the desired extent,
leading to inadequate conversion of carbon oxides and potential reactor
shutdown.

The critical value of the recycling ratio is the threshold beyond which
the mean residence time becomes too short to facilitate the desired re-
action. This critical value tends to increase with larger tube diameters.
However, selecting a reactor with a diameter of 20 cm ensures that the
critical value falls outside the range of the typical operating recycling
ratios, thus safeguarding the reactor’s smooth functioning.

The reactor diameter was set to 20 cm, and the recycled flow rate was
adjusted to 117 kg h™, resulting in a molar-based recycle ratio of 1.9.
Note that a 15 cm diameter proves to be suitable for the subsequent
adiabatic reactors. As confirmed in Table 8, the recycling process has a
beneficial impact on reactor performance since the mean temperature of
the reaction is lower [12].

It should be noted that the indicators are calculated based on the
streams that enter and exit the recycling loop. With the recycling process
in place, the degree of carbon monoxide conversion increased signifi-
cantly from 29.7 % to 79.9 %. Conversely, carbon dioxide conversion
slightly decreased from 38.6 % to 27.4 %. However, the most notable
improvement was observed in the methane yield, which increased from
36.1 % to 62.6 %.

System S3 achieves nearly complete carbon monoxide conversion
and a considerable CO; conversion with a methane yield higher than 90
%. The total catalyst mass required to conduct the operation was
calculated to be 59.4 kg.

For the System S4, the total catalyst mass required was calculated to
be 41.9 kg, with a reduction of 40.5 % with respect to ystem S3 layout. It
should be highlighted that system S4 achieves a higher conversion of
CO5, thanks to the condensers.

3.4. Sensitivity analysis & system optimization

3.4.1. Effect of plant pressure

In Fig. 11 (refer to Table S4 for data), the histograms demonstrate the
impact of pressure on the catalyst mass required for the methanation
system. The analysis is conducted while keeping all other parameters
unchanged, except for the pressure. The data is presented for both the 5-
stage system (including the last reactor) and the equivalent 4-stage
system (excluding the last reactor). The comparison between the 5-
stage and 4-stage systems indicates that the performance improvement
achieved by adding the last reactor is relatively small, but it comes at the
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Fig. 11. Effect of plant pressure on catalyst mass required for operation.

cost of significantly higher catalyst mass consumption. This suggests
that while the 5-stage system may slightly improve overall performance,
it may not be the most economical option due to the additional catalyst
requirement in the last reactor.

A higher catalyst mass is necessary to reach equilibrium conditions
as plant pressure increases. This happens due to the higher flow velocity,
which reduces the mean residence time of the gas in the reactor, making
it necessary to use a longer catalyst bed to reach the equilibrium con-
ditions. The analysis indicates that the catalyst mass needed for the 5-
stage system increases significantly with higher operating pressures.

For example, at 2 bar, the catalyst mass is 41.8 kg, but it rises to 107.3 kg
at 8 bar. On the other hand, if the last reactor is excluded from the
system (i.e., considering a 4-stage system instead of a 5-stage system),
the catalyst mass at 2 bar is reduced to 22.8 kg, and at 8 bar, to 56.4 kg.
This proves that the last reactor in the 5-stage system contributes
significantly to the overall catalyst mass required for the process.

The provided figures, Fig. 12a, Fig. 12b, and Fig. 12c (refer to
Table S5 for data), demonstrate the influence of pressure on carbon
monoxide (CO) and carbon dioxide (CO5) conversion, as well as on
methane yield, in each reactor of the series. The figures show the results
for three different operating pressures: 2 bar, 5 bar, and 8 bar. From
Fig. 12a, it can be observed that increasing the pressure from 2 bar to 5
bar leads to a favorable effect on CO conversion. At 2 bar, the CO con-
version reaches 79.9 % in the RFBR, but at 5 bar, it significantly in-
creases to approximately 90.1 %. This demonstrates that higher pressure
enhances CO conversion, making it a beneficial factor to achieve higher
conversion levels in the reactors. Similarly, from the data in Fig. 12b, it
is clear that increasing the pressure from 2 bar to 5 bar also has a positive
effect on CO5 conversion. At 2 bar, the CO; conversion is around 27.4 %,
which rises to approximately 40.4 % at 5 bar.

Fig. 12c shows the methane yield in each reactor of the series at the
different pressures. The data shows that increasing the pressure from 2
bar to 5 bar results in a considerable increase in methane yield. At 2 bar,
the methane yield is approximately 62.6 %, and at 5 bar, it rises to
around 72.3 %. On the other hand, going from 5 bar to 8 bar seems to
have a minor effect on performance.

Based on the results obtained from the simulations, a pressure value
of 5 bar was selected for the final system. This pressure value was chosen
because it is the lowest pressure that limits solid carbon deposition (cfr.
Fig. S7 in the Supplementary Material), which is a critical factor to
ensure the efficient and stable operation of the methanation reactors.
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Fig. 12. Effect of plant pressure on CO conversion (a), CO, conversion (b) and CH, yield (c).
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While higher pressures might slightly improve the overall performance
of the system, they also come with increased capital costs and safety
considerations. For small-scale methanation facilities, such as those
addressed in this work, it is essential to find a balance between achieving
high conversion and yield while keeping costs reasonable. It is worth
noting that even using a 4-stage system with an operating pressure of 5
bar would result in good overall performance. The differences in con-
version and yield between the 4-stage and 5-stage systems are relatively
small, indicating that adding an additional reactor does not provide
significant gains in performance. For example, switching from a 5-stage
system to a 4-stage system with a fixed pressure of 5 bar would only
result in a decrease of 0.12 % in CO conversion, a decrease from 96.7 %
to 93.7 % in CO, conversion, and a 1.1 % drop in overall methane yield.

3.4.2. Effect of reactor inlet temperature

In the simulations conducted to investigate the effect of increasing
the inlet gas temperature from 330 °C to 350 °C, the plant pressure was
set to 5 bar, and the outlet temperature of the RFBR (Recycling Fixed-
Bed Reactor) was maintained at 550 °C, resulting in a fixed recycle ratio.

Fig. 13 (refer to Table S6 for data) demonstrate that raising the inlet
temperatures is indeed advantageous as it leads to lower catalyst ex-
penses. The increase in gas temperature entering the fixed bed reactor
enhances the reaction rate, resulting in a reduced overall catalyst mass
required for the system to reach the equilibrium conditions at the reactor
outlet.

In the 4-stage system, when the inlet gas temperature is increased to
350 °C, the overall catalyst bed length is reduced from 1.9 m to 0.95 m
and the catalyst mass is reduced from 34.5 kg to 17.6 kg. These sub-
stantial reductions in catalyst requirements offer both cost-saving ben-
efits and improved efficiency in catalyst replacement, as aged and
deactivated catalysts need to be replaced regularly.

Fig. 14a and Fig. 14b (refer to Table S7 for data) illustrate how
increasing the inlet temperature affects the reactor’s performance.
Interestingly, the reduction in both CO and CO, conversion is almost
negligible. For CO conversion, the decrease is less than 1 %, and for CO,
conversion, it ranges from 1 % to 3 %. This shows that the negative
impact of the increased inlet temperature on conversion efficiency is
minimal.

On the other hand, the cost savings associated with the corre-
sponding reduction in catalyst requirements significantly outweigh the
minor decrease in conversion. By setting the inlet temperatures of all
reactors to 350 °C, the overall catalyst expenses are reduced, leading to a
more cost-effective operation.
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Fig. 13. Effect of reactor inlet temperature on the total catalyst mass.
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3.4.3. Effect of the RFBR’s outlet temperature (i.e., recycle Ratio)

As previously mentioned, increasing the recycling ratio in
exothermic processes can indeed lower the reactor mean temperature,
which may have potential benefits in terms of performance. To inves-
tigate this further, simulations were conducted with the pressure set to 5
bar, reactor inlet temperatures set to 330 °C, and considering the pres-
ence of three condensers.

The outlet temperature of the first reactor was chosen as the indi-
cator to compare two scenarios. By adjusting the recycling ratio, the
outlet temperature of the first reactor can be controlled, which subse-
quently influences the mean temperature in the reactor system.

Fig. 15 (refer to Table S8 for data) shows the relationship between
the outlet reactor temperature (thus, the recycle ratio) and the catalyst
mass required in the system. When the outlet reactor temperature is
decreased (corresponding to an increase in the recycle ratio), it leads to a
decrease in the reaction rate due to feed gas dilution, resulting in a need
for a higher catalyst mass to achieve the desired conversion. For
instance, in a 4-stage system operating with an outlet temperature of
550 °C in the first reactor, it requires a total catalyst mass of 34.5 kg.
However, if the outlet temperature is reduced to 500 °C by increasing
the recycle ratio, the system would need a longer catalyst bed and a total
catalyst mass of 53.9 kg (+56.2 %).

As depicted in Fig. 16a and 16b (refer to Table S9 for data),
increasing the recycle ratio has a more pronounced impact on the per-
formance of the first reactor (RFBR). This leads to a notable improve-
ment in CO and CO; conversion rates in the RFBR. Specifically, when the
recycle ratio is increased, the overall reactor temperature decreases,
which favors exothermic reactions and improves the thermodynamic
conditions for CO and CO; conversion. As a result, the CO conversion
increases from 90.17 % to 96.35 %, and the CO, conversion increases
from 40.38 % to 51.22 % in the RFBR.

However, as the gas stream moves through next reactors in the series,
the impact of the higher recycle ratio becomes less significant on the
overall performance. This is because the benefits of enhanced thermo-
dynamic conditions are primarily concentrated in the first stages of the
process.

While it is advantageous to optimize the performance of the first
reactor, lowering the output temperature to 500 °C in the last reactor
may not be as beneficial. The overall methane concentration at the
fourth stage is still the same, and the advantages gained from further
reducing the output temperature become less significant. Moreover, the
associated increase in compression costs and catalyst mass may not
justify the marginal performance improvement obtained.

3.4.4. Effect of condenser location

Placing a water removal unit after each reactor would be more costly
compared to having a single condenser in an optimized location. To
determine the best location, different layouts for the condenser were
simulated, specifically after the second, third, and fourth reactors in the
flowsheet. Because it has no effect on reaction rate or equilibrium con-
ditions in any reactor, placing the condenser after the fourth reactor in a
four-stage system is equal to having no water removal at all.

Fig. 17 (refer to Table S10 for data) presents a bar chart showing the
catalyst mass required for a 5-stage system and for a 4-stage system.
Based on the results, the most cost-effective configuration is the one with
the water removal condenser placed after the third reactor. In this
configuration, the total catalyst mass required for the 4-stage system is
37.7 kg. If the water removal condenser is located after the second fixed-
bed reactor, the catalyst mass increases to 40.1 kg (+6.3 %). However, if
no water removal is performed in the system, the catalyst mass required
increases significantly to 56.8 kg (+50.6 %). These findings align with
those reported in the literature [12], further supporting the conclusion
that placing the water removal condenser after the third reactor is the
most cost-effective and efficient configuration.

Fig. 18 illustrates the effect of the condenser’s location on the global
CO conversion, CO, conversion and methane yield within the 4-stage
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3.5. Optimized system

120
H T,,=500°C (R=4.0) . . I . .
= T.,=550°C (R=1.9) Fig. 19 depicts the optimized Aspen Plus simulation flowsheet for the
out -
100 - methanation system based on the analysis performed. The optimized
system consists of four fixed-bed reactors, with an inlet temperature of
S 804 350 °C, operating at a pressure of 5 bar. The outlet temperature of the
= recycle fixed-bed reactor is set to 550 °C. A single condenser is
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Fig. 15. Effect of RFBR’s outlet temperature on the total catalyst g
mass required. % 40 1
o
system (refer to Table S11 for data). The results show that when the 5
condenser is placed after the third reactor, CO; conversion is still over
90 %. Furthermore, with the presence of the condenser, CO, conversion
increases from 84.2 % to 91.5 %. This significant improvement in COy g
conversion demonstrates the importance of effective water removal in Flash after 2nd FBR Flash after 3rd FBR _ Flash after 4th FER
enhancing the overall performance of the methanation process.
Fig. 17. Effect of condenser location on catalyst mass required.
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Fig. 16. Effect of RFBF’s outlet temperature on CO (a) and CO, (b) conversion.
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Fig. 18. Effect of condenser location on the overall CO and CO, conversion,
and methane yield. (4-stage system).

strategically placed after the third adiabatic stage for efficient water
removal. The condenser was operated at 30 °C and 5 bar, obtaining a
water removal efficiency of 97.5 %.

The simulation results highlight the significant role of the first
reactor with a recycle loop in the methanation system. It is responsible
for a substantial portion of the carbon monoxide conversion (90 %) and
a significant fraction of carbon dioxide conversion (about 40 %).

As the syngas passes through the next reactors, CO, conversion oc-
curs at a slower rate and requires more reaction steps to reach higher
levels of conversion. However, with the four-reactor system, the system
achieves a carbon monoxide conversion of 99.4 % and a carbon dioxide
conversion of 89.3 %, resulting in an overall methane yield of 95.9 %.
The total catalyst mass required for the operation was calculated to be
20 kg. Details about the conversion achieved in each reactor of the series
and about the design characteristics of each FBR are available in the
Supporting Material (Table S3, Fig. S8).

Fig. 20 presents a comprehensive representation of the final system
determined in this study. The chart illustrates the changes in methane
concentration as a function of temperature, providing a clear visuali-
zation of the steps leading from the low-quality syngas to synthetic

N
= &)

MIXER
(s) J
5 ) l//
EXTRAH2
O Temperature (C)
{ s Pressure (bar)
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natural gas (SNG). The dashed lines on the chart represent the equilib-
rium curves of methane content, calculated using the Aspen Plus soft-
ware through the Gibbs energy minimization method. Two equilibrium
curves are shown: one for the fed syngas and another for the gas mixture
that enters the final reactor. This distinction is essential because water
removal alters the equilibrium composition of the produced gas. The
chart also includes various lines to represent different components of the
system. Horizontal lines indicate coolers, which are responsible for
reducing the temperature of the gas stream. Oblique lines represent
adiabatic reactors, where the chemical reactions take place. The vertical
line represents the isothermal water removal process, which increases
the methane content without involving any chemical reactions. As a
consequence of the design procedure, thermodynamic equilibrium
conditions are met at the outlet of each reactor.

3.5.1. Calorific values

The calorific value is a crucial parameter in defining the quality of
the syngas, as it indicates the energy content and potential combustion
properties of the gas for energy applications. The syngas produced with
the optimized system of Fig. 19 has the following molar composition:
64.35 % N3, 4.39 % Hy, 3.74 % H20, 26.4 % CHy, 1 % CO2, 0.12 % CO. In
the context of the optimized flowsheet depicted in Fig. 19, the calorific
values were calculated for each reactor outlet stream using the Aspen
Plus analysis tool. The calculations were performed at standard tem-
perature and pressure (STP, O °C and 1 atm) conditions to facilitate
comparisons. The benefit of converting the syngas to synthetic natural
gas (SNG) is clarified by the examination of Fig. 21, which shows the
calorific values on a volume basis (refer to Table S12 for data). The final
SNG obtained in the optimized system exhibits a calorific value of 8.6
MJ/Nm?, which is substantially higher than the calorific value of the
raw syngas before hydrogen addition (3.16 MJ/Nm?®) but lower than the
equilibrium value reported in Table 6. Specifically, the hydrogen addi-
tion -from surplus renewable energy sources and thus free of charge -
results in a remarkable 78 % increase in the calorific value compared to
the raw syngas. The first reactor leads to a 130 % increase, followed by
148 % for the second reactor, 160 % for the third reactor, and a 173 %
increase in the calorific value at the last reactor. Higher heating values
may be obtained if a low Nj-content syngas from biomass gasification is
used as the raw feedstock of the process.

(350
(s

RECYCLE

OUTCOND2

Fig. 19. Aspen Plus flowsheet for the final system.
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3.5.2. Carbon deposition

As stated in the kinetic model description (cf. Section 2.2 Kinetic
model), the rate of the solid carbon production was not modelled in this
study. Attempts of finding an appropriate and valid kinetic expression
for carbon deposition go back to 1980s [29] and 1990s [30]. In the
present study, a simple thermodynamic analysis was adopted to deter-
mine the operating conditions that would prevent or minimize carbon

deposition in the methanation system being investigated. It was useful to
check if carbon deposition is avoided in the system of Fig. 19. For this
purpose, the incoming gas to each reactor was fed into an RGIBBS block
within Aspen Plus, allowing the determination of the equilibrium
product distribution and the computation of the carbon yield. The
resulting carbon yield curve for the reactors is presented in Fig. 22. The
black curve refers to reactors 1, 2, and 3, while the blue curve corre-
sponds to the last reactor. The distinction between these curves is
necessary due to the water removal stage following the third fixed-bed
reactor, which alters the equilibrium composition. It is observed that
the first three reactors are characterized by a bell-shaped carbon yield
curve, indicating that carbon deposition is limited within a specific
temperature range. In contrast, the last reactor shows a monotonic and
increasing trend in carbon yield. This behavior is attributed to the lower
water content in the last reactor, which enables higher carbon
deposition.

According to the findings, the first three reactors effectively prevent
any carbon deposition as the carbon yield is zero throughout the oper-
ating temperature range of 350-550 °C, indicating that the conditions in
these reactors do not favor solid carbon formation. However, the anal-
ysis also reveals that the last reactor, which operates between 350 and
420 °C, can reach a carbon yield of 12 %. This means that some carbon
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Fig. 22. Solid carbon deposition: a thermodynamic assessment in the optimized system.
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deposition is possible in this reactor, and caution should be exercised to
prevent excessive carbon formation, which could lead to catalyst deac-
tivation and reduced reactor performance. As reported in the open
literature, steam addition to the syngas is a common strategy to limit
carbon deposition, therefore water removal seems to favour solid carbon
formation [27,31].

The identification of potential improvement strategies to minimize
carbon production and preserve catalyst life is crucial for the successful
and efficient operation of the methanation system. The use of promoters
in the nickel catalyst is one approach that can enhance the catalytic
activity and selectivity, leading to improved carbon conversion and
reduced carbon deposition. Partial steam removal can be another
effective strategy to limit carbon deposition when operating with stoi-
chiometric hydrogen content [27,31].

While the carbon deposition observed in the fourth reactor appears
to be limited and may not have a substantial impact on reactor perfor-
mance in the context of this study, it is essential to exercise caution and
consider additional precautions during the real design phase. A more
detailed and comprehensive analysis of carbon deposition, including
kinetic modeling and pilot-scale experiments, is necessary to fully un-
derstand the behavior of the system and ensure its best performance in
practical applications.

4. Conclusions

The present research aims to investigate the theoretical feasibility of
the methanation process to upgrade a low-quality syngas coming from
small-scale air gasification of biomass, to date poorly investigated in the
pertinent literature. The performed thermodynamic analysis allowed to
understand the effect of temperature, pressure, and hydrogen concen-
tration on the performance of the methanation process in nitrogen-
diluted conditions. Results showed that, as expected, the process re-
quires at least stoichiometric hydrogen for complete methanation of
both CO and CO,. Additionally, although low temperatures
(300-550 °C) and high pressures are favourable to the methanation
process — leading to high methane yield and negligible solid carbon
deposition, pressure values above 8 bar do not significantly improve the
process performance.

The kinetic investigation included the design and simulation of
different methanation system configurations. The parameter-by-
parameter sensitivity study demonstrated that higher plant pressure
and higher inlet temperature at each fixed bed reactor increase the
global conversion of both CO and CO;. On the other hand, increasing the
recycle ratio at the first reactor is not convenient as it does not modify
the final composition of the SNG produced. The presence of a condenser
after the third adiabatic stage proved to increase the overall CO,
methanation as reported in previous literature investigations.

In conclusion, the upgrading of nitrogen-diluted syngas via catalytic
methanation at small scale poses some major challenges. Results show
that the produced SNG is not suitable for direct grid injection but can be
used for small-scale applications and to store surplus renewable energy
into a manageable and safe energy carrier.
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