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o Different carbon capture and electrol-
ysis technologies are considered.

e Detailed modelling of all sections of the
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e KPIs are presented to investigate the
energy and environmental performance.

e A comparative assessment of the
different power-to-gas configurations is
provided.
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ABSTRACT

Power-to-gas (PtG) and carbon capture and utilisation are expected to play a key role in promoting a sustainable
energy transition. In this work, a detailed energy analysis of a complete PtG system integrated with a real waste
incinerator is performed. A fraction of the renewable electricity and heat produced by the waste incinerator is
used in the PtG system to produce hydrogen, which is further converted into SNG by methanation with COy
recovered from the plant flue gases. A PtG plant able to produce up to 500 m®/h of SNG is considered. A total of
six different plant configurations are analysed, obtained by the combination of different electrolysis and post-
combustion carbon capture technologies. Specifically, alkaline and PEM electrolysers are considered for the
production of hydrogen, while absorption with monoethanolamine solution, absorption with monoethanolamine
and ionic liquid solution, and temperature swing adsorption with solid sorbent are selected for carbon capture.
The main sections of the PtG system are modelled and the performance of the overall system is evaluated by
computing key performance indicators, such as the global energy efficiency and the Specific Plant Energy
Consumption for CO, Avoided (SPECCA). Special attention is also paid to the thermal integration between the
methanation unit and the carbon capture unit. The heat produced during the methanation process is sufficient to
cover the entire heat demand of the CO; capture unit in almost all configurations investigated. In particular,
thermal integration increases the global energy efficiency by 5-9% and reduces the SPECCA indicator by 5-8%.
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Considering the thermally integrated configurations, the global energy efficiency is estimated to be between
44.6% and 46.7%, while the SPECCA value ranges from 40.5 MJ/kg to 42.4 MJ/kg. Finally, some technical
considerations are given, including the quality of SNG produced and the degradation phenomena in the

considered technologies.

Nomenclature

Acronyms and Abbreviations
ALK Alkaline

BoP Balance of Plant
[bpyl[BF4] 1-Butylpyridinium tetrafluoroborate
cC Carbon Capture

CCU Carbon Capture and Utilization

Conf. System configuration

Const. Constant

Eff. Efficiency

EL Electrolyser

GHG Greenhouse Gas

IL Ionic Liquid

LHHW  Langmuir-Hinshelwood-Hougen-Watson

LHV Lower Heating Value

MEA Monoethanolamine

NTP Normal Temperature and Pressure
PCC Post-combustion Carbon Capture
PEI Polyethylenimine

PEM Polymer Electrolyte Membrane

PMMA  Polymethylmethacrylate
PtG Power-to-Gas

PtX Power-to-X

RCC Ratio of CO5 Captured
RES Renewable Energy Sources

SNG Synthetic Natural Gas
SPECCA Specific Plant Energy Consumption for CO, Avoided

STP Standard Temperature and Pressure
TSA Temperature Swing Adsorption
WI Waste Incinerator

1. Introduction

Carbon dioxide is one of the major greenhouse gases (GHG)
responsible for global warming. CO, released from combustion and
manufacturing processes contributed to about 78% of the increase in
GHG emissions between 1970 and 2010 [1]. Immediate action at the
global level through coordinated and cooperative responses is needed to
significantly reduce GHG emissions and mitigate the risks related to
climate change. Under the framework of the Paris Agreement, in force
since 2020, governments have committed to keeping global tempera-
tures well below 2 °C above the pre-industrial average level. European
Union has launched the Green Deal as a response to the challenge of UN
2030 Agenda for Sustainable Development for a green transition. The
Green Deal is based on several pillars, of which “clean energy” and
“sustainable industry” are the main actions required by the
manufacturing and production sectors of economy. The ultimate
objective of this strategy is the carbon neutrality by 2050, where a key
role will be played by the use of renewable energy sources (RES) and the
decarbonisation and modernization of energy-intensive industries
through carbon capture, utilization and storage technologies.

Renewable energy sources will most likely make up the majority of
the future energy mix to reduce GHG emissions and counteract the
ongoing depletion of fossil fuels. However, well-known issues, related to
electric grid management and energy storage, must be resolved for RES
to be deployed on a large scale. Power-to-gas (PtG) is expected to be
necessary in future renewable energy systems [2], as it provides the
flexibility needed with increasing production of intermittent renewable
power [3]. Sector coupling through PtG is fundamental for the trans-
formation of the European energy system, contributing to the transition
to a low-carbon economy [4,5]. As a general definition, PtG refers to the
storage of the excess renewable energy in the form of chemical potential
of gaseous substances. In particular, the conversion of RES to hydrogen
and then to synthetic natural gas (SNG) is one of the most common PtG
pathways, which allows the storage and transport of renewable energy
via the exiting gas infrastructure [6].

Hydrogen, which can be produced by water electrolysis using
renewable energy, represents a promising storage solution (besides
being a green feedstock for industry) due to its long-term storage

capability and high energy density [7]. Alkaline (ALK) electrolysis is
currently the most cost-effective electrolysis technology; however, in the
near future, polymer electrolyte membrane (PEM)-based solutions may
be more suitable for the PtG route [8]. To complete the PtG pathway
[8-10], hydrogen should be further converted to synthetic natural gas
by reacting with an on-site carbon feedstock. For instance, COy from
fossil-fired plants could be used in linear carbon capture and utilization
(CCU) systems, while circular CCU schemes exploit CO, from renewable
sources (e.g., biofuel combustion, direct air capture), resulting in
reduced GHG emissions and fossil fuel consumption [11].

Carbon capture can be achieved by absorption, adsorption and
membrane separation processes [12,13]. Absorption technologies
employ water, ethanolamine, ammonia or ionic liquids as absorbents
[14]. Currently, there are several industrial processes based on CO5
absorption, such as the Kerr-McGee/AGG Lummus Crest (KMALC) pro-
cess, the Fluor’s Econamine FG Plus™™ (Fluor EFG +) process, the Kansai
Mitsubishi Carbon Dioxide Recovery (KM CDR) process, aqueous or
chilled ammonia processes, and dual or strong alkali absorption pro-
cesses [14]. Concerning monoethanolamine (MEA) and ionic liquid (IL)
aqueous solutions, the specific thermal energy consumption required for
regeneration ranges from 3.7 MJ/kgco2) to 4.8 MJ/kgco2), and high
CO, purities, recoveries and productivities can be attained [15].
Adsorption technologies, on the other hand, are at demonstration scale
and exploit the affinity of solid sorbents (e.g., zeolites, active carbon or
functionalised porous materials) with the CO,. Temperature swing
adsorption, pressure swing adsorption, vacuum swing adsorption or
combined processes can achieve high CO5 purities and recoveries by
reducing the specific thermal energy requirements from 3.3 MJ/kgcoz)
to 4.3 MJ/kg(coz) [16]. Finally, the membrane separation processes are
in a demonstration stage of development, and the major disadvantage is
the high electrical power consumption for compressing the gases, which
can be as high as 1.2 MJ/kgcoz) [17].

SNG is obtained from hydrogen and carbon dioxide through the
methanation process, which is based on the Sabatier reaction [8,18-25].
This process has been widely studied in the literature and the most
active, selective and stable catalyst is Ni/y-AloO3, which is commercially
available [18,26-28]. Methanation is strongly exothermic and occurs at
medium-high temperatures (250 °C to 600 °C). Thermal management is
therefore a crucial aspect of the methanation section [20,23,24].
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In this work, a comprehensive model of a complete PtG system
downstream of a real waste incinerator (WI) is presented. This kind of
integration allows for: (i) reuse of the waste CO, produced during the
combustion processes; (ii) decentralised production of green SNG using
biogenic CO5 and renewable electricity generated in the WI; (iii) an
easier coupling with a PtG system due to lower fluctuations in electricity
production; (iv) production of valuable product (SNG) that can be sold
in different markets (natural gas grid, transport sector, etc.).

In this analysis, the possibility of thermal integration through the PtG
plant sections is also evaluated (i.e., between carbon capture and
methanation units) to improve the plant efficiency and reduce the
dependence on external heat sources. Detailed modelling of all the PtG
sections was performed to accurately estimate the performance of the
overall system. Three different technologies for CO5 capture, i.e., ab-
sorption with both MEA and IL-MEA aqueous solutions and adsorption
on solid sorbents, were investigated. In addition, both PEM and alkaline
electrolysers were considered for hydrogen production. The technical
feasibility of the system was demonstrated with a one-year energy
simulation using the real operating data of a waste incinerator (net
power production, operating hours, flue gas flow rate and composition).
Different technologies and layout options were comparatively analysed
to provide a complete picture of the technical viability of the main PtG
system configurations.

Although PtG systems and CO, methanation have been extensively
studied in the past, there is still a lack of studies that perform a thorough
process modelling of the overall PtG plant and compare different tech-
nological solutions. Table 1 shows the most recent works available in the
literature in which a process analysis is carried out at the plant level.
Most authors have not included the carbon capture unit in their model;
furthermore, one or more sections of the PtG plant are often modelled
with a simple black-box approach where fixed efficiency values are
considered. Giglio et al. [20,23,29], Salomone et al. [24] and more
recently Haider et al. [30] studied the integration between hydrogen
production from SOEC and methanation with adiabatic and cooled re-
actors; however, they did not include the carbon capture section in their
study. Gorre et al. [5,31], similarly, performed some techno-economic
analyses, considering only the electrolyser and the methanation units
and assuming fixed values for the efficiencies of both sections. Morosanu
et al. [25] and Chauvy et al. [32,33], analysed the system performance
considering all the plant sections; but, not all were modelled in detail. To
the best of our knowledge, the present work represents thus the most
comprehensive and thorough process study currently available on the

Table 1
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topic. Furthermore, no previous work has been found that addresses the
integration of a PtG system into a real waste incinerator plant.

2. Description and modelling of the PtG sections

Fig. 1 shows a block diagram of the PtG system that includes three
main sections: (i) the carbon capture unit, (ii) the electrolyser and (iii)
the methanation unit.

The CO; produced in the WI is first removed from the flue gas in a
post-combustion carbon capture (PCC) unit. Two different post-
combustion carbon capture technologies were considered: an absorp-
tion system based on liquid sorbents, and an adsorption system based on
solid sorbents. The captured CO; is then converted into synthetic
methane by reaction with hydrogen in the methanation unit, which
consists of refrigerated tube-bundle fixed bed catalytic reactors. The
hydrogen needed for the methanation reaction is obtained from water
through alkaline or PEM electrolysis. The electricity consumed by the
PtG process is supplied directly by the waste incinerator power plant.
Hydrogen and CO; buffers allow continuous operation in case of
maintenance/failures or electricity supply shortage from the WI. The
synthetic natural gas is finally treated in the purification unit to remove
unconverted hydrogen and water moisture, thus achieving natural gas
grid specifications [34].

The PtG system performance was estimated by considering an SNG
productivity of 500 m?NTp)/h as nominal size, which is within the range
of availability of electrical energy generated by the combustion of the
biomass fraction of the waste. This sizing therefore avoids possible in-
direct CO; emissions due to the consumption of non-renewable electrical
energy. Fig. 2 summarises all PtG configurations (Conf.) considered in
this work.

2.1. Waste incinerator system

The WI considered here is located in Italy and produces electricity
and heat. The high-pressure steam (60 bar and 420 °C) obtained from
the flue gas cooling is fed to a steam turbine. Steam at 16 bar and 120 °C
is spilled from the turbine and is used in the local district heating
network. The cooled flue gases pass through several stages of emission
abatement before being released to the atmosphere: electrostatic pre-
cipitation of particulate, neutralisation of acid gases, dioxins, furans and
heavy metals, dust removal by bag filters and selective catalytic reduc-
tion of NOx. The cleaned flue gases are then continuously analysed

Model details of previous plant level assessment works regarding SNG production from captured CO; and electrolysis.

Reference CO,, source Carbon Capture Technology (Model) Electrolyser Technology (Model) Methanation Technology (Model)

Giglio et al. 2015a [23] Not specified - SOEC Adiabatic reactors
(electrochemical) (equilibrium)

Giglio et al. 2015b [29] Not specified — SOEC Adiabatic reactors
(electrochemical) (equilibrium)

Giglio et al. 2018 [20] Not specified - SOEC Cooled reactors
(electrochemical) (kinetic)

Morosanu et al. 2018 [25] Air Adsorption ALK Adiabatic and Cooled reactors

(const. eff.)
Gorre et al. 2019 [31] Not specified -

Salomone et al. 2019 [24] Not specified -

Chauvy et al. 2020 [32] Cement Absorption
(kinetic)

Gorre et al. 2020 [5] Not specified -

Chauvy et al. 2021 [33] Cement Absorption
(kinetic)

Haider et al. 2022 [30] Not specified -

Present work Waste Incinerator Absorption and Adsorption

(kinetic)

(const. eff.)
Not specified
(const. eff.)

(experimental eff.)
Not specified
(const. eff.)

SOEC Cooled reactors
(const. eff.) (const. eff.)

PEM Adiabatic reactors
(const. eff.) (kinetic)

ALK Cooled reactors
(const. eff.) (const. eff.)

PEM Adiabatic reactors
(const. eff.) (kinetic)

SOEC Adiabatic reactors
(const. eff.) (kinetic)

ALK and PEM Cooled reactors
(electrochemical) (kinetic)
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Fig. 2. Overview of PtG system configurations analysed in this work.
before their release at the chimney to guarantee compliance with 2.2. Carbon capture system
emission limits. The average macro-composition of the flue gases is re-
ported in Table 2. A typical annual composition dataset was considered Different technologies are available for the capture of CO2 from
in the mass and energy balance calculations of this analysis. The pres- exhaust gases, such as absorption, adsorption, and membrane separation
ence of pollutants and contaminants (i.e., CO, NHs, NOy, SOy, etc.) was systems. In this work, as shown in Fig. 2, we considered the integration
neglected. The annual plant operating time was assumed to be 7879 h/y, of three different carbon capture techniques:
to account for programmed or temporary stops for maintenance. Case 1.

Table 2

Average operating data and flue gas characteristics of the waste incinerator.
Parameter Value Unit Parameter Value Unit
Operative time 7879 h/y Flue gas composition
CO;, emissions 190 + 73 kt/y CO, 9.7 £3.1 vol.%
Flue gas temperature 118 + 26 °C 0O, 10.1 +£3.3 vol.%
Flue gas pressure 0.978 + 0.001 bar H,0 17.1 £ 4.9 vol.%
Biomass-derived (renewable) energy (electricity and heat) 51.0 % N2 63.1 + 6.6 vol.%
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a. Absorption process using a liquid solvent based on an aqueous so-
lution with 30 wt% monoethanolamine (MEA), here called solvent A.
This technology has been extensively studied in the past and can be
considered the reference system for PCC [35].

b. Absorption process using a liquid solvent based on an aqueous so-
lution with 30 wt% MEA and 30 wt% IL, consisting of 1-Butylpyridi-
nium tetrafluoroborate ([bpy][BF4]), to increase the system
performances, solvent B [36].

Case 2.

Temperature swing adsorption (TSA) process using a solid adsorbent
based on functionalised porous support (i.e., PEI/SiO5).

The extracted CO- is then compressed to 15 bar and sent to the
methanation unit. Furthermore, a CO; storage tank (in liquid form, 80
bar) guarantees the proper operation of the SNG production system in
case of any short interruptions of the WI. The isentropic and electro-
mechanical efficiencies of the CO, compressors were set at 0.75 and
0.95, respectively [23].

2.2.1. Absorption carbon capture unit

Absorption systems are the most mature PPC technologies and the
only ones that have reached the stage of commercialisation. They are
based on liquid solvents circulating between an absorption and a
desorption column. In this regard, aqueous MEA solutions are the most
commonly employed solvents, characterised by low costs but relatively
high regeneration energy and low CO3 absorption capacity. For these
reasons, other more performing solvents have also been proposed in the
literature. Among these, ionic liquids are those with the most promising
properties for CO2 absorption, such as: (i) very low volatility; (ii) high
thermal stability; (iii) high CO2 absorption capacity and (iv) low heat
capacity. Due to these characteristics, the use of an absorption carbon
capture system employing an IL-based solvent can reduce the system
regeneration heat duty and the solvent losses in the treated flue gas
[36-38].

As schematised in Fig. 3, CO, removal occurs in a packed absorption
column where the flue gases flow upward, in counter-current with the
solvent coming from the top. The COs-poor gas leaves the upper part of
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117.6 °C and 0.978 bar and directly sent to the absorber column. Usu-
ally, the flue gases are first sent to a cooling section as low temperatures
are recommended to improve CO; absorption. Using flue gases at a high
temperature, however, limits the corrosion phenomena in the absorber
and the needs to install an additional component. This solution, there-
fore, aims to reduce plant costs and the invasiveness of retrofit measures.

The described process of carbon capture was modelled using Aspen
Plus process simulator software. The physical and chemical properties of
[bpyl[BF4] were taken from recently published studies [36,37,39] and
used as input to the model. Non-Random-Two-Liquid model for liquid
with Redlich-Kwong equation of state for vapour were adopted to
evaluate the thermodynamic properties of the mass streams.

The reactions describing the chemical interaction between CO5 and
the liquid sorbent are listed in Table 3. It should be noted that [bpy]
[BF4] does not chemically react with the CO,, therefore the reactions
considered are the same for both the absorption systems considered.

The coefficients for the equilibrium constants of reactions R1-R3
(Table 3) were determined according to Eq. (1). Kinetic rates were
used instead for the reactions R4-R7 (Table 3); they were estimated
through Eq. (2), employing the coefficients proposed by Canepa et al
[40]. The coefficients used to estimate the equilibrium constants and
kinetic rates are reported in Table 4.

B
in(K.g) = A+ 2+ CIn(T) + DT €3]

E N
r= kT~exp< - ﬁ> IIc )

The absorption and desorption packed columns (packing: Flexipac
metal 250Y) were sized in order not to exceed the flooding limit of 80%
when ensuring a capture efficiency of 75%, considering the flue gas
composition given in Table 2. Typical values for the absorption effi-
ciency range from 75% to 95% [15,41]. Considering the amount of CO»
needed for the upstream methanation process and the fact that deep
decarbonisation of the process is not the goal of this work, a CO, capture

Table 3
Reactions considered in the absorption system.

the absorber, while the CO,-rich solvent leaves the column from the No. Chemical reaction equation
bottom. The solvent is then pumped and heated up and sent to the R1 2H,0 < Hs0" + OH-
stripper, where nearly pure COy (99.6% w/w) is separated from the R2 HCO; + Hy0 < Hs0" + CO2
liquid and exits the column head. The regenerated sorbent is cooled and R3 MEAH™ + H,0 < MEA + H30"
recirculated back to the absorber after being mixed with fresh solvent R4 €O, + OH™—~HCO3
and water to balance the leakage for entrainment and evaporation in the RS HCO; ~C0, + OH _
. R6 MEA + CO, + H,0 -MEACOO™ + H30*
stripper and absorber. R7 MEACOO™ + H30" -MEA + CO, + H,0
The flue gases are extracted upstream of the incinerator chimney at
€O, lean flue gas Solvent and Condegfher €O, tank

water makeup

7

Lean solvent
cooler
) /J\

3

)

Inter-cooler 1
&l | @
Qin

Flue gas
Rich solvent
Absorberk"/ Pel heater
O—O—D

Rich solvent 4 D
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Fig. 3. Simplified process scheme

of the absorption carbon capture unit.
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Table 4
Coefficients for equilibrium constants and kinetic rates of reactions R1-R7 [40].
Reaction A B C D
R1 132.889 —13455.9 -22.4773 0
R2 216.049 —12431.7 —35.4819 0
R3 —3.03832 —7008.357 0 —3.1348 - 107
Reaction k E (kJ/mol)
R4 43210 55.434
R5 2.38 - 107 123.223
R6 9.77 - 10%° 41.237
R7 2.18 -10'8 59.157

efficiency of 75% was chosen for this unit. A height-to-diameter ratio of
10 for the absorption column and 8 for the desorption column was
assumed [15,42-44]. Furthermore, an intercooled adsorption column
was considered to reduce the solvent flow rate and regulate the liquid
temperature [45].

The main operating parameters assumed in the modelling of the
carbon capture system section are summarised in Table 5. The COy
loading of the lean solvent and the condenser pressure of the stripper
were determined by sensitivity analyses to minimise the system heat
duty and power consumption (the latter is mainly due to CO;
compression).

2.2.2. Adsorption carbon capture unit

The second post-combustion carbon capture technology analysed in
this work consists of a TSA process based on solid sorbents, which is a
promising technique with potentially lower heat demand for sorbent
regeneration [16,46-48]. These systems can employ fixed-bed or flui-
dised bed adsorption columns [16,47]. The main disadvantages of the
adsorption processes are the low adsorption capacity, the slowness of
the process and the low purity of the produced CO4 stream [49]. Fixed-
bed adsorption columns are simple units and there are no liquids that
could form corrosive mixtures. Fluidised beds, on the other hand, are
integrated in continuous systems designed to cope with thermal issues
and optimise the performance of the process; the particle abrasion and
the complexity of the separation unit could be some drawbacks [46].

Besides TSA, other adsorption carbon capture technologies have
been proposed in the past, such as: vacuum/pressure swing adsorption
(V/PSA) and concentration swing adsorption (CSA). CSA is not a suit-
able technology because CO, is diluted when a sweep gas is used,
reducing the purity of the produced CO5 stream. V/PSA requires a
compressor or a vacuum pump, which increases electricity consumption
and leaves the heat generated during methanation unused. Therefore,
according to the literature [16,46-48], TSA seems to be the best option

Applied Energy 343 (2023) 121200

among adsorption carbon capture technologies.

The most common solid adsorbents are active carbon, zeolites or
functionalised porous supports (e.g., PEI/SiOy, PE[/PMMA, PEl/zeolite)
[16,46-48]. Zeolites adsorb both CO3 and Ng; therefore, the produced
CO4, stream contains an inert gas that is difficult to separate [16]. On the
other hand, the functionalised supports are characterised by a higher
CO, adsorption capacity [47] and the adsorbent CO; capture efficiency
could achieve 90%. Furthermore, the specific COy productivity of
functionalised supports is ~ 70 kg/t (against ~ 30 kg/t for zeolites), and
a very high CO, purity of ~ 100% can be achieved if the water vapor
contained in the desorbed mixture is condensed after desorption [47].

As shown in Fig. 4, the adsorption CO; capture unit modelled in this
work consists of the following steps:

. Flue gases from the waste incinerator are cooled from 117.6 °C to 35
°C to condense the water vapour and regulate the temperature of the
adsorption column.

. Carbon capture takes place in parallelised fixed bed columns by
using PEI/SiOa.

. The solid sorbent is regenerated by TSA, recirculating and preheating
the COq-rich stream. This gas stream can be heated up to 200 °C by
using the heat recovered in the methanation unit (saturated steam,
temperature above 250 °C).

. The desorbed CO»-rich gases are refrigerated and compressed to 15
bar (operating pressure of the methanation unit) using a multi-stage
inter-refrigerated compressor.

The specific adsorbed quantities (g;, mol/kg) of CO, and HyO are
described by using Eq. (3) and Eq. (4), respectively [16], where K; is the
adsorption constant calculated according to Eq. (5) and gmax,co, (mol/
kg) is the maximum loading of CO2. Looking at Eq. (5), By; is the pre-
exponential factor, Ah; (J/mol) is the adsorption enthalpy, R (8.314 J/
(mol-K)) is the ideal gas constant and T (K) is the temperature. The
parameters to estimate the adsorption of CO3 and HyO on PEI/SiO, are
listed in Table 6.

Kco, pco,

=T max,CO» 3

qco, 1+ Keo, -peo, Gmax,C0, 3

91,0 = Kn,0'Pry0 4
—Ah; .

K; = By;-exp (W) i=C0,,H,0 5)

The minimum flue gas flow rate for saturating a column (i admin,
mol/s) with COy was estimated using Eq. (6), while the minimum flue
gas flow rate for cooling the column was estimated using Eq. (7),

Table 5

Specifics of the absorption carbon capture unit for an SNG production of 500 mgyrp/h.
Parameter Solvent A Solvent B Unit
Inlet flue gas flow rate 7.8 10° 7.8 10° mirpy/h
Liquid solvent composition 30% 30%/30% MEA/[bpy][BF4] wt.%

MEA

Absorber CO, capture efficiency 75 75 %
Absorber height 15 15 m
Absorber height-to-diameter ratio [15] 10 10 -
Stripper height 5.6 4 m
Stripper height-to-diameter ratio [15] 8 8 -
Columns’ pressure drop 1 1 kPa
Lean solvent loading 21 14 %
Absorber stages number 20 20 n° stages
Stripper stages number 22 22 n° stages
Stripper top pressure 2 3.5 bar
Stripper reboiler temperature 122 142 °C
Stripper solvent recirculation ratio [15] 10.7 10.7 %
Ratio of sorbent sent to the absorber intercooler [15] 27.5 27.5 %
Recirculation pump efficiency 51 51 %
Minimum temperature difference in the recovery heat exchanger 15 15 °C
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Fig. 4. Simplified process scheme of the adsorption carbon capture unit.

Table 6

Parameters of the adsorption of CO5 and H,O on PEI/SiO, [16].
Parameter CO, H,0
Adsorption enthalpy (Ah;) 91 kJ/mol 60 kJ/mol
Pre-exponential factor (Bo;) 1.25 - 102 1/bar 1.61 - 10*® mol/(kg-bar)
Maximum loading (qmax.;) 2.2 mol/kg -

obtained from the column mass and energy balance.

. ms'(quzad - qCOa,reg)
in.ad,min ycoz,,-,, o

, my- [, (Treg — Taa) + A

Rinth,min =

((I[,ad - queg) } .
_ i =COy, H,0 (7)
Cp* (Trcg - ad) lad ' a

where my (kg) is the mass of the adsorbent in the column, g;4q and i e,
(mol/kg) are the specific adsorbed quantities at adsorption and regen-
eration conditions, respectively, yco, i is the inlet CO molar fraction, tyq
(s) is the duration of the adsorption, ¢ps (J/(kg-K)) is the specific heat
capacity of the adsorbent, ¢, (J/(mol-K)) is the average specific molar
heat capacity of the gas, Ty, and Ty (K) are the regeneration and
adsorption temperatures, respectively. The inlet flow rate was assumed

H, tank

Qih Electrolyser
system
H,0 tank Pei Hz to
2 Pei methanation
H,0 [ ] N
H,0 Pump 0;

Qin

Fig. 5. Simplified process scheme of the electrolysis unit.

equal to the higher value between ny, og min and My, g.min to assure both
processes.

Moreover, the minimum gas flow rate for the regeneration, i.e.,
Treg ihmin (MoOl/s), was computed by performing an energy balance ac-
cording to Eq. (8), where t., (s) is the regeneration time.

Nreg, thmin =

7'(Treg - Tad)‘treg

Table 7
Specifics of the adsorption carbon capture unit for an SNG production of 500
miyrey/h.

Parameter Value Unit

Inlet flue gas flow rate 10.3 kmyrpy/h
Adsorber carbon capture efficiency 56.8 %
Regeneration gas flow rate 15.32 t/h
Number of columns 6 n° columns
Adsorption temperature 40 °C
Regeneration temperature 200 °C
Adsorption time 0.5 h
Regeneration time 0.5 h

Column diameter 1.65 m
Column height 1.53 m

Total mass of adsorbent 6.89 t

M+ /C\P.s'(Treg - Tnd) + Zl<<Ah1 + Ep,i’(Treg - Tad) ) '(qi.ud - qi.reg) ) :|
EI

i i=C0.,H,0 (®

The scale up of the adsorption columns for achieving the required
productivity of CO, was made considering geometric and fluid-
dynamics similarities. Specifically, it was assumed a superficial veloc-
ity of 0.42 m/s [47], a useful fraction of the bed length of 71.4% [47]
(corresponding to a breakthrough of 90% of the inlet CO, concentration)
and an excess of the inlet flow rate of 10%.

The specifics of the adsorption unit are summarised in Table 7. The
adsorption of COy was conducted at 40 °C and the regeneration of the
adsorption bed was carried out at 200 °C, achieving a CO; recovery of
97% and a final CO; purity of 98%. The duration of the adsorption and
regeneration processes was assumed to be 0.5 h. The adsorption columns
were parallelised (six columns) to reduce their diameter and increase the
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flexibility of the system.

2.3. Hydrogen production unit

As schematised in Fig. 5, the electrolysis section is composed of the
following components:

. Electrolyser system (stacks + BoP)

. Water storage tank

. Pump for water supply

. Infrastructure for hydrogen compression and storage, i.e., hydrogen
compressor, air cooler and hydrogen storage.

HwWN -

Two different low-temperature electrolysis technologies were
considered in the analysis: alkaline and PEM. ALK electrolysis represents
a mature solution, widely used for large scale industrial applications.
ALK systems are also characterised by higher durability (i.e., longer
stack life) and lower capital costs compared to the PEM alternative [50].
On the other hand, PEM electrolysis offers higher flexibility, in terms of
load range and response time, compared to ALK [51]. PEM electrolysers
can also be operated at a much higher current density, which results in
greater stack compactness and potentially greater cost reduction. As an
example, in Ref. [51] the electrolyser surface area is reported to be about
0.10 m*/kW and 0.05 m?/kW for the alkaline and PEM devices,
respectively.

The operating voltage of the electrolysis cell was modelled by the
reversible voltage increased by the irreversible losses, including acti-
vation, ohmic and diffusion contributions:

Vet = Ve ey + Mo + Neome )

where V., (V) represents the reversible thermodynamic potential,
whereas 74, o, and 1., (V) are the activation, ohmic and concen-
tration overpotentials, respectively. Then, the stack voltage can be
computed by summing the voltage of all the series-connected cells that
make up the stack.

Experimental polarisation curves from the literature were used to
calibrate the electrolyser model and calculate the value of the various
fitting parameters. A detailed description of the electrochemical models
of both the PEM and ALK systems can be found in the work by Marocco
et al. [52]. Experimental data from Henao et al. [53] were used to
validate the alkaline electrolyser model. Data from Han et al. [54] were
instead considered for the PEM technology.

Faraday’s law was employed to determine the amount of hydrogen
produced by a single cell, and thus by the stack, under certain operating
conditions:

. 1
Aty cell =Tp'y (10)

where 1ig, .y (mol/s) is the hydrogen molar flow rate produced by the
single cell,  is the Faraday efficiency, I (A) is the operating current and
F (C/mol) is the Faraday constant. Regarding the alkaline electrolyser,
the Faraday efficiency was computed using a temperature-dependent
expression, whose parameters were taken from Ulleberg [55]. The
Faraday efficiency of the PEM electrolyser was instead derived by
calculating the hydrogen and oxygen fluxes across the PEM membrane
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Fig. 6. Polarisation curves of the PEM and Alkaline electrolysers at the selected
operating conditions: PEM at 15 bar and 60 °C and Alkaline at 15 bar and 70 °C.

[56] and employing the expression given by Tsotridis et al. [57].

The main technical input parameters are summarised in Table 8. A
value of 15 bar was chosen for the electrolysis operating pressure to
avoid a compression stage between the electrolyser and the methanation
reactors. The operating temperature of the PEM electrolysis was set at
60 °C. A slightly higher value (70 °C) was instead considered for the
alkaline technology [4,58]. The maximum operating current density for
the PEM device was set at 1.8 A/cm? For the alkaline device, a
maximum value of 0.35 A/cm? was used, in accordance with the as-
sumptions of Parra et al. [59] and Buttler et al. [4]. For both technolo-
gies, the electricity demand due to the Balance of Plant (BoP) of the
electrolyser was also considered for estimating the efficiency of the
electrolyser system (stack + BoP). More specifically, the BoP includes
the following subsystems: power supply, deionised water circulation,
cooling circuit and hydrogen processing. The BoP demand was assumed
to be 10% of the nominal power of the electrolyser system [60,61] and
was set constant over the entire operating range, i.e., it is not dependent
on the operating point [61].

A 1 MW-size module was considered for both PEM and alkaline
systems. Electrolysers with larger capacities were supposed to be
composed of more modules (of 1 MW each) in parallel [59].

For the sake of comparison, Fig. 6 shows the polarisation curves of
the PEM and alkaline electrolysers at the selected working conditions.
The PEM device can achieve a much higher current density, i.e.,
hydrogen production per unit of active area. This leads to a greater
compactness of the PEM stack compared to the alkaline one. On the
other hand, the capital cost of the PEM technology is currently higher
than that of the alkaline technology [62]. Also, the lifetime of PEM stack
is lower due to the higher degradation rate [51].

The nominal efficiency values derived from the model (LHV basis)
are in line with data from the literature [4,63]. Under nominal condi-
tions, an efficiency of 56.2% (59.28 kWh/kg) was determined for the
alkaline system (stack + BoP), while a slightly higher value of about

Table 8 Table 9
Main technical input parameters of ALK and PEM electrolysers [4,58-61]. Sizing results of the electrolysis section for an SNG production of 500 miyrp)/h.
Alkaline PEM  Unit Components ALK PEM Unit

Operating temperature 70 60 °C Electrolyser (stack + BoP) 10.6 10.4 MW
Operating pressure 15 15 bar Water storage tank 32.1 32.1 m?
System minimum power (% of nominal power) 15 10 % Water pump 1.4 1.4 kw
Max. current density 0.35 1.8 A/em? Hydrogen compressor 146.8 146.8 kw
BoP electricity consumption (% of nominal power) 10 10 % Air cooler 29.7 29.7 m?

Hydrogen storage tank 442.4 442.4 m?
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57.1% (58.39 kWh/kg) was computed for the PEM system (stack + BoP).
Since the power generated by the WI plant is usually higher than the
nominal power of the electrolyser (to ensure that the share of electricity
supplied to the electrolyser is renewable), the operating point of the
electrolyser was set before the energy simulation of the PtG plant.
Specifically, in accordance with other techno-economic assessments
[59], the electrolyser was assumed to operate in nominal conditions.

A water feeding pump and a water storage tank are included into the
system to reintegrate the water consumed by the electrolyser reaction
and to ensure continuous operation in case of maintenance or failure of
the water feeding line. The water pump was designed to increase the
water pressure from ambient pressure to the operating pressure of the
electrolyser. The isentropic and electromechanical efficiencies of the
pump were assumed to be 0.8 and 0.9, respectively [23]. A specific
water consumption of 15 L/kg of Hy was considered for both PEM and
alkaline systems [51]. The water storage tank was sized to provide a
water supply for 12 h at nominal operating conditions of the
electrolyser.

A pressurised hydrogen storage tank (maximum pressure of 90 bar)
was also added to allow continuous supply of hydrogen to the metha-
nation section during maintenance or failure of the electrolyser system
or when the electricity generated by the WI is insufficient to meet the
electrical load of the electrolyser system. The storage autonomy of the
hydrogen storage tank was supposed equal to 12 h. The specific power
consumption of the hydrogen compressor was calculated considering
the isentropic and electromechanical efficiencies equal to 0.75 and 0.95,
respectively [23].

Table 9 shows the main sizing results of the hydrogen production
section. To cover the hydrogen demand for SNG production of 500 m®/
h, about 10.4-10.6 MW of electrolysis are needed. The sizes of the water
and hydrogen storage are the same for the ALK and PEM systems since
the same storage autonomy was assumed. The sizes of the other auxiliary
components (i.e., water pump, hydrogen compressor and related air
cooler) are also identical since, as previously reported, the same values
for water consumption and operating pressure were supposed for both
electrolysis typologies [64,65].

CO; from capture unit
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2.4. Methanation unit

As shown in Fig. 7, the methanation section consists of three
refrigerated tube-bundle fixed-bed reactors, which were modelled as
one-dimensional plug flow reactors [20,66], using an explicit first-order
approach. Hydrogen is fed directly into the first reactor, whereas CO is
split into three streams (and sent to the three reactors) for thermal
management of the Sabatier reaction. The gas streams entering the re-
actors are pre-heated by the products in head-tail heat exchangers to
reach the reactor inlet temperature. The tube-bundle fixed-bed reactors
are refrigerated by using boiling water, recovering the reaction heat and
producing saturated steam. Water vapour is condensed between the
second and the third reactor to increase the CO, conversion in the final
reactor. The SNG recovered from the final condensation stage must be
purified to remove unconverted hydrogen and reduce water moisture, so
as to achieve natural gas grid specifications [34].

The design and the operating conditions of the reactors were calcu-
lated using a 1D pseudo-homogeneous reactor model, where the main
assumptions of the calculation are perfect mixing and properties equal to
inlet conditions of the discretisation step. The thermodynamic and
transport properties of the pure components and of the gas mixture were
estimated according to the equations reported by Todd and Young [67].

Table 10
Methanation unit characteristics and operating parameters for an SNG produc-
tion of 500 mgyrp)/h.

Parameter Value Unit
CO,, split fraction (Reactor 1/11/1IT) 35/46/19 %

Tube diameter [20] 0.05 m
Tube/particle diameter ratio [20] 10 -
External porosity (cylindrical pellet, [68]) 0.39 -
Internal porosity [18] 0.59 -
Tortuosity [20] 2.50 -

Pure catalyst density [18] 1274 kg/m?
Equivalent catalyst thermal conductivity [18] 0.67 W/(m-K)
Catalyst heat capacity [18] 1063 J/(kg-K)
Maximum peak temperature [18,20] 550 °C
Input pressure 15 bar
Pressure drop 0.6 bar

Cond |
GQM

H, from electrolyser unit

Con densed\I/

water

|
|

Methanation
reactor |

Methanation
reactor Il

Water

Cond Il
Q
% th

Con densed\l/

water

Ecoll SNG

©

Methanation
reactor Il

Steam

Fig. 7. Simplified process scheme of the methanation unit [20,24].
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Fig. 8. CO, conversion vs. temperature within the 3 reactors by varying the operating load: (a) 60% and (b) 110% of the nominal productivity (500 mgyrp)/h). For

the sake of clarity, the design parameters are summarised in Table 10.

Table 11

Energy performance comparison for the considered carbon capture systems.
Parameter Absorption Adsorption Unit
Sorbent type Solvent A Solvent B PEI/SiO, -
Flue gas flow rate 7.8 7.8 10.3 km(31\m:>/h
Absorber/Adsorber CO, capture efficiency 75 75 56.8 %
Absorption/adsorption volume 26.5 26.5 9.81* m®
Desorption volume 2.16 0.79 9.81* m®
Regeneration temperature 122 142 200 °C
Specific electrical energy consumption 227 163 549 kJ/kg(co2)
Net specific heat duty 5.06 3.75 2.22 MJ/kg(coz2)
Net specific cooling duty —4.73 —2.89 -1.78 MJ/kgco2)

" Adsorption and desorption take place cyclically in the same reactors.

The reaction rate of CO, hydrogenation to methane was calculated ac-
cording to the LHHW kinetic model of Koschany et al. [26], neglecting
the RWGS reaction and the CO hydrogenation. This kinetic model was
adopted in the present work due to the high activity and selectivity of
the Ni/y-Al,Og3 catalyst even at relatively low temperatures. The radial
dispersion and the overall heat transfer coefficient were predicted using
the one-dimensional approach described by Schlereth and Hinrichsen
[65]. Pressure drops were estimated by means of the Ergun equation.

To design the optimal configuration, a sensitivity analysis was con-
ducted on the main operating parameters, and the main results are re-
ported in the Supplementary Material. First, as shown in Figure S1, the
effect of the CO5 split fractions between the three reactors was investi-
gated. The resulting CO» split fractions are 35%, 46% and 19% for the
1st, 2nd and 3rd reactor, respectively. These values are consistent with
the results obtained by Giglio et al. [20]. Second, the effect of the
operating load was considered in Figure S2. This is a crucial parameter
for the thermal management of the reactors to avoid catalytic deacti-
vation and hot spots within the reactors. Third, the number of tubes of
the tube-bundle reactors was analysed in Figure S3 to determine the
optimal cross-section area of the reactors. Fourth, the effect of the
apparent catalytic bed density within the reactors is illustrated in
Figure S4. And finally, the effect of the temperature of the cooling me-
dium (boiling water) in the three reactors is summarised in Figure S5.
This is an important parameter that could be used to control the
methanation reaction within the reactors. Other design parameters were
instead selected based on literature data; the catalyst properties and
fixed design parameters are summarised in Table 10.

The catalytic pellets were partially diluted with inert pellets (e.g.,
Al,03, SiC), reducing the apparent density of the catalytic bed to miti-
gate the intensity of the temperature peaks and the wide fluctuations
linked to any small variation of the operating conditions. The number of
tubes was designed to keep the maximum temperature below 550 °C. In

10

order to control the temperature inside the reactors, the temperature of
the cooling medium can range from 250 °C to 270 °C (i.e., the steam
pressure varies from 38 bar to 47 bar) depending on the operating load
(operating loads from 60% to 110% of nominal production were
considered for the design). This temperature limit was set to avoid both
rapid deactivation of the catalyst and structural issues related to the
strength of the materials [18,20]. The gas hourly space velocity (GHSV)
within the 1st, 2nd and 3rd reactor is 14200, 12310 and 3200 m3/
(h-m3), respectively. The length of each reactor was selected to recover
all the reaction heat and to achieve a CO, conversion of at least 99.5%.
The tube-bundle heat exchangers and the condensation vessels were
simulated using Aspen Plus. The temperature profiles by varying the
operating load in the three reactors are shown in Fig. 8.

3. Key performance indicators

The energy and environmental performance of the PtG system was
evaluated based on the key performance indicators described below.

e Ratio of CO, Captured (RCC, %): ratio between the amount of CO,
captured and the total amount of CO, produced by the WI.

Mco, cc

RCC = (1D

Mo, wr

where Mco, cc (t/y) is the annual amount of CO; captured and Mco, wr
(t/y) is the total amount of CO, produced by the WI. In our case this
indicator also represents the reduction in CO, emissions, as all the
electricity consumed by the PtG system comes from a renewable source.

e Specific CO3 avoided (mcog, kg/MWh): reduction of CO5 emissions
to the atmosphere per MWh of SNG produced by the PtG system.
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e Specific water consumption (myso, kg/MWh): water consumed
per MWh of SNG produced by the PtG system.

e Global energy efficiency of the PtG system (1, %): it is evaluated
as the ratio between the chemical energy of the produced SNG and
the total consumption of electrical and thermal energy.

_ Visng-LHVsnG

= 12
T E.+ O 12

where Vsyg (m3/y) is the annual SNG production, LHVsyg (MJ/m®) is
the SNG lower heating value, E,; (MJ/y) is the annual electrical energy
consumption of the PtG system and Qg (MJ/y) is the annual thermal
energy consumption of the PtG system.

e Specific Plant Energy Consumption for CO; Avoided (SPECCA,
MJ/kg): it is defined as the amount of electrical and thermal energy
consumed to avoid the emission of one kg of CO5 (in this KPI, power
and heat are both computed in terms of MJ, even if the exergetic
content of the heat is much lower compared to power).

Eq+ O

SPECCA = ————— 13
MCOZ,CUIOOO ( )

4. Results and discussion
4.1. Carbon capture system comparison

Table 11 reports the performances of the different carbon capture
techniques analysed in this work. The CO, adsorption system has the
lowest specific heat duty: 2.22 MJ/kg(co2) compared to 5.06 MJ/kg(co2)
and 3.75 MJ/kgcoz) for the absorption systems with solvent A and B,
respectively. On the other hand, the adsorption system is characterised
by the lowest carbon capture efficiency (56.8%), resulting in a higher
intercepted flue gas flow rate and higher specific electricity consump-
tion for gas compression: 549 MJ/kgcoz) versus 227 MJ/kgcoz) (ab-
sorption with solvent A) and 163 MJ/kg(coz) (absorption with solvent
B). Another advantage of the technology with solid sorbents is the
compactness of the system, due to the small volume of the adsorption
reactor compared to the volume of the absorption and desorption
columns.

4.2. Thermal integration

The hydrogenation of CO, to methane is a strongly exothermic re-
action (-165 kJ/mol). According to the literature, the heat of reaction is
usually recovered using boiling water and producing saturated steam in
the range of 250 to 270 °C [8,20,22]. The saturated steam can then be
fed into the carbon capture section and used to regenerate the liquid or
solid sorbent [32,33]. After condensation, the hot water can be recir-
culated back to the methanation section. This thermal integration re-
duces the consumption of externally generated steam, with consequent
reduction in the operating costs of the system.

4.2.1. Methanation section energy balance
Concerning the methanation section, the reactors must be tightly

Table 12
Thermal integration of the methanation unit with the carbon capture unit.
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thermally integrated to recover the sensible heat of the product gases,
preheating the gases entering the reactors and condensing water vapor
[20,23,24]. The temperature of the hot gas stream at the outlet of the
economisers (Eco I and Eco II, see Fig. 7) was selected to avoid corrosion
phenomena inside the heat exchanger. Corrosion occurs in the presence
of a biphasic mixture, which could form if all the available heat is
recovered to preheat the gas mixture.

Following the approach proposed by Giglio et al. [20], a pinch
analysis was performed to design an optimal heat exchanger network
(see Fig. 7). The stream exiting the second methanation reactor is used to
preheat the stream entering the first reactor, by using an economiser
(Eco I). The stream at the inlet of the third reactor is heated, in a
head-tail heat exchanger, by using the stream exiting the same reactor
(Eco II). The heat recovered in the two economisers is 169.0 kW (Eco I)
and 78.6 kW (Eco II) for an SNG production of 500 m?NTp)/h. Conden-
sation of the water vapour and cooling of the gas streams require a total
of 479.3 kW, which takes place in two coolers, one placed between the
second and third reactor (Cond I, —389.1 kW) and the other at the outlet
of the third reactor (Cond II, —90.1 kW).

4.2.2. Integration between carbon capture and methanation units.

The methanation section of the PtG system is characterised by a large
steam production of about 3.80 MJ/kg(coz) (saturated steam at T > 250
°C), coming from the cooling of the three reactors. This amount of heat
can be easily recovered and used to meet a large part or even the entire
heat demand of the carbon capture unit for sorbent regeneration
[32,33]. As shown in Table 12, we estimate that the methanation section
can cover about 75% of the heat duty of an absorption PCC unit using
solvent A (5.06 MJ/kgcoz)); the remaining 25% (1.26 MJ/kgcoz))
needs to be supplied from the WI plant. For all the other configurations
analysed, the steam production from the methanation section is suffi-
cient to meet the total heat demand of the PCC unit, thus eliminating the
need for steam from the WI.

4.3. Plant performance

The balances (energy and mass) and performance of the PtG con-
figurations are summarised in Fig. 9, Fig. 10 and Table 13. As shown in
Table 13, the PtG system produces about 3.9-10° m?NTp)/y of SNG, with
an electricity consumption of 81682 MWh/y to 83660 MWh/y, a ther-
mal energy consumption of 0 MWh/y to 2538 MWh/y, and a cooling
duty of —36842 MWh/y to —41627 MWh/y, depending on the system
configuration considered. Regarding the cooling consumption, more
than 70% is required for cooling the electrolyser (-28314 MWh/y for the
ALK electrolyser and —27144 MWh/y for the PEM electrolyser), which is
low-temperature heat and therefore difficult to recover.

The CO; required for the methanation process is supplied entirely by
the carbon capture unit and accounts for about 3.8% of the total CO2
emissions from the WI, which is lower than the biogenic CO;, emissions.
Therefore, the SNG produced by the PtG plant can be considered car-
bon-neutral and, by injecting it into the grid, it will substitute an
equivalent amount of natural gas thus resulting in a net CO, emissions
reduction equal to the CO, captured. This corresponds to a specific
reduction in CO, emissions (mcp2) of 190 kg/MWhsng) (Table 13). The

System configurations

Parameter Conf. 1 Conf. 2 Conf. 3 Unit
Conf. 4 Conf. 5 Conf. 6
Carbon capture technology Absorption Solvent A Absorption Adsorption -
Solvent B PEI/SiO,
Heat available from methanation -3.80 -3.80 -3.80 MJ/kg(co2)
Carbon capture heat duty 5.06 3.75 2.22 MJ/Kkgcoz2)
Thermal energy balance 1.26 —0.05 —1.58 MJ/kg(coz)

11
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Fig. 9. Energy consumption share (electrical and thermal) of the PtG system in the reference configuration (Conf. 1) without (a.) and with (b.) thermal integration

between the carbon capture and methanation units.
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Fig. 10. Breakdown of the Specific Plant Energy consumption for CO, avoided (SPECCA) for the six configurations studied: (a) without and (b) with thermal
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specific water consumption (mp30), for hydrogen production and for the
absorption unit makeup, ranges from 547 kg/MWhsng) to 627 kg/
MWhsne), where the lowest value of 547 kg/MWhsng) was obtained for
Conf. 3 and Conf. 6.

In all six system configurations, when considering thermal integra-
tion, more than 95% of the total energy consumption is consumed in the
electrolysis section for hydrogen production, while less than 5% is
consumed in the carbon capture unit. For example, as shown in Fig. 9b,
in the reference configuration (Conf. 1), the electricity supplied to the
electrolyser accounts for about 96.5% of the total energy consumption of
the system (85547 MWh/y), while the carbon capture unit accounts for
3.5%. A slightly different breakdown is obtained if there is no heat re-
covery between the methanation unit and the carbon capture unit (see
Fig. 9a). In this case, the heat required for sorbent regeneration in the
carbon capture unit must be supplied entirely by the WI plant. The
consumption of the carbon capture unit increases from 2538 MWh/y to
10200 MWh/y. This corresponds to 11.4% of the total energy con-
sumption of the system, which increases to 93209 MWh/y.
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As can be seen in Fig. 10a, when there is no thermal integration
between the methanation section and the PCC section, the SPECCA in-
dicator ranges from 43.1 MJ/kgco2) to 46.2 MJ/kg(co2). Thermal inte-
gration leads to an improvement in the energy performances, as shown
by the SPECCA values of Fig. 10b, which are in the range of 40.5 MJ/
kg(coz) to 42.4 MJ/kgco2) (around 5% decrease for Conf. 3 and Conf. 6
and 8% decrease for Conf. 1, 2, 4 and 5). Compared to the absorption
PCC solutions, the adsorption PCC technology requires less thermal
energy, which favors Conf. 3 and Conf. 6 over the other configurations if
no thermal integration is performed. On the other hand, the adsorption
technique requires more electricity because of the lower CO; capture
efficiency, which increases the flue gas flow rate required to produce the
target amount of CO,. Therefore, when the PtG system is thermally in-
tegrated, the most promising solutions (with fixed electrolyser tech-
nology) are Conf. 2 and Conf. 5 since they have the lowest electrical
consumption and their heat duty can be fully covered by thermal
integration.

Focusing on the thermally-integrated solutions, the global energy
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Table 13

Mass and energy balance of the PtG system in the different configuration proposed and resulting KPIs with thermal integration between carbon capture and methanation unit.
Parameter Symbol Conf. 1 Conf. 2 Conf. 3 Conf. 4 Conf. 5 Conf. 6 Unit
Carbon capture technology Absorption Absorption TSA Absorption Absorption TSA
CO, sorbent MEA MEA/[bpy][BF4] PEI/SiO, MEA MEA/[bpy] [BF4] PEI/SiO,
Electrolyser technology Alkaline Alkaline Alkaline PEM PEM PEM
Waste incinerator CO, emissions Mcoz, wi 189.9 189.9 189.9 189.9 189.9 189.9 kt/y
CO, captured Mcoz, cc 7.26 7.26 7.26 7.26 7.26 7.26 kt/y
H, to methanation 1.33 1.33 1.33 1.33 1.33 1.33 kt/y
O, produced 10.64 10.64 10.64 10.64 10.64 10.64 kt/y
SNG produced Vsng 3900 3900 3900 3900 3900 3900 kmiypy/y
SNG produced Esng 38155 38155 38155 38155 38155 38155 MWh/y
Electrical energy consumption Ee 83009 82880 83660 81811 81682 82462 MWh/y
Carbon capture unit 457 328 1108 457 328 1108 MWh/y
Methanation unit 0 0 0 0 0 0 MWh/y
Electrolyser unit 82552 82552 82552 81354 81354 81354 MWh/y
Thermal energy consumption Qi 2538 0 0 2538 0 0 MWh/y
Carbon capture unit 10200 7567 4479 10200 7567 4479 MWh/y
Heat recovery from methanation —7662 —7567 —4479 —7662 —7567 —4479 MWh/y
Cooling consumption —41627 —38012 —38871 —40457 —36842 —37701 MWh/y
Carbon capture unit —9537 —5827 —3598 —9537 —5827 —3598 MWh/y
Methanation unit —3776 —3871 —6959 -3776 —-3871 —6959 MWh/y
Electrolyser unit —28314 —28314 —28314 —27144 —27144 —27144 MWh/y
Water consumption 23.92 23.11 20.88 23.92 23.11 20.88 kt/y
Carbon capture unit 3.04 2.23 0 3.04 2.23 0 kt/y
Electrolyser unit 20.88 20.88 20.88 20.88 20.88 20.88 kt/y
Equipment area 1264 1261 1208 727 724 671 m?
Carbon capture unit 206 203 150 206 203 150 m?
Electrolyser unit 1058 1,058 1,058 521 521 521 m?
Ratio of CO,, captured RCC 3.8% 3.8% 3.8% 3.8% 3.8% 3.8% %
Specific CO, avoided Mco2 190 190 190 190 190 190 kg/MWh
Specific water consumption My20 627 606 547 627 606 547 kg/MWh
Global energy efficiency MNg1 44.6 46.0 45.6 45.2 46.7 46.3 %
Specific Plant Energy Consumption for CO, avoided SPECCA 42.4 41.1 41.5 41.8 40.5 40.9 MJ/kg
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Table 14
Characteristics of the SNG produced and comparison with minimum Italian legislation requirement for grid injection.
Parameter Value Italian legislation requirement [34] Unit
Operating load 60 100 110 - %
Volume flow rate 300 500 550 - mrpy/h
Mass flow rate 205.7 342.9 377.2 - kg/h
CO, molar fraction 0.44 0.50 0.52 < 3.0 mol.% (dry basis)
H, molar fraction 1.77 2.01 2.13 < 0.5 mol.% (dry basis)
CH,4 molar fraction 97.79 97.49 97.35 - mol.% (dry basis)
H,0 molar fraction 0.321 0.321 0.321 < 0.015 vol.%
Pressure, bar 14.6 14.4 14.4 - bar
Temperature 14 14 14 < 50 °C
Wobbe index 49.89 49.81 49.77 47.31 - 52.33 MJ/m?STp)

efficiency (ng) is in the range of 44.6% to 46.7%, while the SPECCA
ranges from 40.5 MJ/kgco2) to 42.4 MJ/kgco2). Among all cases
considered, Conf. 5 (PEM electrolyser and absorption PCC with solvent
B) is the most efficient, with a ng of 46.7% and a SPECCA of 40.5 MJ/
kg(co2). Conf. 1 (ALK electrolyser and absorption PCC with solvent A)
presents, instead, the worst performance, with a ng of 44.6% and a
SPECCA of 42.4 MJ/kg(coz). As shown in Fig. 10, the use of solvent B
(instead of solvent A) in the absorption PCC unit leads to a reduction in
the system energy consumption of around 1.3 MJ/kg(coz), (SPECCA
decreases from 42.4 MJ/kg(coz) in Conf. 1 to 41.1 MJ/kgcoz) in Conf.
2). The installation of a PEM electrolyser in place of an alkaline elec-
trolyser further improves the SPECCA value by 0.6 MJ/kg(coz) (SPECCA
decreases from 41.1 MJ/kgcoz) of Conf. 2 to 40.5 MJ/kgcoz) of Conf.
5).

The different configurations proposed can also be compared
considering the total area occupied by the equipment. In many industrial
applications, such as WI plants, space might indeed be a limiting factor,
making more compact system solutions preferable. In this regard, Conf.
6 is the most compact, with an estimated occupied area of about 671 m?,
while Conf. 1 is the least compact and requires an area of 1264 m2. In
particular, the hydrogen production section accounts for most of the
space required, with 1058 m? for the ALK system (Conf. 1) and 521 m?
for the PEM system (Conf. 6).

5. Technical considerations
5.1. Characteristics of the SNG

The characteristics of the SNG depend slightly on the operating load
of the methanation unit. More specifically, the overall CO, conversion
decreases from 99.6% to 99.5% when the operating load is increased
from 60% to 110%. Table 14 shows that the CO5 concentration in the
produced SNG complies with the Italian legislation limit for biogas in-
jection into the natural gas grid (i.e., less than 3.0 mol.%) [34]; however,
the hydrogen content is higher than the prescribed limit of 0.5 mol.%
[34]. This means that the SNG must be purified, for example, by means
of membranes [25]. Furthermore, SNG contains ~ 0.032 mol.% of
water; therefore, it must be dehydrated to reach the Italian legislation
limit (dew point at —5 °C at 70 barg) [34], for example, by using zeolites
or membranes [25]. Finally, the Wobbe index is included in the range of
acceptance (i.e., 47.31 MJ/m?STp) to 52.33 MJ/m?STp)).

5.2. Deterioration phenomena

The PtG plant could be damaged by corrosion phenomena that occur
under common operating conditions. For this reason, all equipment
must be selected to minimise wear, maintenance costs and investment
costs.

Deterioration phenomena occur during absorption of CO5 with MEA
or MEA/IL aqueous solutions; more specifically, MEA, CO, and O,
concentrations, along with temperature, are the main causes of
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corrosion [69]. According to Kittel et al. [69], the upper part of the CO,
stripping column is the most affected by deterioration, reaching a
corrosion rate of 1 mm/y for carbon steel. However, stainless steel
showed good resistance, keeping the corrosion rate below 5 pm/y.
Furthermore, there are two other degradation phenomena: (i) the for-
mation of thermally stable salts due to oxidation when traces of O3, SOy,
NOy and fly-ashes are present in the treated flue gas, and (ii) the thermal
degradation of ammines during desorption [70,71]. Among all the
degradation compounds, ammonia and acetaldehyde are the species
with the highest concentrations, while N-nitrosamines must be strictly
controlled due to their toxicity [72]. Moreover, the MEA degradation
rate in a post-combustion carbon capture plant at industrial scale could
range between 0.3 and 0.7 kgwra)/tcoz) [72], and the MEA concen-
tration in the COq-lean flue gas is generally ~ 0.0004 vol% [72].
Regarding the MEA/IL aqueous blends, the ionic liquids generally show
good resistance during CO, absorption/desorption under the operative
conditions described in this work [73,74]. The decrease in the CO,
removal efficiency could be mainly ascribed to the loss and degradation
of MEA [38].

Concerning the CO, adsorption process, functionalised solid mate-
rials usually exhibit high CO5 capacity, but they may be affected by
degradation phenomena that reduce the performance of the adsorbent
[75,76]. Non-functionalised solid sorbents generally show good thermal
and mechanical stability under adsorption-regeneration conditions
[73].

The COq-lean flue gas exiting the CO; capture unit could be sent to
the chimney if it complies with all the emissions limits imposed by the
legislation. More specifically, the Italian legislation (D.Lgs. 152/2006)
sets these values: 10 mg/Nm® of powders, 10 mg/Nm® of total organic
carbon, 50 mg/Nm3 of SO,, 200 mg/Nm3 of NO,, 30 mg/Nm3 of NH3
and 1 mg/Nm? of HF. If the COy-lean gas does not respect these re-
strictions, it must be treated to reduce the concentration of pollutants.
The gas exiting the CO, capture unit could be fed at the inlet of the
abatement system of the WI to treat the gas stream and remove pollut-
ants. This solution can be pursued only if the abatement system is able to
treat this excess flow rate; otherwise, a new gas treatment system must
be installed.

Concerning low-temperature electrolysers, the lifetime of an alkaline
electrolyser is between 60 kh and 90 kh and its degradation rate is lower
than 3 pV/h (or 0.17 %y yy/kh). A PEM electrolyser generally has shorter
lifetime (about 20 kh to 90 kh), and its degradation rate could reach 14
pV/h (or 0.78 %pyy/kh) [77,78]. The KOH aqueous solution used in
alkaline electrolysers is extremely corrosive and stainless-steel alloys
showed too low resistance; therefore, nickel-iron-chromium alloys are
more suitable for this application [79].

As for the methanation process, the catalyst is affected by deactiva-
tion and needs to be replaced periodically. According to the literature,
Ni/AlyO3 catalysts exhibit long-term deactivation mainly caused by the
sintering of Ni particles [18,28,80]. Beierlein et al. [80] showed that the
activity of the Ni/Al,O3 catalyst was 25% of the initial activity after 700
h of aging at 400 °C. They also developed a fast-aging procedure to
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evaluate the performance of the aged Ni/Al,O3 catalyst, which can be
used to estimate the optimal replacement rate of the catalyst [80].
Another crucial problem is given by the presence of SO, traces (from the
flue gas of the WI) in the CO; stream produced by the PCC unit since Ni-
based catalyst are extremely sensitive to sulphur poisoning. Wolf et al
[81] have demonstrated that 0.0005 vol% of SO, completely deacti-
vated the catalyst in 24 h. Based on their correlations, we can estimate
that annual replacement could be required if the SO5 concentration in
the gas supplied to the methanation unit is kept below 2:10°® vol%.

6. Conclusions

In this work, a PtG system for the production of SNG (500 m?NTp)/h)
and integrated in a WI plant was investigated. Part of the renewable
energy (electricity and steam) produced by the WI is used for SNG
production and all the CO3 needed by the methanation is recovered from
the flue gases of the WI, reducing its CO, emissions by about 3.8%.

A comprehensive evaluation of possible system configurations was
performed, considering different electrolysis and carbon capture tech-
nologies. Specifically, hydrogen is produced using an alkaline or PEM
electrolyser, while three different PCC technologies were analysed for
CO4, capture: (i) absorption using MEA solution liquid sorbent (Solvent
A); (ii) absorption using MEA and IL solution liquid sorbent (Solvent B);
and (iii) TSA using solid adsorbent (PEI/SiO2). Mass and energy bal-
ances of the PtG plant were then assessed by modelling the main plant
sections (carbon capture, electrolysis and methanation).

Results obtained from the process modelling show that a thermal
integration between the methanation unit and the carbon capture unit
greatly reduce the heat requirement of the system. In particular, the heat
duty is reduced to zero when an absorption system with solvent B or a
TSA system using PEI/SiO5 adsorbent are considered for carbon capture.
When thermal integration is performed, the total energy demand of the
PtG plant is in the range of 81682 MWh/y to 85547 MWh/y, of which
more than 95% is consumed by the electrolyser.

The performance of the PtG system was evaluated through the esti-
mation of key performance indicators, such as the global plant efficiency
(ng) and the Specific Plant Energy Consumption for CO; Avoided
(SPECCA). The efficiency of the overall PtG plant (with thermal inte-
gration) was estimated in the range of 44.6% to 46.7% depending on the
configuration. The maximum efficiency value of 46.7%, which corre-
sponds to a SPECCA of 40.5 MJ/kgcoz2), was obtained for a PtG
configuration using an absorption PCC system with solvent B and a PEM
electrolyser (Conf. 5). The minimum value of 44.6% was instead
computed for a system configuration using an absorption PCC system
with solvent A and an alkaline electrolyser (Conf. 1), which is also
characterised by the highest SPECCA value of 42.4 MJ/kg(coz). When no
thermal integration between the carbon capture unit and the methana-
tion unit is considered, the SPECCA increases by about 5% to 9%, and
the minimum value of 43.1 MJ/kgcoz2) is obtained for a system
configuration using a TSA system and PEM electrolysis (Conf. 6).

Moreover, the composition of the produced SNG was compared with
the requirements of the Italian legislation for grid injection: CO, con-
centration and Wobbe index are within the range of acceptance, but
hydrogen and water content are above the maximum permissible limit.
SNG must therefore undergo a final purification and dehydration
process.

Future works will investigate the economic feasibility of the PtG
system in order to assess the effectiveness of the different system con-
figurations in terms of SNG production costs.
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