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A B S T R A C T   

The investigated plant concept integrates the direct air capture technology with the Fischer-Tropsch synthesis. 
250 kt/h of air, with a CO2 concentration of 400 ppm, are used as feedstock to produce the synthetic hydro
carbons. The direct air capture is modelled as a high-temperature calcium recovery loop process. An alkaline 
electrolyser and a reverse water-gas shift reactor produce the required syngas. The Fischer-Tropsch products 
distribution is described by a carbide model developed for a Co-Pt/ɣAl2O3 catalyst for alkanes and alkenes of 
carbon number C1-C70. Five integration scenarios are analysed. In the base case, the energy demand of the direct 
air capture process is supplied with natural gas from the distribution grid. In improved configurations, the effect 
of Fischer-Tropsch off-gas recirculation to the reverse water-gas shift and/or the direct air capture units is 
explored, excluding the need of fossil fuel. An electrified direct air capture solution is also included. In the 
analysed scenarios, the highest system efficiency corresponds to 36.3 %, while the maximum carbon dioxide 
conversion is of 68.3 %. The maximum waxes production corresponds to 8.7 t/h. Lastly, capital and operating 
plant costs are allocated in an economic investigation, considering different market electricity costs and financial 
risk values. In a medium financial risk scenario (interest rate: 7.5 %), the minimum Fischer-Tropsch waxes 
production cost corresponds to 6.3 €/kgwax, reaching 5.05 €/kgwax at an interest rate of 0%. Lastly, the effect of 
learning curves over the production cost at the year 2030 and 2050 is included.   

1. Introduction 

Solutions to reduce CO2 emissions can involve different portfolios of 
mitigation measures: lowering energy and resource intensity, increasing 
the rate of decarbonization, and enhancing the reliance of carbon di
oxide removal technologies [1]. In this framework, the European Union 
has pledged its commitment to achieving climate-neutrality by 2050 [2]. 

One way to reach such an achievement, is through the utilization of 
non-fossil carbon sources [3–5]. In non-fossil applications, hydrogen can 
be produced via electrochemical processes fed by electricity from 
renewable energy sources (RES). H2 is then combined with a carbon 
feedstock to produce synthesis gas, determining the utilization of CO2 
available from a carbon capture process (namely, CCU). The resulting 

synthetic gas (i.e., syngas) is further upgraded to synthetic gaseous/li
quid fuels and chemicals of practical use and market value [6]. In most 
of the analyzed scenarios forecasting future net-zero GHG emissions, 
CCU routes with thermo-/electrochemical processes are expected to play 
a vital role for the decarbonization of several economic sectors and the 
increased integration of RES in the electricity generation portfolio and 
manufacturing [2,6]. 

For these production chains, ambient air is attracting interest since it 
might be considered a nearly unlimited CO2 resource available regard
less of the plant location. Hence, research activity has been flourishing in 
recent years to exploit the carbon content of ambient air through Direct 
Air Capture (DAC) and reduce the atmospheric CO2 concentration [7–9]. 
DAC through sorbent-based processes is studied to increase the removal 
rate ensured by the natural sinks in carbon cycles and enhance CO2 

Abbreviations: AF, Annuity factor; AFS, Anderson-Flory-Schultz; BEC, Bare erected cost; CAPEX, Capital cost; CC, Combined cycle; CCU, Carbon Capture and 
Utilization; CEPCI, Chemical Engineering Plant Cost Index; CSP, Concentrated solar power; DAC, Direct air capture; DCF, Discounted cash flow; FCF, Free cash flow; 
FT, Fischer-Tropsch; HX, Heat exchanger; KPI, Key performance indicators; LCA, Life cycle analysis; LHV, Lower Heating Value; NG, Natural gas; NPV, Net present 
value; O&M, Operation and maintenance; OG, Off-gas; OPEX, Operating cost; PtL, Power-to-liquid; PV, Photovoltaic; RES, Renewable energy source; RKS, Redlich- 
Kwong-Soave; RKS-BM, Redlich-Kwong-Soave, with Boston-Mathis modification; RWGS, Reverse water gas shift. 
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mitigation. For DAC applications, chemical sorbents are required to 
effectively capture CO2, given its low concentration in ambient air [10]. 
Causticization with alkali and alkali-earth aqueous hydroxide sorbents 
[11], solid alkali carbonates [12] and organic-inorganic hybrid sorbents 
[10] are possible options to capture CO2 from the air through reversible 
chemisorption. 

The captured molecules can be used as raw material into carbon 
capture and utilization routes, producing several synthetic products 
[13], including Fischer-Tropsch (FT) material. CO2 can be combined 
with H2 or steam to form syngas via electrochemical or thermochemical 
catalytically driven processes [14]. Exothermic hydrogenation of CO to 
synthetic hydrocarbons inside the FT reactor is then applied [15]. The 
resulting products comprise of alkanes, alkenes and alcohols in gas, 
liquid, and wax phases. The advantage of the FT synthesis is the capa
bility of targeting multiple hydrocarbons, with carbon numbers from C1 
to C100+ [16]. Specifically for high molecular weight products, the 
source is usually of fossil form. Therefore, the synthesis of long-chain FT 
hydrocarbons from CO2 becomes strategic to reduce the consumption of 
fossil material not only in the transport sector but also in the chemical 
sector [17,18]. 

Much research effort has been spent in recent years in designing and 
demonstrating the integration of DAC into CCU routes. The Soletair 
project [19] and the Kopernikus Project [20] are examples of applica
tions to synthesize FT products from air CO2. Although these represent 
small-scale pilot applications, they are promising in establishing the 
effectiveness of this route. As reported in Table 1, most of the literature 
works on DAC-to-FT mainly deal with the life-cycle analysis (LCA) and 
the economic feasibility of the process, and the assessment of its role in 
current and future economic scenarios. For instance, Viebahn et al. [21] 
explored the possible role of the DAC into the German technology 
portfolio, through a multi-dimensional analysis to highlight the research 
needs that this technology still demands. The authors presented the best 
practices for DAC integration with several downstream technologies. 
However, their work was not focused on modeling, nor energy analysis. 
In the configuration of the FT route, they used exogenous productivity 
data from existing operating plants, without modeling information. van 
der Giesen et al. [22] investigated the LCA of solar liquid FT fuels pro
duction, comparing their environmental impact against their fossil 
counterparts. The FT reaction kinetics was not implemented in the study 
and the two sections of the scheme were not integrated into mass nor 
thermal terms. Fasihi et al. [23–25] investigated the production of FT 
fuels in a cost-optimized power-to-liquid routes, exploiting CO2 from the 
air and a hybrid PV-wind power plant. The authors included a 

recirculation of the FT off-gas to produce electric energy in a combined 
cycle gas turbine to sustain the endothermicity of an electrified RWGS 
reactor. Contrarily to the present model, they employed a DAC section 
based on the solid sorbent technology and utilized clustered data for the 
FT products distribution taken from literature. Recently, Liu et al. [26] 
focused on the LCA of a high temperature DAC system paired with an FT 
unit to produce transportation fuel (i.e., diesel). The analysis was based 
on data and models from other works (e.g., Mansouri et al. [27] for the 
simplified FT synthesis power-law description and Keith et al. [28] 
process data for the DAC unit). Nonetheless, the authors highlighted the 
need for extensive DAC-FT matching analyses to maximize emissions 
reductions, as the focus of their study was not on the process integration. 

In our work, we provide a detailed assessment on the techno- 
economic performance of a DAC-to-FT CCU plant. By means of process 
and energy integration, we identify the most suitable configuration to 
maximize CO2 conversion into synthetic chemical and fuel feedstocks. 
Hence, the present work provides new and novel results on the DAC-to- 
FT route, filling the gap of system matching investigation. Firstly, the 
integrated DAC-to-FT process model is presented. Five separate config
urations based on different FT off-gas recirculation solutions are studied, 
including detailed energy and mass integrations and the evaluation of 
key performance indicators (i.e., the specific energy consumption of 
carbon capture and conversion, carbon removal efficiency, system 
global efficiency). A solution with an electrified high temperature DAC 
section is also investigated. Secondly, a detailed mechanistic kinetic 
model describing the FT product distribution up to carbon number C70 is 
adopted. This allows identifying the plant design that synthesises the 
highest quantity of heavy hydrocarbons (i.e., wax fraction) while 
maximizing the CO2 removal rate from the air and studying the effect of 
each plant configuration on the FT products distribution. Lastly, eco
nomic considerations are provided to estimate the cost of FT waxes 
production under each plant design. Sensitivities over the interest rate, 
the cost of electricity from different renewable energy sources and car
bon credits solutions are provided. Additionally, learning curves esti
mation at the year 2030 and 2050 provide the evolution of the cost of 
production of FT waxes over the next decades with this route. Thus, this 
work represents a milestone in the development of highly integrated 
plants to produce synthetic FT material from the air, and represents the 
first investigation in terms of FT wax production costs from air CO2. 

2. Methods 

The proposed system comprises of three main blocks: the capture of 
CO2 from ambient air; the generation of syngas; the FT reaction for the 
synthesis of hydrocarbons. The process developed in this study is 
depicted in Fig. 1. The mass and energy balances of the different sections 
and the thermodynamic transformations of the operating streams were 
obtained using the commercial process simulator Aspen PLUS™. Large- 
scale data based on the DAC process proposed by Keith et al. [28] for the 
recovery of carbon dioxide from ambient air are used. The DAC system is 
connected to a reverse water-gas shift (RWGS) and an FT reactor. 
Moreover, in compliance with the model of Keith et al. [28], a natural 
gas (NG) turbine is used to meet the DAC section electric needs. NG is 
also fed to the DAC calciner reactor to meet its thermal needs. The 
process is studied under five plant designs, in terms of FT products 
synthesis and distribution, plant efficiency and carbon removal effi
ciency. The base process design considers NG supplied to the gas turbine 
and calciner, with FT off-gas recirculated to the RWGS (C.1). The 
upgraded configurations contemplate the avoidance of fossil natural gas, 
with recirculation of part of the FT off-gas to the DAC unit (configuration 
C.2), or to both the DAC and the RWGS (configuration C.3). Addition
ally, configurations C.4 and C.5 exclude the use of the power island, with 
C.4 having an electrified calciner, and C.5 utilizing the FT off-gas to the 
calciner. More details are found in section 2.4. 

Nomenclature 

EspCO2 Specific energy consumption over the CO2 removed 
from the air (kWh kgCO2

− 1 ) 
Espwax Specific energy consumption over the waxes produced 

(kWh kgwax
− 1 ) 

i Interest rate 
k-year k-th operational year 
ṁ Mass flow rate (kg h− 1) 
n Scaling factor 
ṅ Molar flow rate (mol s− 1) 
nlife Plant lifetime 
Qth Thermal power (kW) 
Si Size of the system component 
Wel Electric power (kW) 
ΔH Enthalpy change 
ηC Carbon conversion efficiency 
ηCO2 Carbon dioxide removal efficiency 
ηGl Plant global efficiency  
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2.1. Direct air capture 

The process of DAC was modelled taking the cue from a reference 
layout based on calcium recovery loop, similar to the work proposed by 
Keith et al. [28]. The process chemistry is described by the following 
reactions: 

In the DAC section, two separate loops are identified: the first one 

comprising of an air contactor, an absorber column, and a pellet reactor 
for CO2 capture; the second one involving the pellet reactor, a cyclone, a 
washer, a slaker and a calciner reactor. In the air contactor, CO2 (400 
ppm in air) was removed from ambient air through an aqueous alkali 
solution of 1.0 mol OH− , 0.5 mol CO3

2- and 2.0 mol K+ yielding K2CO3 

(aq). The capture rate of this component was set to 75 % of CO2 in the 
form of K2CO3(aq) [28]. Similarly, 90 % of the CO2 contained in the 

Table 1 
Literature articles on DAC-FT processes and position of our research work compared to study objective, type of DAC and FT units, and application of recirculation of the 
FT off-gas.  

Ref. Study Objectives DAC-section FT-section FT off-gas recirculation 

[19] Results of a pilot plant within the Finnish 
national project SOLETAIR 

Low-T Hydrocell-based 
technology 

Experimental distribution Not included, suggested within the 
SOLETAIR Project 

[29] Assessment of combustion properties of FT fuels 
for aviation 

Not modelled – mentioned 
among the CO2 sources for the 
Kopernikus Project 

Experimental distribution FT off-gas recycle possibility to the RWGS - 
not modelled 

[22] LCA for Liquid FT fuels, using different carbon 
sources 

Low-T, model after [30] No kinetic model, Shell FT reactor 
data 

Not included, off-gas assumed for steam 
generation and mild heat recovery from FT 
to RWGS catalyst regeneration. No 
integration to the DAC unit 

[31] LCA and economic assessment for FT jet fuels Low-T Climeworks-based 
technology (no model, only 
energy consumption) 

Not modelled. Only assumed 90 % 
syngas-to-hydrocarbon conversion 

Not included nor discussed. Only water 
recycle 

[32] LCA and economic assessment for FT fuels in 
2015/2030 

Low-T Climeworks/Lackner 
et al. for CO2 cost. Not 
modelled 

Not modelled. Literature-based 
syngas-to-hydrocarbon conversion 
of 71 % 

Not included 

[33] Assessment of combustion processes and 
emission of e-fuels (FT/OMEx) and LCA when 
using CO2 from DAC 

N.A.-not modelled N.A. Evaluation of fuels from tanks Included only as exhaust gas recirculation - 
not intended as FT production yield 
increment 

[26] LCA for liquid FT transportation fuels w/ 
sensitivity on the carbon intensity of electricity 
source 

High-T C.E.-based technology 
and model 

Simple power-law kinetic model 
[27]. No FT products full 
distribution description 

Not included, off-gas assumed for steam 
generation and CHP. Only sensitivity on the 
H2/CO and FT temperature. No detailed 
information on the FT products distribution 

[34, 
35] 

Review, Environmental and Techno-Economic 
assessment of PtL routes (MeOH/FT) 

Low-T, Climeworks-based 
technology 

FT process based on literature data. 
Not modelled 

Not included 

[21] Best practices for DAC integration into the 
German’s technology horizon 

Multiple technologies 
accounted 

Productivity data from operating 
plants/pilot plants. Not modelled 

Not included. Detailed integrated energy 
model not a study goal 

[36] Review article of the CO2 conversion through 
FT 

– – Mentioned within SOLETAIR Project 
description but not discussed 

[37] Review of CO2 recycling pathways, techno- 
economic analysis for the production of 
synthetic fuels from CO2 captured from the air 
and solid oxide co-electrolysis to Fischer- 
Tropsch. 

Solid sorbent DAC at low-T 
operations (45 ◦C). Black box 
with energy consumption and 
CO2 stream cost 

State-of-the-art High Temperature 
Fischer-Tropsch technology (300 
◦C), not modelled with detailed 
products distribution 

Recovery of heat from the Fischer-Tropsch 
reactor. No information provided over FT 
off-gas recirculation 

[23,24, 
25, 
38, 
39] 

TEA forecast scenarios for transportation fuels 
production (including FT-derived fuels) based 
on cost-optimized renewable power plants and 
capture of CO2 from the air technologies. 

Low-T DAC unit accounting for 
energy and costs related to the 
Climeworks technology 

Low-Temperature Fischer-Tropsch 
unit with mass share of clustered 
products based on literature data. 

Account for heat and mass integration. 
Recirculation of the FT off-gases is studied 
towards a combined cycle gas turbine to 
sustain an electrified RWGS 

[25] Report on the cost of liquid fuels based on the 
MeOH and FT technologies utilizing CO2 from 
the air in the country of Germany 

Description and energy/ 
economic data based on 
Climeworks low-T 
configuration 

Fischer-Tropsch description based 
on literature data [24,25]. 

Not mentioned, but most likely accounted 
as off-gas recirculation for electric 
generation based on literature studies [24, 
25]. 

[40] Description of the Direct Air Capture 
technology as a key technology to produce 
carbon-based materials (minerals and fuels) 

Low-T technology based on 
Climeworks application 

Not described, only mentioned for 
transportation fuels productions. 

Not included 

[41] Production of FT syncrude based on either 
biomass gasification or DAC fed with 
intermittent RES coupled with CO2 storage unit 

Modelling of the DAC not 
provided 

Fischer-Tropsch model based on 
experimental data on a commercial 
catalyst [42] 

Not included 

[43] Techno-economic assessment with forecast 
scenarios of kerosene production in Germany, 
exploiting CO2 from air, biomass, and CO2 from 
flue gases as carbon feedstocks 

Both the DAC and the FT performance and cost data are taken from literature works. No information about modelling, 
mass and energy integration, nor recirculation if provided. 

[44] Review of PtL technologies (reactors and 
materials, production costs) for the production 
of MeOH, DME, and FT fuels from air CO2 

capture with DAC technology 

Description of DAC 
technologies and their 
applications in PtL routes 

Description of FT reactors and 
products share 

Not included 

[45] Evaluation of production cost of synthetic 
liquid hydrocarbons based on different CO2 

sources (industry, air, biomass), most profitable 
production chains, and allocation of end- 
products 

Literature data based on 
unspecified DAC cost 
configuration projected to the 
year 2050 

Literature data [34] – 

This 
study 

DAC + FT energy and mass integration for 
enhanced wax production yield and economic 
evaluation. Effect of process configuration on 
the FT products distribution 

High-T C.E.-based technology 
and model 

Detailed mechanistic kinetic 
model, describing the full FT 
products distribution 

In-depth analysis to evaluate the best 
recirculation design of the FT gas fraction 
for enhanced wax production and CO2 

mitigation potential  
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exhausts leaving the combined cycle was absorbed in a packed column 
(absorber). The stripped-off gas was mixed with ambient air. The cal
cium loop regenerated the alkali capture solution through the precipi
tation of CO3

2- reacting with Ca2+ of Ca(OH)2 in the pellet reactor, 
forming CaCO3 via reactions 5− 6 (Table 2). This pellet reactor was 
simulated with a crystallizer reactor component of Aspen PLUS™ 
implementing reactions 5–10, ensuring calcium retention equal to 90 % 
(i.e., the share of injected calcium leaving the reactor as pellets rather 
than being disposed of as fines) [28]. The precipitation of calcium car
bonate pellets is adapted from a fluidized-bed crystallizer commercial
ized by RHDHV [46] used also for DAC applications. The CaCO3 pellets 
were washed, dried, heated up and entered an oxygen-fired calciner 
(95.6 % O2, 4.4 N2) with a CaCO3-to-CaO conversion efficiency equal to 
98 %. Finally, the concentrated stream of CO2 leaving the calciner was 
washed in a water knockout and fed to the RWGS reactor. The complete 
combustion of NG in the calciner thermally sustained the endothermic 
decomposition of CaCO3 pellets, thus providing adiabatic operations in 
the calciner. The stoichiometric reactor for the CaO hydration in the 
steam slaker was fed by a fraction of the steam in the bottom cycle of the 

combined cycle. A primary cyclone elutriated and recirculated small 
CaO particles to the slaker. The further CaO particles collected in the 
downstream dust collector can be disposed of or reused: their end of life 
is out of the scope of this study, but suggested to assess the potential 
savings of raw material and energy. The output Ca(OH)2(aq) was then fed 
to the pellet bed to react with K2CO3. Table S.1 in supporting material 
reports the specifications of the DAC main blocks. 

The properties and thermodynamic parameters of the chemical 
components were estimated with the unsymmetrical electrolyte non- 
random two-liquid method (for the liquid phase), Redlich-Kwong 
equation and Henry’s Law for gas phase and Vapor-Liquid Equilib
rium. In two-phase blocks, the mass transfer was modelled with a “two- 
film” rate-based approach neglecting the mixing by convection [47,48]. 

2.2. Syngas generation 

The syngas, a mixture of H2, CO, CO2, and H2O, was yielded at the 
RWGS reactor outlet and compressed to the operating pressure of the FT 
reactor. 

2.2.1. Hydrogen generation 
The required hydrogen was obtained through electrolysis of water in 

a low-temperature alkaline electrolyser. The electrolyser operated at 
ambient pressure and 60 ◦C and consumed 15 LH2O/kgH2 and 52 kWhel/ 
kgH2 [49], resulting in a absorbed power ranging between 646 and 858 
MWel. The electric input to run the electrolysis process was assumed to 
be of renewable energy source (e.g., hydro, PV, wind, etc.), hence not 
affecting the carbon balance with indirect emissions associated to power 
generation. Balancing renewable energy production mismatch with the 
electrolysis power demand through a dynamic charging/discharging 
schedule of hydrogen storage is out of the scope of this work. Oxygen 
was considered as an electrolyser by-product, and a fraction of it was fed 

Fig. 1. Proposed DAC-FT system. Only the baseline configuration (C.1) presents natural gas fed to the DAC. For configurations C.1, C.2, and C.3 there exists a power 
island (highlighted with green solid lines and text), which is excluded in configurations C.4 and C.5. 

Table 2 
DAC unit chemical reactions.  

Reaction Type Reaction Type 

1) 
H2O+HCO3

− ↔CO3
2-+H3O+

Equilibrium 6) K2CO3(S)↔CO3
2−

+2 K+

Salt precip. 

2) CaOH+↔Ca2+ +OH− Equilibrium 7) CaCO3↔CO3
2−

+Ca2+
Salt precip. 

3) 2H2O + CO2↔HCO3
−

+H3O+

Equilibrium 8) KOH(S)↔OH−

+K+

Salt precip. 

4) 2H2O↔OH− +H3O+ Equilibrium 9) K2CO3→CO32−

+2 K+

Dissociation 

5) Ca(OH)2↔CaOH+ +OH− Salt precip. 10) KOH→OH−

+K+

Dissociation  
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to the calciner reactor to sustain the process of oxy-combustion and 
ensure adiabatic operation. 

2.2.2. Reverse water-gas shift 
CO2 coming from the DAC unit was mixed with H2 and preheated to 

550 ◦C before entering the RWGS reactor operating at ambient pressure 
and 800 ◦C. The generated syngas had the desired H2/CO outlet molar 
ratio of 2.0. The RWGS operated at equilibrium conditions, employing a 
Ni-Al2O3 catalyst [50], and described with Redlich-Kwong-Soave (RKS) 
equation of state. The conversion of CO2-to-CO followed reaction 11 of 
Table 3, determining the high endothermicity of the reactor. In parallel, 
side reactions of methanation (12–13), Boudouard reactions (14–15), 
hydrocarbon cracking (16–17) were considered. 

2.3. Fischer-Tropsch 

A low-temperature FT reactor was operated at 230 ◦C and 25 bar. It 
converted the feed of syngas into synthetic hydrocarbons via catalyti
cally driven reactions of CO with H2. The syngas was compressed to the 
operating pressure before the FT reactor. A mechanistic carbide kinetic 
model for a Co-Pt/ɣAl2O3 catalyst was used to describe the production 
rate of the FT reactor [51]. The kinetic model was inserted in the process 
simulator via an external subroutine. The simplified chemical reactions 
are presented in Table 4. Thanks to the application of detailed kinetic 
model, each product generation rate and reactant consumption rate 
were accounted for. The distribution of the FT products followed a 
modification of the Anderson-Flory-Schultz (AFS) distribution, where a 
higher CH4 generation, a lower C2H4 generation and a linearization of 
the curve for carbon numbers higher than C20 were obtained with 
respect to the AFS theory. A per-pass CO conversion of 75 % was 
assumed [52]. The products leaving this reactor comprised unreacted 
CO2, CO and H2, steam and alkanes and alkenes synthesised up to carbon 
number C70 and carbon number C40, respectively. A three-phase (liq
uid-liquid-gas) separator operating at the FT pressure and ambient 
temperature separated the FT off-gas (CO, H2, CO2 and mainly light 
hydrocarbons up to carbon number C6-7), the liquid products and water. 
The liquid products were preheated to 230 ◦C and further separated into 
a distillation column based on their boiling temperatures as naphtha 
(120 ◦C, C5-C11), middle distillates (225 ◦C, C11-C20) and waxes (380 ◦C, 
C20-C70). The liquid products were used to account for the energy per
formance of the full plant. The FT reactor used the RKS equation of state, 
with Boston-Mathis alpha-value modification. More details can be found 
at [52]. 

2.4. Plant upgrading and thermal integration 

The recirculation of the FT off-gas can provide a variation in plant 
productivity and efficiency [53]. Additionally, they can be used as a 
solution to avoid feeding fossil natural gas to the system. Therefore, four 
additional plant designs were studied in this analysis. These configura
tions are presented in Fig. 2.  

• Configuration C.1: the FT off-gas were recirculated at the RWGS 
reactor inlet. The recirculated stream included unreacted CO2, H2, 

CO and CH4, and other light hydrocarbons in a lower concentration. 
These underwent steam reforming according to reaction 17, 
increasing the yield of syngas production. NG was fed to the DAC 
section, in accordance with the DAC configuration proposed by Keith 
et al. [28].  

• Configuration C.2: the FT off-gas were recirculated to the DAC, 
substituting the NG stream. CH4 and light hydrocarbons underwent 
oxy-combustion inside the calciner reactor and combustion inside 
the combined cycle. The fraction of off-gas recirculated to the com
bined cycle allowed covering the electric needs of the DAC system, 
while the remaining flow ensured adiabatic operations of the 
calciner reactor.  

• Configuration C.3: the FT off-gas were recirculated to the RWGS 
reactor inlet and DAC unit. The off-gas recirculated to the DAC unit 
were distributed to both the combined cycle and calciner with the 
same criterion as in configuration C.2.  

• Configuration C.4: the FT off-gas is recirculated to the inlet of the 
RWGS reactor. The combined cycled and the absorption column are 
excluded from the DAC section, and the calciner is electrically 
heated.  

• Configuration C.5: even in this case the combined cycle and the 
absorption column are excluded from the model, and the calciner 
heat is provided by partial recirculation of the FT off-gas. The 
remaining part of the FT off-gas is fed to the RWGS reactor. 

Under all configurations, a fixed electric output of 30 MWel from the 
combined cycle turbine was assumed. Moreover, the airflow to the 
combined cycle compressor for case C.1, C.2, and C.3 was iteratively 
changed to reach an absorber column inlet temperature of 93 ◦C [28]. 

Concerning the possible issue of resource availability, the process 
uses natural gas in C.1, for which it may not be installed anywhere; thus, 
our study assessed four designs (C.2 to C.5) that do not require any feed 
of natural gas to the calciner nor the combined cycle in the DAC section. 
These configurations are completely decoupled from the natural gas 
infrastructure, hence without any restriction about the installation site 
from this standpoint. Additionally, they allow having a solution where 
the only carbon source is the air. Concerning water consumption, this 
cannot be avoided since water is the essential feed stream for hydrogen 
production through electrolysis and is also used in the knockout section. 
Hence, it is worth remarking that water availability is extremely 
important when assessing the techno-economic feasibility of this tech
nology and its integration in local contexts. 

In any recirculation solution, a minimum value of 5% of the FT off- 
gas was fed to the burner at the FT separation unit outlet, avoiding 
the accumulation of inert gases in the plant lines [54]. The off-gas per
centage sent to the RWGS in configurations C.3 and C.5 was evaluated 
accordingly: 

OG%RWGS = 95% − (OG%C.Cycle + OG%Calciner) (1) 

With the value to the combined cycle equal zero in C.5. NG had a 
composition of CH4/C2H6/CO2/N2: 89/4/3/4mol-%. Finally, endo
thermicity and exothermicity of the different plant components were 
exploited to reduce the total plant thermal needs. The pinch analysis 
methodology was applied, identifying the optimal energy integration of 
the whole plant under each configuration. 

Table 3 
RWGS reactor chemical reactions.  

Reaction ΔH0
298K[kJ/ 

mol] 
Reaction ΔH0

298K[kJ/ 
mol] 

11) CO2+H2 ↔ 
CO+H2O(v) 

+41 15) 2 CO+H2 ↔ 
H2O(v)+C(s) 

− 131 

12) CO+3H2 ↔ 
CH4+H2O(v) 

− 165 16) CnHm ↔ nC+(m/ 
2)H2 

e.g. + 791 CH4 

13) CO2+4H2 ↔ 
CH4+2H2O(v) 

− 206 17) CnHm+nH2O(v) 

↔ 
e.g. + 206 CH4 

14) 2CO↔CO2+C(s) − 172 nCO+(n + m/2)H2   

Table 4 
FT reactor chemical reactions.  

Reaction ΔH0
298K[kJ/mol] 

18) CO+2H2↔ -(CH2)-+H2O − 165 
19) nCO+(2n+1)H2↔CnH2n+2+nH2O Paraffins 
20) nCO+(2n)H2↔CnH2n+nH2O Olefins  
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2.5. Economic assessment 

To complete the investigation, an economic assessment was 
included. Starting from the mass and energy balances, the capital cost 
(CAPEX) and the annual operating costs (OPEX) of each system were 
computed, assuming:  

• 8,000 operating hours per year;  
• plant lifetime of 25 years;  
• 2019 as the year for cost estimations (Chemical Engineering Plant 

Cost Index, CEPCI: 619 [55]);  
• Costs in euros, at an exchange rate $/€ of 1.145 when applied;  
• no remuneration of invested capital;  
• nor depreciation nor taxes, to be as more site-independent as 

possible. 

The investment cost of the system was computed starting from 
exogenous data found in literature, adopting a top-down approach:  

• for the DAC subsystem, a unit capital cost of 733 €/tCO2 y was 
assumed, actualizing the value provided by Fasihi et al. [9] for the 
installation of the N-th DAC plant and referred to an estimate by 
Carbon Engineering [56], including direct field costs, non-field costs 
and indirect costs. For the electrified configuration C.4 and config
uration C.5 without combined cycle a cost of 562 €/tCO2 y and 549 
€/tCO2 y for the N-th DAC installed unit was assumed, respectively 
[9].  

• The bare erected cost (BEC) of the heat exchanger was assessed as a 
function of their power (S, in kW) [57]: 

BECHX = 1.3∙144
(
S

150

)0.78

(2)  

where 144 k€ (2019, i.e., 130 k€ in 2015) is the bare module cost of a 
150-kW heat exchanger and 1.3 is the installation factor. Indirect costs 
were assessed as half of the bare module cost [57]. This cost function is 

in good agreement with the one provided by Atsonios et al. [58] for 
large-size heat exchangers.  

• For an alkaline electrolyzer (including the stack, power converters, 
water purification system, gas purification unit and water recircu
lation pump) with a nominal size equal to PWE (kW), the following 
function fitting the data reported in [59] was derived: 

c̃BM, WE

[ €
kW

]
= 1437⋅PWE − 0.095 (3)    

• The RWGS, the syngas compressors, the burner and the distillation 
column costs were evaluated utilizing eq. 4, as follows: 

Ci = Cref, i

(
Si
Sref ,i

)n(CEPCI2019

CEPCIref ,i

)

(4) 

Being S and Sref the model and reference size of the i-th component 
according to Table 5, C and Cref the capital cost of the i-th component.  

• Decker et al. [63] provided a linear cost function for the FT system, 
with a specific capital cost of 530 €/kW and an installation factor 
equal to 2. 

The sum of the capital costs after contingencies and installation 
factors of the different sections represented the plant CAPEX, assuming a 
confidence range of the investment costs as ± 30 % [64]. 

Fig. 2. Configurations studied in this work. Recirculation options are highlighted with red-dashed lines.  

Table 5 
Cost parameters used for the RWGS, syngas compression, FT products distilla
tion column and burner.  

Element n Sref Cref Ref. 

Burner 0.80 20.00 MW 1.97 M€ [60] 
Syngas Compressor 0.68 0.413 MW 0.49 M€ [60] 
Distillation Column 0.70 6.590 t/h 0.73 M$ [61] 
RWGS 0.65 43.00 t/h 32.0 M$ [62]  
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The operating costs of the system were allocated to the different 
sections according to Table 6, which included electrical and non- 
electrical related costs derived from the systems operations. Catalysts 
replacements in the reactors were assumed every 3 years of operations 
[64]. 

For the electrolyser replacement, we have assumed its substitution 
every 10 years, with a direct dependency over the capacity of the device, 
according to the following equation [66]: 

AlkRepl.
[ €
kw

]
=

2
3

0.4 AlkCapex (5) 

Moreover, the sensitivity of the power-related OPEX (i.e., sensitivity 
over the electric costs) to the market price of electric energy from 
different renewable sources was assessed, considering the global- 
weighted costs valid in 2019 and taken from [68]:  

• 41.05 €/MWh hydropower;  
• 46.29 €/MWh – onshore wind;  
• 59.39 €/MWh – PV;  
• 63.76 €/MWh – geothermal;  
• 100.44 €/MWh – offshore wind;  
• 158.95 €/MWh – CSP (concentrated solar power).  
• 210.00 €/MWh – Baseload electricity from hybrid PV-wind power 

plant [69]. 

Among the selected sources, hydropower can be considered the 
cheapest solution, but also constrained to resource availability 
throughout the year. Additionally, such a resource might be used for 
direct power demands, rather than being utilized in CCU routes. How
ever, studies assessing the production of synthetic fuels and hydrogen 
with hydropower are available from the open literature [70,71], with 
the possibility of also matching power production and demand [72]. 
Moreover, the use of direct renewable energy might be non-trivial and 
affected by fluctuation and location, with the need of expensive 
hydrogen storage solutions at 470 €/kgH2 [49] (e.g., in PV or wind ap
plications). Hence, baseload operations were also considered, as high 
capacity CCU plants for synthetic hydrocarbons can be connected to the 
electric grid supposing a feed of mixed renewable energy sources [69]. 
Adopting such a solution, might not represent cost-optimized values, 
depending on the site of installation. 

The systems revenues were derived considering the sale of residual 
oxygen from the steam electrolysis not consumed internally to the sys
tem (sale value €/kgO2 0.15 [73,74]) and the FT products of carbon 
number C5-C20 separated from the resulted heavy wax fraction (i.e., 
naphtha at 0.31 $/l and middle distillates at 0.5 $/l [67]). 

The discounted cash flow analysis [75] was performed considering 

three values of the interest rate to account for different levels of in
vestment risks (i = 0% - low risk; i = 7.5 % - medium risk; i = 12.5 % - 
high risk), assuming total capital expenditure at year 0 [56]. The cash 
flow at the kth year consists of the sum of the operating costs:  

• Free Cash Flow: 

FCFk = OPEXk − Revenuek (6)    

• Discounted Cash Flow: 

DCFk =
FCFk
(1 + i)k

(7)    

• Net present value, i.e. the total money flow during the plant lifetime 
(nlife): 

NPV = CAPEX +
∑nlife

k=1
DCFk (8) 

Lastly, at each interest rate value, the cost of Fischer-Tropsch waxes 
production was assessed [€/kgwax], considering as lower and upper 
boundaries the electricity generation costs of hydropower and CSP 
sources, respectively: 

Wax cost =
NPV

ṁwaxout∙AF
(9) 

where ṁwax,out, is the wax mass flow rate. AF is the annuity factor 
computed as: 

AF =
1 − (1 + i)− nlife

i
=

∑nlife

k=1

1
(1 + i)k

(10)  

2.5.1. Future production costs 
In the case of baseload electricity, the cost of producing FT waxes 

was assessed with reference to the year 2030 and 2050 by application of 
learning curves for the involved technologies and reduction in the 
baseload power cost. 15 % learning rate was assumed for the DAC unit, 
as reported in [9]. The cost of alkaline was reduced over time to 415 
€/kW and 220 €/kW in 2030 and 2050, as listed by Gorre et al. [76]. 
Finally, 10 % learning rate was included for the installation of 100 units 
for the RWGS and FT, in accordance with the statements available from 
[77] and [78]. The baseload electricity cost corresponded to 75 €/MWh 
and 60 €/MWh in 2030 and 2050, respectively [69]. 

2.6. Key performance indicators 

Key performance indicators (KPIs) were evaluated for each plant 
solution. The specific plant energy consumption was estimated and 
expressed both in terms of CO2 removed from the air and FT waxes 
production, and expressed as kWh/kgCO2 and kWh/kgwax, respectively: 

ESPCO2
=

Welin + Qthin + ṅNG⋅LHVNG

ṁCo2rem

(11)  

ESPwax =
Welin + Qthin + ṅNG⋅LHVNG

ṁwaxout
(12)  

ṁCo2rem
=

(
ṁCO2AIRin

)
–
(

ṁCO2AIRout
+ ṁCO2EXHout

)
(13)  

where ṁCO2,air,in, ṁCO2,air,out and ṁCO2,exh,out are the mass flow rate of CO2 
in the streams denoted as “Air in”, “Air out” and “Exhaust” in Fig. 1. The 
Wel,in and Qth,in terms represent the net electrical and thermal power 
required by the plant (kW), respectively. ṅNG is the molar flow rate of NG 
(mol/s). LHV is the lower heating value of NG (kJ/mol). 

The carbon efficiency (ηC) was also evaluated. This parameter 

Table 6 
Operating costs of the different sections of the system. aReference to the section 
CAPEX. bIncludes syngas compression, products distillation, and off-gas 
combustor.  

OPEX Value Ref. DAC Alk HEN RWGS FTb 

Non-electric costs        
O&M (% CAPEXa) 3.70 

3.00 
[9] 
[60,61, 
62,65] 

X X X X X 

Water consumption 
(€/m3) 

0.09 [56] X X X   

Alk. repl. every 10 
years (k€/kW) 

Eq.  
(5) 

[66]  X    

Cat. repl. every 3 
years (%) 

1.00 [64]    X  

Cat. repl. every 3 
years (€/kg) 

112.9 [67]     X 

NG to CC/calciner 
(€/MWh) 

11.3 [56] X     

Electric costs –  X X X  X  
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accounted for the carbon that is converted into FT liquid products in all 
the considered configurations. 

ηC =

[(
ṅCAIRin

+ ṅCNGin

)
–
(
ṅCAIRout

+ ṅCEXHout

) ]

ṅCAIRin
+ ṅCNGin

(14) 

ṅC,AIR,in and ṅC,NG,in are the molar flow rates of carbon entering the 
system with “Air in” flow rate and the NG stream, respectively. ṅC,AIR,out 
and ṅC,EXH,out are the molar flow rates of carbon leaving the system with 
“Air out” flow rate and the exhausts of the burner after the FT, 
respectively. 

The efficiency of carbon dioxide removal from the air (ηCO2) was 
evaluated according to the following formula: 

ηCO2
=

[(
ṅCO2AIRin

)
–
(

ṅCO2AIRout
+ ṅCO2EXHout

) ]

ṅCO2AIRin

(15) 

ṅCO2,AIR,in is the molar flow rate of carbon entering the system with 
“Air in” stream. ṅCO2,AIR,out and ṅCO2,EXH,out are the molar flow rates of 
carbon leaving the system, respectively, with the “Air out” flow rate and 
the exhausts of the burner. 

The total plant efficiency (ηGl) was computed as the ratio of the 
chemical power of the FT liquid products to the plant consumption of 
electricity (including electrolysis demand), external heat and NG supply 
(where LHV stands for lower heating value) as follows: 

ηGl =

∑
ṅFTliq ∙LHVFTliq

Welin + Qthin + ṅNG∙LHVNG
(16) 

In Eqs. ((13)–(15)), the terms referring to NG stream existed only for 
configuration C.1. 

3. Results and discussion 

3.1. Mass balances of analysed configurations 

The results regarding the mass balances are summarized in Table 7. 
Concerning the DAC section, all configurations process 250,000 t/h of 
air, containing 150 t/h of carbon dioxide. This flow joins the gas coming 
from the absorber, where CO2 is captured from the exhausts of the 
combined cycle for C.1, C.2 and C.3. Apart from the baseline configu
ration C.1, the only source of carbon material is the ambient air stream 
entering the system. Contrarywise, in configuration C.1 the sources of 
carbon material are ambient air and NG. The latter injects an additional 
stream with 14.5 t/h of C into the plant. 

Regarding the FT synthesis section, configuration C.1 provides 207.3 
t/h of gas fraction and 33.6 t/h of the liquid fraction. The products 
distribution is presented in Fig. 3. In the same figure, the distribution is 
broken down into its main contributors: the figure highlights the dif
ference between the gas fraction, separated in the liquid-liquid-gas 
separator at the outlet of the FT reactor, and the olefins and paraffins 
in the liquid fraction. The gas fraction is mainly composed of methane, 
which also accounts for 38.6 %-mol of the total FT products, with a 
lower concentration of light hydrocarbons up to carbon number C4. 
Considering the liquid fraction, paraffins represent the most relevant 
compound contributors, with a peak around carbon number C7-8, while 
the olefins can be considered relevant in the carbon number range C2-12, 
with a peak around C6-7. This is in good agreement with the research in 
the field of cobalt-based FT synthesis, where the paraffin fraction is 
increasingly more influent over the olefins at increasing carbon numbers 
[79]. It is to note that the total distribution follows the modification of 
the AFS theory for FT products, as predicted by the kinetic model, and it 
reaches a linearization of the curve for carbon number higher than 
C18-20. However, compared to the traditional FT distribution, there ex
ists a shift towards heavier hydrocarbons, due to the recirculation of the 
FT off-gases, providing a local peak at C7 (a direct comparison of the FT 
distribution with and without recirculation is available in the 

Supporting Material). 
Depending on the recirculation solution applied (to the RWGS and/ 

or the DAC) the throughput of synthetic material collected at the outlet 
of the FT reactor changes, and so does the FT distribution. Such a trend 
can be noticed from the results listed in Table 7 and from the FT dis
tributions provided in Fig. 4. With respect to the production of FT ma
terial, configurations C.2 to C.5 all present a slight reduction in the total 
amount of FT hydrocarbons with respect to the baseline C.1: the dif
ference is particularly significant for products with a carbon number 
higher than C4 (C5 for configuration C.2). Configuration C.1 seems to be 
the most suitable solution when targeting a high amount of FT liquid 
products. This behavior could be linked to different factors. Firstly, C.1 
introduces in the system more carbon with the NG flow, determining a 
higher amount of carbon material looping in the plant that reacts to 

Table 7 
Mass balance information.  

Mass flow rate 
[t/h] 

C.1 C.2 C.3 C.4 C.5 

Air inlet 250000.0 250000.0 250000.0 250000.0 250000.0 
Air outlet 248354 248379.7 248377.9 248163.1 248163.1 
C. Cycle 

Exhausts 
232.5 244.1 242.9 0.0 0.0 

Absorber Solvent 347.0 290.2 287.3 0.0 0.0 
Air Contactor 

Solvent 
2767.7 2764.2 2761.7 2681.6 2681.6 

H2O Knockout 531.0 531.0 531.0 531.0 531.0 
Natural Gas to C. 

Cycle 
12.2 – – 0.0 0.0 

Natural Gas to 
Calciner 

110.1 – – 0.0 0.0 

Air to C. Cycle 220.3 223.1 223.6 0.0 0.0 
Air to Burner 222.4 189.1 92.2 146.9 140.4 
Burner Exhausts 233.8 207.7 98.7 152.7 148.7 
Condensed H2O 130.9 75.1 84.1 74.5 94.3 
CO2 to RWGS 

section 
123.9 159.9 149.7 93.9 142.4 

H2O electrolysis 250.5 211.3 234.4 193.3 256.5 
O2 electrolysis 133.5 113.1 124.9 103.4 137.2 
to Calciner 29.5 % 33.7 % 29.8 % – 25.5 % 
FT Products 240.9 99.0 117.3 114.5 163.2 
Gas fraction to 

burner 
11.4 18.4 6.5 5.8 8.3 

Gas fraction 
recirculated 

195.9 67.4 92.3 82.1 128.6 

Liquid/Wax 
fraction      

(C5-C11) 11.98 5.01 6.98 9.94 9.75 
(C11-C20) 12.9 4.7 6.63 9.72 9.66 
(C20+) 8.7 3.5 4.8 6.94 6.83 
Gas fraction 

recirculation      
to RWGS 95.0 % – 37.1 % 95.00 % 77.30 % 
to C. Cycle – 24.9 % 19.9 % – – 
to Calciner – 54.7 % 38.0 % – 22.70 %  

Fig. 3. FT products distribution of C.1: global FT distribution (black dashed 
line) and break-down of the products’ components. 
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synthetic FT compounds. Secondly, C.2 and C.3 deliver a part of the 
carbon dioxide entering the system back to the air contactor, whose 
capture efficiency of 75 % determines a small loss of carbon material 
towards the environment [28]. This could also explain the slightly lower 
synthesis of FT compounds in configuration C.3 with respect to C.2, 
although both designs recycle 95 % of the off-gas. Finally, configurations 
C.4 and C.5 present very similar production results in terms of liquid 
fraction. In case C.4, carbon dioxide is looped only within the RWGS 
reactor, determining a conversion to CO by reaction with unconverted 
hydrogen. Contrarywise, in C.5 part of the FT off-gas are sent to the 
calciner for the oxy-combustion process, determining a rise in the CO2 
content sent to the RWGS and the latter higher demand for hydrogen and 
a higher throughput of light gases. 

In terms of products distribution, configuration C.2 should be dis
carded, as the shift towards heavy hydrocarbons is not as remarkable as 
in the other cases. C.1 can be a profitable solution to shift towards high 
molecular weight products, but it presents a distribution peak at C7 (the 
highest carbon number peak among the configurations, as depicted in 
the zoomed section of Fig. 4) which turns in a tail at carbon number 
higher than C40-45 going towards C.2. Lastly, configurations C.3, C.4, 
and C.5 suggest being the most suitable solution when targeting heavy 
hydrocarbons due to the higher concentration of products with a carbon 
number higher than C20+. This result is interesting from an economic 
standpoint, since recent market analyses report demand for heavy waxes 
in the paraffinic form [80]. 

As a matter of fact, looping the FT off-gas to the DAC and the RWGS 
units allow reforming of light hydrocarbons. Moreover, dragging inert 
nitrogen in the recirculated flows could influence the partial pressures of 
reactants in both the RWGS and the FT reactors and their efficiencies, 
shifting the selectivity towards heavier hydrocarbons [4,81]. Remark
ably, no solid carbon is deposited onto the RWGS reactor in any of the 
cases, thus no addition of external oxygen carrier to this reactor is 
required (See supporting material for C-deposition check). 

3.2. Energy balance 

The information about energy balances is provided in Table 8. 
Considering the electric power, the electrolyzer is the most energy- 
intensive component, accounting for more than 85 % of the absorbed 
power regardless of the system configurations. Remarkably, C.4 is the 
configuration with the lowest electrolyzer consumption, possibly due to 
a more virtuous hydrogen management provided by the FT off-gas 

recirculation to the RWGS only. Contrarywise, when recycling the FT 
off-gas to the DAC unit, hydrogen exists the system in the form of water, 
due to reaction in the calciner reactor. However, configuration C.4 re
quires 128 MWel to sustain the reactions evolving in the electrified 
calciner. 

Regarding the chemical power of NG, this directly depends on the 
mass flow rate entering the combined cycle and the calciner. 64 % of the 
power content of the NG is fed to the calciner in C.1. Moreover, given the 
higher amount of FT liquid products obtained in C.1, this configuration 
also provides the highest energy content in the synthetic hydrocarbons. 
However, such a thermal power is completely avoided for all the other 
configuration, where NG is excluded. 

With respect to the thermal power of the system, the heaters absorb 
more than 60 % of the required thermal power, with a peak of 86.2 % 
required for the heaters in configuration C.2 and 64.3 % as the lowest 
condition in design C.1. Similarly, coolers in design C.1 require 58.8 % 
of the cooling power, whereas in C.2 account for 70.9 %, C.3 65.3 %, C.4 
61.2 %, C.5 64.1 %. Concerning the main components of the plant, the 
washer and the absorber column disperse thermal power to the 

Fig. 4. FT products distribution: scenarios comparison on molar share.  

Table 8 
Energy balance information for each configuration.  

[MW] C.1 C.2 C.3 C.4 C.5 

Electric power      
Auxiliaries 0.92 0.69 0.72 0.63 0.83 
CC Compression 22.06 22.35 22.40 0.00 0.00 
FT compression 101.05 32.26 43.81 59.09 66.25 
Electrolysis 838.09 707.16 784.31 646.74 858.14 
CC Turbine − 30.01 − 30.00 − 30.03 0.00 0.00 
Slake Steam-Turbine − 22.39 − 24.92 − 24.95 − 21.88 − 25.06 
Chemical content      
NG/FT off-gas CC 140.54 0 0.00 0.00 0.00 
NG/FT off-gas 

Calciner 
127.55 0 0.00 0.00 0.00 

FT liquid products − 419.78 − 166.49 − 235.84 − 337.73 − 331.21 
Thermal power      
Heaters 343.03 293.80 301.00 334.51 324.75 
Coolers − 507.80 − 339.40 − 339.60 − 339.22 − 386.63 
RWGS reactor 182.12 41.14 69.53 123.67 117.86 
FT reactor − 210.36 − 80.94 − 111.30 − 154.80 − 159.81 
Pellet reactor − 13.14 − 6.77 − 6.93 − 5.47 − 5.47 
Slaker reactor − 46.31 − 41.89 − 41.89 − 46.31 − 41.89 
TG Comb − 81.27 − 1.97 − 11.14 0.00 0.00 
Calciner 0.00 0.00 0.00 128.47 0.00  
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environment, while calciner operates at adiabatic conditions, besides 
under configuration C.4. However, heat fluxes exchanged by the flows at 
inlets and outlets of these components are considered in the heaters and 
coolers. The RWGS reactor is the most critical component: it requires a 
high amount of thermal power for isothermal conditions, with C.1 
requiring 182 MWth for operations as the highest value, and C.2 
requiring 41 MWth as the lowest value (Fig. 5). 

3.3. Thermal integration 

Thermal integration among cold and hot streams through a network 
of recovery heat exchangers (ΔTmin = 15 ◦C) was investigated applying 
pinch analysis methodology to minimize the heat supply from the 
environment. Fig. 6 provides the results on the pinch analysis applied to 
the considered system configurations. Both hot and cold composite 
curves are shown. Table 9 presents the thermal energy required by each 
case before and after optimal energy integration. It is worth noting how 
the integration process sensibly reduces the heat required by the plant. 

Even in this case, it is possible to address the RWGS reactor as the 
most critical thermal sink, creating a plateau at 800 ◦C. In the case of 
surplus energy demand, electric heaters could supply the required 
amount. Moreover, in all the cases studied, three plateaux can be 
identified in the hot composite curves at 300 ◦C, 230 ◦C and 99 ◦C 
corresponding to the slaker reactor, the FT reactor and the phase change 
of the steam leaving the slaker steam turbine, respectively. The first two 
heat fluxes can potentially be employed to heat low-temperature 
streams (e.g., the steam entering the slaker), and to preheat the gas 
mixture entering the RWGS reactor 

3.4. Key performance indicators 

KPIs were evaluated considering each case under the optimal energy 
integration presented in section 3.3: these are presented in Table 10. 
Configuration C.1 has the highest energy consumption per mass of CO2 
removed from the air (ESPCO2 = 13.9 kW h/kgCO2) due to the feeding of 

extra natural gas. However, it reaches the midd value of 154.7 kW h/ 
kgwax thanks to the highest production of FT material. It also presents a 
plant efficiency ηGl of 31.2 %, a CO2 removal efficiency ηCO2 of 64.4 % 
and a carbon efficiency ηC of 73.8 %. The latter is the highest among the 
configurations, due to the presence of additional carbon material fed 
with natural gas. 

On the contrary, it is possible to note how solution C.2 provides the 
highest energy consumption when referred to the amount of FT waxes 
produced by the system (210.5 kW h/kgwax), as well as the lowest system 
efficiency and carbon conversion (58.1 % and 22.6 %). Hence, once 
again, configuration C.2 shall be discarded. It is to note that the carbon 
conversion and the CO2 conversion efficiencies of C.2-C.5 are the same, 
as no additional carbon is fed with the avoidance of fossil natural gas. 

Moreover, C.3 ηGl and ηC are only a few percentage points lower than 
the corresponding values of C.1, and it is important to remark that 
configuration C.3 has the highest value of carbon dioxide removal from 
the air (almost ηCO2 = 70 %). This means that substituting the flow of NG 
with FT off-gas considerably increases the usage of carbon material 
captured from the air, and it is beneficial from an environmental point of 
view, when presenting high FT off-gas recirculation rates. From this 
point of view, even C.4 and C.5 have better performance than C.1, both 
as global plant efficiency and conversion of carbon dioxide into FT 
material. Moreover, configuration C.4 provides the highest ηGl at 36.5 
%, connected to the much lower electric demand of the electrolyser. 

Thus, from a production perspective, configuration design C.1 can be 
preferential. Nonetheless, configuration C.3 results in a most suitable 
solution to extract CO2 from the air, with C.4 and C.5 outperforming C.1 
also in terms of plant efficiency. 

4. Economic evaluation 

The economic analysis provides the systems installation and opera
tions costs, as well as economic indicators identified in the FT wax 
production cost and the CO2 removal cost. 

Fig. 5. Inlet and outlet power for the main plant components: electric (top) and thermal powers (bottom) are shown.  
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4.1. Capital cost 

Following the methodology described in Section 2.5, an overall 
CAPEX of 1.87 G€ (billions of €) was obtained for the baseline scenario 
C.1. From Fig. 7 it is possible to note a reduction of the CAPEX value of 

14–23 % in scenarios C.2 to C.5. Specifically, this is mainly related to a 
lower cost of the RWGS and the FT reactors units, where a higher 
amount of material processed in C.1 determine a rise in their capital 
costs. Additionally, for configurations C.4 and C.5, the reduced value is 
connected to the lower installation costs applied for the DAC section, 
either electrified or without the combined cycle section [9], and the 
reduced size of the electrolyser of C.4. In all the studied configurations, 
the DAC unit accounts between 28.6 % (in C.5) to 39.2 % (in C.2) of the 

Fig. 6. Hot and cold composite curves for each configuration derived by the Pinch Analysis: a) C.1; b) C.2; c) C.3; d) C.4; e) C.5.  

Table 9 
Energy integration effect on the plants heat demand.  

[MWth] C.1 C.2 C.3 C.4 C.5 

Heat Demand W/o Integration 531.0 342.8 379.0 592.4 487.9 
Heat Demand W/ Integration 168.2 28.8 63.7 111.8 109.1  

Table 10 
Key performance indicators results.  

KPI C.1 C.2 C.3 C.4 C.5 

ESPco2 [kWh/kgCO2] 13.9 8.5 8.4 9.2 10.1 
ESPwax [kWh/kgwax] 154.7 210.5 179.2 133.4 147.8 
ηC 73.78 % 58.1 % 68.3 % 67.2 % 66.4 % 
ηCO2 64.4 % 58.1 % 68.3 % 67.2 % 66.4 % 
ηGl 31.2 % 22.6 % 27.2 % 36.5 % 32.8 %  

Fig. 7. Distribution of the CAPEX in the different sections of the CCU plant.  
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total CAPEX, the electrolyser between 14%–18%, while the FT synthesis 
unit and distillation unit account for 6–15 % of the CAPEX. A detailed 
cost breakdown is provided in Table S5 of the Supporting Material. 

4.2. Operating costs 

With a comprehensive estimation of the operating costs starting from 
the mass and energy balances of the plant, the breakdown of the OPEX is 
provided in Fig. 8, with a presentation of both non-electric and electric 
OPEX. In all the studied configurations, the sum of the non-electric 
OPEX ranges between 89 and 129 M€/y, corresponding to C.4 and 
C.1, respectively. The non-electric OPEX value is counterbalanced by the 
revenues from the sale of the process by-products: oxygen, naphtha, and 
middle FT distillate. Specifically for configurations C.1, C.4, and C.5, the 
revenues exceed the non-electric OPEX (149 vs. 129 M€/y, 135 vs. 89 
M€/y, and 134 vs. 100 M€/y, respectively), with a beneficial effect on 
the plant economics. In configuration C.3, the same value of revenues 
and non-electric OPEX is reached (103.2 and 104 M€/y, respectively), 
while C.2 has non-beneficial costs, with the non-electric OPEX being at 
102 M€/y and revenues at only 81 M€/y. 

Moreover, the cost of running the electrically fed equipment of the 
plants was studied (i.e., electric OPEX). The biggest contribution to the 
electric operating costs is represented by the electrolysis section, in 
compliance with the outcome of the energy balance (Table 8). 
Depending on the plant configuration, this cost represents between 
70–78 % of the electric OPEX in the scenario fed with hydropower- 
generated electricity, and up to 79–90 % in in the scenario employing 
CSP electricity. Lastly, the overall highest electric OPEX was found in the 
process design C.1. As expected, based on the costs selected, the hy
dropower is the most effective solution, reaching the lowest values of 
electric-related OPEX. However, as mentioned in the Methodology sec
tion, the cost of electricity based on baseload values from mix RES 
provides a more conservative value [69]. 

4.3. Production costs 

Fig. 9 depicts the costs of FT waxes production evaluated according 
to eq. (8). Configuration C.1 and C.4 reach similar wax production costs, 
with this C.4 being the most promising configuration. In this case, the 
wax production cost ranges between 5.05 €/kgwax and 25.0 €/kgwax at 
0% interest rate, 6.3 €/kgwax and 26.3 €/kgwax at 7.5 %, and 7.4 €/kgwax 
and 27.4 €/kgwax at 12.5 %, where the lower costs result from hydro
power electricity feed and the higher costs from mixed RES baseload 
electricity feed. In the case of C.1, its low production cost can be related 
to the high amount of Fischer-Tropsch material that is produced. On the 
contrary, for C.4, such a cost is related to the low installation cost and 
operating costs. Moreover, even from a cost of wax production point of 
view, configuration C.2 shall be discarded as preferential one, given the 

high installation costs and low throughput of FT compounds. Finally, 
configuration C.3 and C.5 are the intermediate solutions, with C.5 
reaching a lower production costs given the avoidance of the combined 
cycle unit. For this configuration, the cost range corresponds to 6.7–32.3 
€/kgwax at 0% interest rate, 8.0–33.7 €/kgwax at 7.5 %, and 9.2–34.8 
€/kgwax at 12.5 %. 

From an FT production cost point of view, the present system results 
in a higher marginal value compared to market fossil-derived paraffin 
wax cost that is about 2.50 €/kgwax, even when considering low-priced 
electricity scenarios [82,83]. This can be related to the electrolyser and 
DAC units cost, which may be economically unfeasible without carbon 
credits or incentives. For instance, Karki et al. [84] determined a cost of 
2.40 €/kgwax (carbon number C18+) when exploiting the CO2 from a 
concentrated point source, making the source of CO2 economically 
relevant. Hence, external incentives would be required for the feasible 
production of synthetic material with this type of route. As stated by 
Herz et al. [83], a CO2 compensation of 300 €/tCO2 might allow the 
market entry of alternative-to-oil routes for hydrocarbons production. 
Considering the upper-cost reference of 2.50 €/kgwax, the present system 
would reach a feasible solution under configuration C.1, C.4, and C.5 at 
interest rates of 0% (compensation of 204 €/tCO2, 175 €/tCO2, and 287 
€/tCO2, respectively) and configuration C.1 and C.4 at interest rate of 7.5 
% (compensation of 282 €/tCO2 and 264 €/tCO2) in scenario of electricity 
supply from hydropower source. If onshore wind electricity was to be 
employed, the feasibility would be granted only at 0% interest rate for 
configurations C.1 and C.4, with a carbon dioxide compensation of 282 
€/tCO2 and 264 €/tCO2, respectively. Contrarywise, for C.4 (the most 
promising configuration) if baseload electricity was utilized, a credit 
1549 €/tCO2 would be needed. 

4.4. Future production cost 

Utilizing baseload electricity of mixed source is currently unfeasible, 

Fig. 8. Revenues and operating costs considered in the definition of the free cash flow.  

Fig. 9. Ranges of the cost of FT waxes production under different interest rates. 
The minimum price level corresponds to hydropower electricity source, the 
maximum to baseload one. 
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from both a waxes production cost point of view and a possible 
compensation related to the amount of carbon dioxide removed from the 
air. Hence, in accordance with the forecast analyses proposed by Fasihi 
et al. [9,69] and Gorre et al. [76], the costs of FT waxes production in the 
year 2030 and 2050 are provided in Fig. 10. Predictably, both the 
application of experience rates on the cost of components and a reduc
tion of the baseload electricity cost provide a sensible reduction in the 
year 2030 and 2050 compared to the baseline analysis. Predictably, 
configuration C.4 remains the most profitable solution: at year 2030 the 
wax production cost ranges from 7.9 €/tCO2 to 9.0 €/tCO2, and 5.9 and 
6.7 €/tCO2 at the year 2050 (Table 11). Such a cost could be further 
reduced if the actual learning rates of the DAC and electrolyser tech
nologies would increase up to 20%. 

5. Conclusions 

In the baseline configuration, 124 t/h of CO2 are utilized to syn
thesize 8.7 t/h of Fischer-Tropsch waxes, with a plant efficiency (ηGl) of 
33.2 %. In configurations C.2, C.3, C.4 and C.5, the net FT waxes pro
duction corresponds to 3.5 t/h, 4.8 t/h, 6.9 t/h and 6.8 t/h, respectively. 
Consequently, the plant efficiency changes to 22.6 %, 27.2 %, 36.5 %, 
and 32.8 %, respectively, due to the variation in both the FT production 
and energy consumption. Lastly, ηCO2 varies to 58.1 %, 68.3 %, 67.2 %, 
and 66.4 % in C.2, C.3, C.4, and C.5 configurations, respectively, starting 
from the baseline value of 31.2 % (configuration C.1). Hence, consid
ering only the production of FT material, configuration C.1 is the most 
effective solution. However, this configuration comes with the drawback 
of utilizing natural gas, a fossil material that has to be avoided. Hence, 
this configuration should be avoided. From an environmental point of 
view, configuration C.3 is the most effective in removing carbon dioxide 
from the air, only one percentage point higher than in configuration C.4. 
Finally, configuration C.4 is the best one when considering the overall 
production costs of FT waxes. If utilizing hydropower electricity source, 
this cost corresponds to 5.05 €/kgwax. Carbon credits can provide a 
feasible market entry of this CO2-to-FT wax route, that helps offsetting 
the high capital cost of the DAC unit. At 7.5 % interest rate for the 
scenario C.4, the FT wax breakeven can be reached at 264 €/tCO2 with 
electricity from hydropower source. At 0% interest rate, the same result 
is reached with 175 €/kgCO2 as credits. Moreover, if utilizing baseload 
electricity, profitable applications of this process route shall be expected 
from the year 2030, when a reduction of the components cost (DAC, 
electrolyser, system reactors) and of the baseload electricity cost from 
mixed RES can be expected. 
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