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Abstract

The global transition towards a less fossil-dependent, circular economy
demands innovative technologies for the alternative production of fuels and
industrially-relevant chemicals. This should be done in complementarity with the
management of persistent waste streams, primarily end-of-life plastics and
lignocellulosic biomass. Ex-situ catalytic fast pyrolysis (CFP) presents a flexible
platform for the valorization of biogenic and non-biogenic carbon sources. This
study investigates the potential for upgrading pyrolysis vapours derived from
waste polyolefins and olive stone biomass using a dual spouted-bed/fixed-bed
pyrolysis unit. It provides insights in the understanding of how these chemically
distinct feedstocks behave under comparable process conditions. The influence of
key process parameters on product distribution, catalyst performance and
deactivation was examined, highlighting the specific challenges and opportunities
associated with each material.

This work begins with a detailed state-of-the-art providing a comprehensive
overview of the potential roles of biomass and plastic waste in the transition
towards a sustainable and circular economy and of catalytic cracking of pyrolysis
volatiles as a strategy for upgrading raw pyrolysis products. The mechanisms of
catalytic fast pyrolysis (CFP) are explored, including the role of different catalyst
types (zeolites, metal oxides, and basic materials) in reducing oxygen content, and
improving fuel quality. Particular attention is given to the challenges posed by the
chemical diversity of biomass- and plastic-derived vapours, and how catalyst
design and process conditions can be tailored to address these issues.
Subsequently, the materials and methods used in the experimental investigation
are described in detail. This includes the characterization of feedstocks (a
polyolefin mixture and olive stone biomass), the selection and preparation of
catalysts, the design and realization of a dual spouted-bed/fixed-bed pyrolysis



reactor and the experimental procedures used to quantify product yields, assess
catalyst performance, and evaluate deactivation phenomena.

The results obtained can be synthesized as reported. For the upgrading of
olive stone, the effect of space-time, primary pyrolysis temperature and cracking
temperature on product yields and quality and on catalyst deactivation was
investigated. The primary pyrolysis temperature was identified as the dominant
parameter controlling the initial composition of the bio-oil precursors. Space-time
and cracking temperature increase led to lower oil yield and higher yield of gases
and water. Deactivation was consistently more severe compared to the case of
polyolefin pyrolysis, with a coke content of =10 wt.% after 45 minutes of
continuous operation due to the presence of highly reactive phenolic and
oxygenated compounds in the biomass-derived vapours, which act as potent coke
precursors. Deactivation was also confirmed by the evident reduction in surface
area and micropore volume of the zeolite.

A screening of seven catalysts—including zeolites (HZSM-5, HY), metal
oxides (y-Al20s), basic catalysts (dolomite), and homemade iron-based and waste-
derived materials—established that catalyst functionality must be tailored to the
specific upgrading objective. While HZSM-5 remained the benchmark for
aromatization and reduction of light oxygenated compounds, calcined dolomite
proved exceptionally effective for bio-oil deacidification, reducing organic acid
content from 15.1% to just 0.5% via its basic sites. Other y-Al.Os-based catalysts
and Fe/dolomite did not exhibit remarkable performances, and more work is
needed to explore their potential.

The investigation into polyolefin upgrading over a HZSM-5 zeolite revealed a
trade-off between the production of light olefins and BTX aromatic hydrocarbons.
The catalyst is able to completely crack heavy waxes, and a clear optimum was
identified for light olefins (Cz-Ca) production, achieving a maximum yield of 77.1
wt.% at a space-time of 10 gcar min/gplasiic. Increasing the space-time beyond this
point led to secondary reactions, consuming olefins to produce a higher yield of
BTX aromatics. Deactivation studies suggested that while higher cracking
temperatures (500°C) ensured catalyst stability, lower temperatures (450°C)
yielded slightly more BTX despite causing more severe and rapid deactivation
due to coking from uncracked wax precursors, resulting in 18.1% loss in BET
surface area. Moreover, space-time had a limited effect on deactivation when the
temperature was kept at 500°C. Coke content on the catalyst was always lower
than 3 wt.% even after 4 h of continuous operation and was higher for the portion
of the catalyst bed immediately in contact with pyrolysis vapour.



This highlights that different catalysts are required to solve the distinct
problems posed by biomass-derived vapours (acidity and oxygen content) versus
plastic-derived vapours (molecular weight distribution). Ultimately, a “feedstock-
aware” approach is essential since the chemical nature of the waste stream, rather
than the reactor technology alone, dictates the choice of catalyst and process
strategy for effective chemical recycling.
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Chapter 1

Introduction and state of the art:
steps towards Energy Transition

1.1 Trends in present and future energy systems

The global energy landscape is undergoing a deep and multidimensional
transformation. Driven by the urgent need to mitigate climate change, improve
energy security, and ensure access to affordable and reliable energy sources,
current and future energy systems are shifting away from centralized, fossil-based
infrastructures toward more decentralized, diversified, and low-carbon
configurations (Montagnaro, 2024). This transition is being shaped by policy
imperatives—such as the Paris Agreement and national net-zero targets—
technological advances, market dynamics, and societal pressures. In 2024, fossil
fuels satisfied the 81.2% of global energy needs, accounting for 142,420.89 TWh
of a total of 175,271.75 TWh coming from oil, coal and gas (Energy Institute -
Statistical Review of World Energy (2025)).

In this developing context, few macro-trends are emerging that redefine how
energy is produced, converted, stored, and consumed. The most important is
decarbonization effort, which is leading to a rapid expansion of renewable energy
sources whose global installed capacities have grown significantly in the recent
years (with global primary energy consumption by hydropower, wind, solar and
other renewables being 10.86, 6.12, 5.15 and 2.47 PWh in 2024). In the same
year, the global demand for biofuels rose by 3% to 2.2 Mbbloe/d' (Energy
Institute - Statistical Review of World Energy (2025)). At the same time, the
electrification of end-use sectors, including transport and heating, is increasing
electricity demand and requiring more flexible and resilient grid architectures.

! Million barrels of oil equivalents per day, where 1 BOE (barrel oil equivalent) = 1.7 MWh.



Despite advances in digitalization and decentralization, significant challenges
are still present (e.g., the impossibility of easy electrification or decarbonization of
some “hard-to-abate” sectors with renewables alone). Heavy industry, shipping,
and aviation are example of energy-intensive sectors that require alternative
energy carriers and carbon sources. Simultaneously, the environmental burden
associated with waste streams—including plastics and biomass residues—
continues to grow, posing both a challenge and an opportunity in the context of
energy system transformation.

In this context, the role of bioenergy in future decarbonized, multi-commodity
energy systems has been widely recognised. These systems are capable of
providing a programmable renewable energy source that does not rely on the use
of critical raw materials. Bioenergy can potentially be implemented in negative
carbon emission conversion schemes and integrated—following a cascading use
approach—into material recovery and valorisation processes typical of the
circular economy. On the other hand, plastic residues have been also introduced as
source of carbon for fuel production. In fact, the delegated Regulation (EU)
2023/1185 — which supplements the RED III Directive? — explicitly includes
fuels derived from plastic waste (and other non-renewable waste) in the category
of Recycled Carbon Fuels (RCFs), defined as liquid or gaseous fuels produced
from solid or liquid waste streams of non-renewable origin, not suitable for
material recovery according to Directive 2008/98/EC, or from process gases and
exhaust gases of non-renewable origin generated as an unavoidable consequence
of industrial processes.

Biological and thermochemical process can be used to transform biomasses in
energy and fuels while only thermochemical route can be chosen to transform
inorganic residues such as plastic.

Among thermochemical conversion technologies, pyrolysis represents a
versatile pathway to valorise carbon-rich waste materials—such as lignocellulosic
biomass and end-of-life plastics—by converting them into energy carriers (e.g.,
syngas, bio-oil) and carbonaceous solids (e.g., biochar), which may serve as fuels,
chemical feedstocks, or carbon sinks, depending on the process configuration and
downstream integration (Bridgwater, 2012). In this way, integration between
waste management and valorization can be achieved.

From a systems perspective, pyrolysis technologies offer several strategic
advantages:
o Feedstock-flexibility, accommodating a wide range of organic residues.
o Scalability, allowing both centralized industrial deployment and
decentralized applications near waste sources.

2 EU directive 2023/2413 with regard to the promotion of energy from renewable sources,
available at http://data.europa.eu/eli/dir/2023/2413/0j.



o Integration across different sectors, enabling coupling between energy,
waste management, and materials production.

In this work, the possibility to valorise olive stone and polyolefins - two
different primary feedstocks—, the first a lignocellulosic biomass and the second
end-of-life plastics, using the fast pyrolysis process has been investigated. More
specifically the analysis has been focalized on the ex-situ catalytic fast pyrolysis
as the most flexible and promising platform.

An overview on biomass and plastics as energy sources is initially given,
together with a detailed state of the art on catalytic cracking of pyrolysis volatiles
as upgrading strategy. The description of materials, catalysts and experimental
procedures used for the investigation are then presented. Finally, results from the
catalytic fast pyrolysis of a polyolefin mixture and olive stone will be discussed.

1.2 Biomass and plastics as energy sources

1.2.1 Biomass: characteristics and valorization routes

The term biomass refers to organic matrices directly or indirectly related to
plants and to the photosynthesis process (Jacobsson and Johnson, 2000). In fact,
biomass is formed by fixing incoming solar energy into the stable and noble form
of chemical bonds in the presence of CO2 and H>O (Montagnaro, 2024).

Biomass resources on Earth are several, but a convenient classification (see
Figure 1) among woody biomass, herbaceous and agricultural biomass, aquatic
biomass, animal and human biomass waste, industrial biomass waste and biomass
mixtures has been proposed by Vassilev et al. (2012). Woody biomass is the
principal source of renewable energy in the world (Tursi, 2019).
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Figure 1: Biomass sources and their typical chemical characteristics. C, H, O stand for carbon,
hydrogen and oxygen (wt.% on a dry, ash-free basis); VM=volatile matter, FC= fixed carbon, M=
moisture and A=ash. Data from Vassilev et al. (2010).



The chemical composition and structure of biomass are of outstanding
importance for their thermal treatment. Despite being a complex mixture of
organic and — to a lesser extent — inorganic matter, the main constituents of
biomass are cellulose, hemicellulose and lignin. Cellulose is a linear high-
molecular weight biopolymer made up of D-pyran glucose subunits interlinked by
B-(1,4)- glycosidic bonds. Its abundance is about 25-50% (wt.) of the biomass
structure, of which up to 80% is in crystalline form. It has a structural function in
plant cell walls.

Hemicellulose is a combination of different polysaccharides, among which
sugars with five carbon atoms (arabinose, xylose) and six carbon atoms (glucose,
mannose and galactose). Its structure is branched and disordered, with polymer
chains being shorter than those found in cellulose, making hemicellulose an
amorphous polymer. It represents 20-30% (wt.) of the biomass mass. Lignin is a
mixture of amorphous, heterogeneous, high molecular weight aromatic
compounds made up of phenolic units. It is responsible for the plant robustness
and resistance. The lignin monomers (p- hydroxyphenyl (H), guaiacyl (G) and
syringyl (S) units) are characterized by many polar groups which result in a strong
intermolecular stability through the establishment of hydrogen bonds. Its
abundance is 15-40% (wt.) of the biomass structure.

Among other components, lignocellulosic biomass retains moisture (from few
percent -almost dry biomass- up to 90% in aquatic residues), and can contain
minor organic compounds (e.g., proteins, nuclei acids, acetyls, extractives, resins)
(Vassilev et al., 2012) and inorganic compounds such as a mixture of elemental
metals, chlorides, sulphates, nitrates and many others (Tursi, 2019).

The relative amounts of cellulose, hemicellulose, and lignin vary depending
on the specific biomass species (Crocker, 2010).

Biomass can be converted into fuels and/or chemicals of industrial interest
following different paths. Its valorisation is considered environmentally more
convenient than fossil fuels because biomass is virtually carbon-neutral, i.e., its
combustion does not result in a net positive emission into the atmosphere.
Specifically, during complete combustion of C and H, biomass releases the same
amount of CO» previously fixed via photosynthesis during its growth, though
emissions from processing and transportation must also be considered (Tursi,
2019; Montagnaro, 2024). Besides energy crops, valorization should prioritize
residual biomass coming from industry, which would otherwise represent a waste.

After cultivation, harvesting and collection phase, biomass is pretreated,
transported to the facility and/or stocked for future utilization. The main biomass
conversion paths include physico-chemical conversion, thermochemical
conversion and biochemical conversion (Figure 2).
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Figure 2: Biomass conversion technologies and products (adapted from Adams et al., 2018).

The physico-chemical route is limited to lipid-rich feedstocks and cannot
process abundant lignocellulosic biomass. For instance, through the
transesterification processes, biomass (especially vegetal oil and animal fats,
which are constituted of triglycerides) is converted into a valuable biodiesel. The
process includes the transformation of heavy oil triglycerides into fatty acids and
glycerol, according to the following reaction (Tursi, 2019):

Vegetable Oil + MeOH/EtOH -»Biodiesel + Glycerol [1]

The transesterification process requires low temperatures (55-70°C) and
pressure (1 atm) and high residence time (1-2 h), as reported by Shahid and Jamal
(2011). After separation of biodiesel from glycerol, biodiesel is a renewable, non-
toxic energy source composed of fatty acid methyl esters (FAMEs) of fatty acid
ethyl esters (FAEEs). Its characteristics are similar to those of fossil diesel
(Shahid & Jamal, 2011).

Biochemical conversion of biomass involves the use of bacteria, fungi, or
enzymes to convert carbohydrates (hexoses and pentoses) to fuels and chemicals
(Tursi, 2019). Before the biochemical treatment, there is a pretreatment step
which converts biopolymers into smaller molecules (simple sugars), which is
called enzymatic hydrolysis. After that, biomass can be valorised through the
fermentation process or via anaerobic digestion (Figure 3), which are the most
used biochemical routes (Brethauer and Studer, 2015).
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Figure 3: Schematic representation of fermentation and anaerobic digestion (Osman et al., 2021).

Fermentation is a process in which the simple sugars of biomass are converted
into ethanol and carbon dioxide by yeasts. The product — a dilute aqueous solution
of ethanol and biomass residues- is then distilled to recover ethanol in high purity.
This can lead to low energy efficiencies, as low as 450 L/ton of dry corn
(McKendry, 2002). Sugarcane and corn are the most used biomass for bio-ethanol
production in Brazil and in the US (Adams et al., 2018).

Anaerobic digestion consists of a network of biochemical metabolic reactions
in which bacteria degrade organic matter in an oxygen-free environment, leading
to the production of biogas (mainly CO; and CH4) and a residual digestate. The
process is commercially proven and can be used to valorise high-moisture waste
biomass while producing electricity and a valuable fertilizing agent (McKendry,
2002). In general, biochemical processes are not able to process as-received
lignin-rich biomass, limiting the carbon efficiency and increasing the pre-
treatment costs of the process; moreover, they are significantly slower compared
to thermochemical routes.

Thermochemical conversion of biomass involves the use of heat to degrade
bio-polymers and to generate gaseous, liquid and solid products. Combustion,
pyrolysis, gasification and hydrothermal liquefaction are the most important
thermochemical processes for biomass valorization (Tursi, 2019; Adams et al.,
2018).

In the case of combustion, the energy stored within the biomass is released as
radiative heat directly, while in the case of gasification, pyrolysis and liquefaction



a novel energy vector is produced. Thermochemical processes are faster and more
efficient in degrading organic matter compared to biochemical processes (Adams
et al,, 2018; Leibbrandt et al., 2011). Regardless of the specific process, a
commune heating path (a sequence of thermal events) involving drying, volatiles
release (pyrolysis), volatile combustion, char combustion (or gasification)is at the
basis of thermochemical processes. A schematic representation of the process is
illustrated in Figure 4:
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Figure 4: The heating path of a solid fuel particle. Adapted from Montagnaro (2024).

The fuel particle first loses its moisture (T>100°C), then - between 400 and
700°C - there is the pyrolysis step, during which biomass releases volatiles. These
can burn around the flame until a char particle (made up of carbon and ash) is left
behind. Char can then burn (if there is oxygen available) or be gasified to produce
syngas, i.e., a mixture of CO and H,.

During combustion the organic matter is completely oxidised under
stoichiometric or excess oxygen conditions, which results in the production of
carbon dioxide (CO2) and water vapour (H20), along with the release of heat and
the overall process is exothermic. Typical working temperatures within furnaces
and combustion chambers range between 800-1000°C at atmospheric pressure.

The efficiency of the process is strongly dependent on the biomass properties,
e.g., biomass with low moisture content (<50%) must be used in the process for
stable combustion (Tursi, 2019), and particle size, on temperature and combustion
environment. Moreover, the main challenge in the field of combustion is
represented by emissions, specifically the control and abatement of particulate
matter, NOx, CO, hydrocarbons (HC) and SO, (Adams et al., 2018). The
technology is commercially available, and plants range from small to industrial
scale (up to 100-3000 MW) (McKendry, 2002).
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Gasification of organic matter can occur in two distinct ways: in presence of a
sub-stoichiometric concentration of oxygen or in presence of another gasification
agent (CO., steam). In the first case, the dominant reactions are those of partial
oxidation of carbonaceous material to produce CO and H» (syngas). In the second
case, the process is dominated by reforming reactions (e.g., C + H 0> CO+ H»).

The process is conducted within reactors called “gasifiers” at temperatures
between 800-1100°C and typically produces 85% gas, 10% solid char and 5%
liquid tars (Bridgwater, 2012). After the gasification step, syngas is cleaned and
purified to remove harmful compounds such as particulate matter (via filtration),
tars (electrostatic precipitators, thermal or catalytic cracking), sulphur compounds
(sorbent), nitrogen compounds, chlorides and alkali compounds (Woolcock and
Brown, 2013). Cleaning and purification are a costly barrier to the widespread
economic viability of gasifiers (Sharma et al., 2013). Then, syngas can be used as
a fuel or can be upgraded to a plethora of chemicals of industrial interest, such as
ethanol, methanol, ammonia, acetic acid, synthetic natural gas (SNG) and many
others (Woolcock and Brown, 2013; You et al., 2018).



Hydrothermal liquefaction (HTL) is a thermochemical process that occurs at
mild temperatures (280-370°C) and high pressure (10-25 MPa) in the presence of
sub- or supercritical water as both solvent and reactant (Barreiro et al., 2013).
HTL can process a wide variety of wet biomass, including algae, agricultural
residues, sewage sludge, food waste, and other organic materials without the need
for prior drying, making it especially suitable for water-rich materials. The
primary product is bio-crude oil, a viscous, energy-rich substance that requires
further processing before utilization (Yu et al., 2012). Other products include
gases (e.g., CO2, H:), aqueous by-products rich in nutrients (which can be
recycled), and solid residues (char). Figure 5 summarizes the main features of the
thermochemical routes for biomass processing. Pyrolysis is the degradation of
organic matter in the absence of oxygen at temperatures ranging between 300-
900°C. The process can be tuned to produce high yields of liquid product. A
detailed description of pyrolysis will be given in Section 1.3.

1.2.2 Plastics: characteristics and valorization routes

The term “plastics” refers to a family of polymeric materials which usually
contain other substances or additives to improve their properties (Vert et al.,
2012). Global plastic production reached 460 million tons in 2019 (OECD, 2022)
and projections show that 975 million tons will be produced in 2050
(https://ourworldindata.org/plastic-pollution).

The most important plastic materials produced on a global scale include
polyethylene terephthalate (PET), high-density and low-density polyethylene
(HDPE and LDPE), polypropylene (PP), polyvinyl chloride (PVC) and
polystyrene (PS). In the European Union, polyolefins like PP and PE represent a
significant share of the total annual plastic production. In 2022, PP accounted for
16.6% of the total plastic production, while PE (LDPE and HDPE) accounted for
24% (Figure 6-A). It is noteworthy that only 10.1% of the plastic has been
recycled, and that the extensive application of bio-based plastics is far from being
significant. Packaging alone requires the 39.1% of all the produced plastic in a
year, with the other “plastic-intensive” sectors being the building and
construction, automotive and electronics (Figure 6-B).
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Figure 6: Plastic production in the European Union (EU27+3) in 2022 according to the type of
polymer (a) and application (b); data from plasticseurope.org.

Except for PET, the most used polymers are characterized by carbon and
hydrogen, with only traces of oxygen and other elements, as shown in Figure 7
where the proximate and ultimate analyses of different polymers are reported
(Chang, 2023). The low ash content and the high volatile content of plastics
favour the formation of liquid products during pyrolysis, with reduced solid
residues (Yuan et al., 2022).
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Figure 7: Ultimate and proximate analysis of selected plastic wastes. C, H, O stand for carbon,
hydrogen and oxygen (wt.% on a daf basis); VM=volatile matter, FC= fixed carbon, M= moisture and
A=ash. Data from Chang (2023).

The valorization and recycling of polyolefin plastics, such as polyethylene
(PE) and polypropylene (PP), represent a critical challenge and an area of intense
scientific research, given their ubiquity in post-consumer waste and their inherent
chemical inertness. Strategies for managing these materials can be broadly
classified into three main categories: mechanical recycling, chemical recycling,
and other valorization approaches.

Mechanical recycling is the most established and widespread approach for
processing polyolefin waste. This process involves the collection, sorting,
cleaning, and re-extrusion of plastic waste to produce pellets of recycled material,
which can then be used to manufacture new products (Hassanian-Moghaddam et
al., 2023). The primary advantage of this route lies in its lower cost and reduced
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greenhouse gas emissions compared to other alternatives (Hassanian-Moghaddam
et al.,, 2023). However, mechanical recycling has significant limitations. The
process is highly sensitive to the purity of the incoming waste stream;
contaminants such as other plastic types, organic residues, or additives can
drastically compromise the properties of the recycled material (Faust et al., 2023).
Furthermore, polyolefins undergo thermo-oxidative degradation during extrusion
cycles, which leads to polymer chain scission, cross-linking, and the formation of
oxygenated groups, with a progressive loss of mechanical properties, rendering
the recycled material unsuitable for high-value applications and limiting its use to
a finite number of cycles (Hassanian-Moghaddam et al., 2023; Westlie et al.,
2022).

Chemical recycling refers to a set of technologies that decompose the
polymeric structure of polyolefins into their basic molecular constituents or other
valuable chemicals. This approach can handle more complex and contaminated
plastic waste streams than mechanical recycling and can theoretically produce
feedstocks of a quality comparable to virgin materials, enabling closed-loop
recycling (Hassanian-Moghaddam et al., 2023). Among these technologies there
are pyrolysis, gasification, hydropyrolysis and HTL.

One of the main chemical recycling technologies is pyrolysis, a thermal
cracking process that occurs in the absence of oxygen at temperatures typically
ranging from 300 to 700°C (Faust et al., 2023). The thermal pyrolysis of
polyolefins produces a complex mixture of gaseous, liquid (pyrolysis oil), and
solid hydrocarbons (waxes and char). The distribution of these products is highly
dependent on operating conditions such as temperature and residence time (Lopez
et al., 2017b). Catalytic pyrolysis employs acid catalysts, such as zeolites (e.g.,
HZSM-5) or Fluid Catalytic Cracking (FCC) catalysts, to enhance the process
selectivity and lower the operating temperatures (Lopez et al., 2017b). The use of
catalysts allows for a narrower product distribution, favouring the production of
specific hydrocarbon fractions like gasoline or diesel. For instance, the HZSM-5
zeolite 1s particularly effective in producing light olefins and aromatic
hydrocarbons, owing to its acidity and shape selectivity (Lopez et al., 2017b).

Other chemical recycling technologies include hydrocracking and
hydrogenolysis, which utilize hydrogen and bifunctional catalysts (with metal and
acid sites) to cleave polyolefin chains into saturated hydrocarbons at more
moderate temperatures (Faust et al, 2023). These processes can yield high-quality
liquid fuels, such as diesel and jet fuel, but require an input of hydrogen, which
represents an additional cost (Faust et al., 2023).

Beyond mechanical and chemical recycling, other strategies exist for the
valorization of polyolefins. Energy recovery through incineration is a common
practice, especially for mixed and contaminated plastic waste that cannot be
economically recycled by other means (Faust et al., 2023). Polyolefins have a
high calorific value, comparable to that of fossil fuels, making them a good source
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of energy. However, incineration is considered the least sustainable option as it
involves the loss of material and the generation of greenhouse gas emissions and
other pollutants.

Another emerging strategy is the integration of products derived from plastic
pyrolysis, such as waxes, directly into refinery cracking units (e.g., FCC). This
approach, termed co-processing, leverages existing and amortized infrastructure to
convert plastic waste into fuels and chemicals, thereby reducing investment costs
(Lopez et al., 2017b). Studies have shown that co-processing polyolefin waxes
with vacuum gas oil (VGO) can improve conversion and gasoline yield,
representing a promising route for large-scale valorization (Lopez et al., 2017b).

Polyolefins and biomass are both valuable resources that can be valorised to
produce energy, fuels and chemicals. To have a clear understanding of the
differences between these two classes of materials, this paragraph briefly
describes the properties of polyolefins in comparison to those of lignocellulosic
biomass. As shown in Figure 8, biomass is characterized by a wide range of
C/H/O ratios, with H/C between 1-2, and O/C from 0.2 to 1.2. On the other hand,
polyolefins occupy the upper-left region of the Van Krevelen diagram, as they
show a low oxygen content (low O/C) and high hydrogen-to-carbon ratio. This is
the result of the different chemical composition of biomass (40-50% C, 5-6% H,
40-50% O, <1% N, as illustrated in Figure 1) compared to PE and PP (83-85% C,
13-15% H, <1% O, as reported in Figure 7).
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Figure 8: Van Krevelen diagram for different solid fuels (adapted from Montagnanaro, 2024).

As a result, the heating value of polyolefins is typically double (40-45 MJ/kg)
than that of lignocellulosic biomass (16-20 MJ/kg). Moreover, the moisture
content of biomass can reach 60%, leading to a reduced energy density compared
to polyolefins, in which moisture is virtually absent (<1%).
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Biomasses are easily degradable, while polyolefins are chemically more
stable and resistant to degradation, making their disposal problematic in an
environmental context. Thus, biomass is a non-polluting renewable resource,
while polyolefins — although having a lower environmental impact compared to
PVC or PET - are non-renewable, fossil-based materials.

1.3 Fast pyrolysis

As previously underlined, the valorization of residual biomass and plastic
waste will play an increasingly important role in the transition toward a
decarbonized world, progressively replacing fossil resources in the production of
biofuels and platform chemicals, and only thermochemical routes are applicable at
both biogenic and not biogenic carbon sources. In addition, thermochemical
processes are capable of converting all the carbon present in the raw material,
unlike biological processes which can only valorise the non-recalcitrant fraction
of biomass, or mechanical processes for plastic residues, which allow to obtain a
product with lower quality.

Among thermochemical processes, fast pyrolysis offers a direct route for
producing liquid fuels and chemical products, with greater flexibility regarding
feedstock characteristics and higher energy input efficiency compared to other
thermochemical processes. Moreover, fast pyrolysis is well-suited for “long-
chain” valorization pathways, based on the decentralized conversion of raw
materials at collection sites into intermediate products (e.g., pyrolytic oil), which
can subsequently be transported, upgraded and refined in biorefineries.

Pyrolysis is a thermal treatment during which a solid organic material is
degraded in an inert atmosphere, i.e. in the absence of oxidizing agents
(Bridgwater, 2012). Under these conditions, organic polymers are thermally
decomposed to form three distinct products: a solid fraction called “biochar”, a
liquid product (bio-oil, bio-liquid, pyrolysis oil), and incondensable gases. In the
case of biomass, it is common to refer to the pyrolysis liquid as “bio-o0il”. For
non-biogenic carbon sources, the term “pyrolytic oil” appears more adequate.

The relative proportions of the products are determined by many factors,
among which the operating conditions of the reactor (i.e., temperature, pressure,
residence time of the solid and vapours), the heating rate of the solid fuel
particles, and the reactor technology itself (Sharifzadeh et al., 2019; Bridgwater,
2012). Table 1 illustrates the typical product distribution from the pyrolysis of
wood under different operating conditions:
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Table 1: Product distribution from different modes of wood pyrolysis (d.b.) (adapted from
Bridgwater, 2012)

Type Conditions Bio-0il [%] Char [%] Gas [%]
Fast 500°C, HVRT~1s 75 12 13
Intermediate  300°C, HVRT~10-30s 50 25 25
Slow 400°C, vapor residence time: hours-days 30 35 35
Gasification 750-900°C 5 10 85
Torrefaction  290°C, solid residence time: 10 -60 min ~ 0-5 up to 80 20

HVRT= Hot Vapour Residence Time

When the process is characterized by low temperature and high residence time
within the reactor, high char yields (up to 80% wt.) can be expected — especially
in the case of biomass with high ash content. In the opposite case, when reaction
temperature is very high (700-900°C), the main product is incondensable gas (up
to 85%), with limited formation of solid and liquid products.

For processes aimed at producing liquid products, the optimal reaction
temperature for many lignocellulosic biomasses is typically around 500°C
(Kersten and Garcia-Perez, 2013). Additionally, it is essential to minimize the
residence time of the hot vapours inside the reaction environment to prevent
excessive cracking of products into incondensable gases.

Biomass chemical composition and physical structure are of outstanding
importance for the design of thermochemical conversion processes because they
deeply influence the product distribution and the chemical composition of the
products themselves (Figueirédo et al., 2022; Tursi, 2019).

During pyrolysis, biomass particles undergo a complex reaction network
involving heat and mass transfer within the reactive environment. Initially, the
biomass releases its free moisture as water, and then, thanks to the rupture of OH-
bonds within dehydration reactions involving alcohols, ethers and other
oxygenated molecules in holocellulose and lignin, reaction water is also produced.
At the same time, some incondensable gases such as CO and CO; are expelled
from the biomass structure, which does not change substantially at this stage.
Primary pyrolysis reactions occurring within the temperature range of 200-600°C
convert large biopolymers into condensable vapours, which serve as precursors
for the bio-oil fraction, along with the formation of solid char (Salatino et al.,
2023).

This happens through a complex network of chemical reactions which break
some bonds to form different molecules. The main steps of this process are:

e depolymerization of long-chain biopolymers and formation of volatiles
monomers, dimers and trimers which can condense at ambient temperature.

e polymers and oligomers fragmentation with non-condensable gases expulsion
from the biomass structure.
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e char formation through intermolecular rearranging reactions with generation
of water and incondensable gases.

The condensable vapours, comprising the bio-oil fraction, can undergo further
breakdown into incondensable gases (CO, CO>, H) if the residence time of
vapours is prolonged. Therefore, efficient design of a fast pyrolysis unit
necessitates precise control of the reactor temperature and prompt removal of
pyrolysis condensable vapours from the system to prevent secondary cracking
reactions catalysed by hot char particles. Indeed, char is characterized by a porous
structure able to host metal active sites that can function as catalysts for the
conversion of pyrolysis vapours into incondensable gases, thereby reducing the
yield of bio-oil (Pienihdkkinen et al, 2022). Consequently, char should be
promptly removed from the system, while the vapours are cooled and condensed
to produce bio-oil. This design approach ensures the preservation of thermolabile
desired molecules and prevents undesirable reactions that could compromise the
quality of the product.

Biomass pretreatment plays a fundamental role in enhancing pyrolysis
performance, encompassing both mechanical and chemical techniques.
Mechanical methods, such as grinding and densification, improve heat transfer
within the reactor and limit the formation of secondary polymerization products,
thereby enhancing the quality of bio-oil. Chemical pretreatments, including acidic
or alkaline treatments, focus on the removal of impurities, reduction of undesired
reactions, and enhancement of biomass energy content, which collectively
improve the yield and composition of pyrolysis outputs (Agbor et al., 2011).

Temperature is a critical variable in pyrolysis, as it provides the thermal
energy necessary to cleave chemical bonds in biomass molecules. This, in turn,
affects the yield and composition of pyrolysis products, particularly bio-oil
(Bridgwater, 2012) Analytical techniques such as thermogravimetric analysis
(TGA) and differential thermal analysis (DTA) are often used to investigate these
thermal effects, identifying key stages in biomass decomposition—namely
dehydration, devolatilization, and carbonization (e.g., Di Blasi et al., 2013). The
optimal pyrolysis temperature is highly dependent on biomass type, revealing the
complex interaction between thermal input, feedstock composition, and liquid
product yield. Among the biomass constituents, hemicellulose is the most
sensitive to temperature increase. Its decomposition starts at relatively low
temperature (200-300°C) and produces mainly light organic molecules such as
aldehydes, alcohols, acids (e.g., formic, acetic) and water. Cellulose decomposes
at higher temperatures (300-400°C) and, together with hemicellulose, contributes
to the formation of monomeric anhydro-sugars (e.g., levoglucosan), heterocyclic
compounds (e.g., furfural and HMFU), hydroxy-aldehydes, ketones, and alcohols
(methanol, ethanol) (Figueiredo et al., 2022). Finally, lignin is characterized by
higher resistance to temperature, and decomposes in a wide range of temperatures,
from 200°C up to 900°C. Aromatic hydrocarbons (benzene, toluene),
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methoxyphenols (guaiacols, syringols, catechols), and pyrolytic lignin oligomers
are the main decomposition products (Arnold et al., 2017).

Biomass particle size also influences the pyrolysis process, particularly in
catalytic systems. Smaller particles enhance internal heat transfer and increase the
uniformity of thermal decomposition, while larger particles can cause uneven
heating and reduce bio-oil yield. Empirical studies consistently report an inverse
relationship between particle size and liquid product yield, highlighting the
importance of particle size optimization in reactor design and operation (e.g.,
Shen et al., 2009b).

The heating rate is another major factor in pyrolysis, significantly impacting
the decomposition kinetics and the distribution of products. The optimum heating
rate is specific to each feedstock and is crucial for maximizing process efficiency
and product quality.

Finally, moisture content in the biomass feedstock must be carefully
controlled, with optimal levels typically below 10%. High moisture levels lead to
increased water content in the resulting bio-oil, including both intrinsic and
reaction-generated water, which can result in undesirable phase separation and
reduced fuel quality. Proper drying and moisture management are therefore
essential to ensure stable and high-quality pyrolysis products (Bridgwater, 2018;
Oasmaa et al., 2015). Fast pyrolysis can also be effectively applied to non-
biogenic materials such as waste plastics. In this case, the absence of oxygen and
the high heating rates similarly promote polymer chain scission, leading to the
formation of liquid hydrocarbons, waxes, and gaseous products. The process
parameters, particularly temperature and residence time, influence the distribution
of these products, with higher temperatures favouring gas production and lower
temperatures enhancing liquid yield. Unlike biomass pyrolysis, no significant char
formation occurs, and the resulting pyrolytic oil generally contains fewer
oxygenated compounds, exhibiting a composition closer to conventional fossil-
derived fuels.

1.3.1 Reactors for fast pyrolysis

Many technologies have been developed for the fast pyrolysis of biomass and
plastic materials. Reactors are often classified according to the final targeted
product (such as pyrolytic oil, syngas, or biochar), the type of heat source utilized
(direct or indirect heating), construction materials, whether the reactor operates
continuously or in batch mode, the pressure conditions (such as atmospheric,
vacuum, or pressurized) or the heating rate (Slezak et al., 2023; Garcia-Nunez et
al., 2017). This section will explore fast pyrolysis reactors in detail, followed by a
discussion of alternative technologies, highlighting both their operational
mechanisms and their advantages within various pyrolysis applications.

Bubbling fluidized-bed reactors (Figure 9-A) are widely used for the
thermochemical conversion of biomass and plastic materials, leveraging high
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heating rates for effective pyrolysis. In these systems, feedstock particles are
heated rapidly using a solid inert heat carrier—typically sand—and a carrier gas
(usually nitrogen) to fluidize the particles, ensuring they mix thoroughly with the
sand bed. Due to the inherently low thermal conductivity of biomass particles (Cai
et al., 2017), the feedstock must be finely ground to a particle size of less than 2-3
mm (Bridgwater, 2012). This promotes high heat transfer rates, minimizes
thermal gradients, and helps prevent clogging within the reactor.

The reactor’s fluidizing gas is introduced from the bottom and distributed
evenly by a distribution plate, ensuring a uniform bubbling regime. During
continuous operation, the feedstock undergoes pyrolysis, releasing volatile
compounds that flow through a solid capture system (cyclone separators, filter),
where elutriated char particles are captured. The volatile stream then is sent to a
condensation stage, where pyrolysis oil is collected, achieving yields of up to 70%
on a dry-feed basis in optimal conditions (Bridgwater, 2012).

Bubbling fluidized-bed reactors are advantageous due to their mature
technology, ease of scale-up, and excellent temperature control, making them one
of the preferred technologies for biomass conversion. However, they require
relatively high flow rates of the fluidizing gas—usually 1.5 to 2 times the
minimum fluidization velocity—to maintain a stable bubbling regime (Slezak et
al., 2023).

Spouted-bed reactors are a class of gas-solid contactors characterized by a
unique pattern of solid and gas flow. As described by Mathur & Epstein (1974),
spouted regime is obtained when a jet of gas is injected vertically from the bottom
of the reactor through a small nozzle. When the gas velocity is increased to a
certain extent, the momentum of the gas jet is sufficient to overcome the
gravitational and frictional forces of the packed bed, thus hurling particles
upwards to form a fountain. These particles then, subject to the gravitational
force, return to the annular region of the solid bed, and slowly move downward
until reaching the bottom of the vessel (Figure 9-B). In that moment, the particle
is sucked again into the spouting region and the process repeats. It is common in
the literature to schematise the spouted-bed as the composition of two distinct
regions: a central region called spout, characterized by an extremely low solid
fraction and high velocity; on the other hand, the annulus, which is characterized
by higher solid concentration and a void fraction typical of a loose packed bed.
The solid velocity within the annulus is much lower compared to the spouting
region. Thanks to this system, a cyclic pattern for the solid particles is obtained,
which can be extremely useful in certain applications in which the solid residence
time inside the reactor must be properly controlled.

In ablative pyrolysis (Figure 9-C), biomass particles are pressed against a hot
surface, typically kept below 600°C (Bridgwater, 2012) where thermal
decomposition occurs at the interface between the biomass and the surface. As the
biomass particles are in direct contact with this heated surface, pyrolysis reactions
are triggered, producing an oil film and incondensable gases. The oil film acts as a
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lubricant for incoming particles, while the movement of the hot surface brings
fresh areas into contact with new biomass particles, increasing the pyrolysis rate.

The efficiency of ablative pyrolysis depends on several factors, including the
surface temperature, applied pressure, and the rate at which biomass contacts the
heated surface (Bridgwater, 2012). A unique advantage of this technology is that
it operates without a carrier gas, which enables the production of a non-diluted
volatile stream and allows for efficient condensation with small-size equipment
(Uddin et al., 2018). Oil yields in ablative pyrolysis can reach up to 70%, similar
to yields in fluidized-bed reactors (Garcia-Nunez et al., 2017; Bridgwater, 2012).

However, there are notable challenges associated with ablative pyrolysis. Due
to the absence of a carrier gas, pyrolysis products are more challenging to
separate, often leading to high solid concentrations in the resulting oil (Slezak et
al., 2023; Bridgwater et al., 1999). Additionally, the reactor requires precise
control of the heated surface area and involves moving parts at high temperatures,
which increases system complexity, wear, and maintenance needs over time
(Garcia-Nunez et al., 2017; Bridgwater, 2012). After the fundamental studies
conducted by CNRS in Nancy (France) on the mechanism of ablative pyrolysis
and the effects of operating parameters on ablation rate (Lédé et al., 1985),
different configurations of ablative reactors have been developed by NREL
(Diebold and Scahill, 1988), Aston University (Peacocke and Bridgwater, 1994)
and by PyTec in Germany — with a size up to 250 kg/h (Meier et al., 2004).

In rotating cone reactors (Figure 9-D), a mixture of biomass particles and hot
sand is introduced at the base of the reactor, where centrifugal forces generated by
a heated rotating cone (operating up to 10 Hz) ensure thorough mixing and heat
transfer (Bridgwater, 2012). Char is typically separated and burned externally,
while the heated sand is recirculated back into the reactor, maintaining the
necessary thermal conditions. This design promotes bio-oil yields of 60-70 wt.%
(dry basis) due to its efficient heat transfer (Wagenaar et al., 2001).

One of the key advantages of rotating cone reactors is that they do not rely on
a large volume of carrier gas, making the system more compact and reducing
operating costs (Slezak et al., 2023). The lower carrier gas requirement also
facilitates the condensation of pyrolysis vapours, improving the pyrolytic oil
recovery process compared to fluidized bed reactors. A successful example of
scale-up for this technology is the 50-ton-per-day demonstration plant established
in Malaysia (Garcia-Nunez et al., 2017).

Screw reactors (Figure 9-E) represent a robust and scalable solution for
continuous pyrolysis, particularly of biomass and plastic waste. Their design
enables precise control over residence time and heating rate, critical for
optimizing product distribution (Bridgwater, 2012). Material is conveyed by a
rotating screw through a heated tube, typically under inert atmosphere, allowing
for thermal decomposition into oil, gas, and char (Mohan et al., 2006). These
reactors are mechanically simple, have low maintenance requirements, and are
well-suited for handling solids with heterogeneous particle sizes. Heat transfer

18



efficiency, however, is often limited by conduction through the screw and walls,
requiring external heaters or heat carrier solids (Bridgwater, 2012).

Circulating fluidized-bed (CFB) reactors are more complex than fluidized and
spouted-bed reactors and are designed to optimize heat transfer and treat high
amounts of biomass. A typical CFB system includes a fluidized-bed reactor and a
separate combustor (see Figure 9-F). In this configuration, biomass feedstock is
introduced at the base of the reactor, where it is rapidly mixed with hot sand,
facilitating pyrolysis. Due to the elevated gas velocities in CFB systems, the vapor
residence time is limited to about 0.5—1 second, and the solids are moved from or
to the reactor, depending on the configuration (Sharifzadeh et al., 2019).

The pyrolysis process produces char, which, along with the hot sand, is
transported to the combustor. Here, the char is combusted, releasing heat that
reheats the sand, which is then recycled back to the reactor to sustain the
endothermic pyrolysis reactions. A solid-gas separation system, typically a
cyclone, cleans the volatile stream, allowing it to be directed to the condensation
stage for bio-oil recovery, while separating it from particulate matter. As in
bubbling bed reactors, biomass should be shredded before feeding and the high
nitrogen flowrates produce a diluted gas (Slezak et al., 2023).
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Figure 9: Selected pyrolysis reactor technologies. Bubbling fluidized bed reactor (A), spouted-bed
reactor (B), ablative pyrolysis (C), rotating cone reactor (D), auger reactor (E) and circulating fluidized
bed reactor (F). Pictures adapted from Vamvuka et al. (2011) and Perkins et al. (2018).

1.3.2 Fast pyrolysis products

As mentioned before, pyrolysis always yields three products (biochar,
pyrolytic oil, incondensable gases), but their relative amount is dependent on the
conditions of the process and on the characteristics of the feedstock.

Biochar is a solid residue which consists of fixed carbon and ash from the
original biomass and can contain up to 25% of the initial biomass energy content
(Bridgwater, 2012). Its formation is promoted in low-temperature, low-heating
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rates pyrolytic processes. Its physical and chemical characteristics are dependent
on the feedstock and the operating conditions of the pyrolysis process (Saravanan
and Kumar, 2022). Biochar has been extensively studied in the recent decades,
and it was shown that it can be used for adsorption, as activated carbon, for soil
amendment and fertilization or as support for metal catalysts (Saravanan and
Kumar, 2022). More specifically, the specific surface area of biochar was found to
be larger in the case of steam or CO» pyrolysis atmosphere (Lee et al., 2017).
Other applications of biochar include co-feeding in boilers (Liu et al., 2013) and
synthesis of carbon nanotubes (Titirici et al., 2012).

Integrated biomass pyrolysis systems can involve a section for char
combustion or gasification which exploits its energy to dry the biomass feedstock
or to sustain the thermicity of the process. It is worth mentioning that in the case
of plastic materials, solid residue is typically low due to the high volatile fraction
between 90-99 wt.% (Mansor et al., 2022).

The incondensable gas produced during the fast pyrolysis of biomass is
mainly composed of CO, CO,, H2, CH4 and light hydrocarbons such as ethane
(C2Hp), ethylene (C2Ha4), propane (CsHg), propylene (C3Hg) and butane (CsHio),
with a heating value of 6.4-9.8 MJ/kg (Varma et al., 2018). Gas yield can be
promoted by increasing reaction temperature and residence time within the
reactor, so that volatiles can undergo cracking, decarboxylation, decarbonylation
and other secondary reactions (Kan et al., 2016). Nevertheless, in the case of
fluidized-bed reactors, this gas is heavily diluted in Nz, which is used as
fluidization agent and can represent up to 99% of the total gas flow. For this
reason, incondensable gases are of limited interest and are generally burned to
help the heat integration within the pyrolysis system (Hoang et al., 2021). In the
case of plastic materials (e.g., HDPE), the gas fraction is characterized by Ci-Cs
hydrocarbons (e.g., methane, ethane, ethylene, propane, propylene, butanes and
butenes) and hydrogen, with their proportions being dependent on the operating
parameters of the process (Elordi et al., 2011a).

The primary product obtained from fast pyrolysis is a dense organic liquid -
known as pyrolytic oil. In the case of biomass feedstocks, bio-oil is a complex
mixture of compounds resulting from the decomposition of biomass macro
components, namely cellulose, hemicellulose, and lignin. It can be considered as a
micro-emulsion comprising a pyrolytic lignin phase dispersed within an aqueous
solution of cellulose and hemicellulose decomposition products (Bridgwater,
2018). The physical and chemical properties of bio-oil can significantly differ
depending on the feedstock. Table 2 shows some properties of bio-oil and of
HDPE-derived oil.
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Table 2: Comparison between biomass- and plastic-derived pyrolysis oil.

Parameter Bio-oil ? Plastic oil (HDPE) ®
Carbon [wt%] 56 85

Hydrogen [wt%] 6 14.5

Oxygen [wt%] 38 0.27

Nitrogen [wt%] 0-0.1 0.27

Moisture [%] 25 0

pH 2.5 5.5

Specific gravity 1.2 0.78

HHV [MJ/kg] 17 42.9

Viscosity @40°C [mPa s] 40-100 1.3

2 Data adapted from Bridgwater (2018)
®Data adapted from Hasan et al. (2023)

Examination of Table 2 and Figure 10 helps to clarify the difference between
plastic-derived pyrolysis oils and bio-oils. Bio-oil is characterized by high acidity,
with pH levels as low as 2-3. This is caused by the presence of organic carboxylic
acids coming from the depolymerization of cellulose and hemicellulose
(Bridgwater, 2018). As a consequence, bio-oil is corrosive and can pose
challenges to storage. Moreover, due to the high concentration of oxygenated
molecules susceptible to polymerization reactions during storage or handling, bio-
oil can undergo an “aging” process, which increases viscosity and water content
of the oil with time. The aging rate depends on the chemical composition of the
oil and on the storage temperature, which can accelerate etherification and
esterification of oxygenated compounds (Oasmaa and Czernik, 1999), often
leading to phase separation (Oasmaa et al., 2015). The significant water content
(up to 30%) in bio-oil, coming both from the moisture of the feed and from
dehydration pyrolysis reactions, reduces viscosity and acidity but also diminishes
combustion properties and heating value, making bio-oil difficult to ignite.

Some impurities can be found in bio-oil, such as chlorine, sulphur, alkali
metals, nitrogen compounds and char particles. This depends on poor solid
separation and on biomass contamination. The presence of impurities can
significantly hinder the upgrading of pyrolysis vapour (Bridgwater, 2018).
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Figure 10: Typical composition of plastic-oil and bio-oil. Data from Pinheiro Pires et al. (2019)

and Arabiourrutia et al. (2017).

The case of plastic-derived oils is, on the other hand, more favourable to
upgrading and direct utilization. Considering the example of polyolefins (HDPE)
as feedstock, Figure 10 illustrates the typical product distribution within the oil.
This oil is typically composed of various types of hydrocarbons, including
alkanes, alkenes, aromatic compounds, and cycloalkanes, each contributing
distinct properties to the oil’s overall chemical profile. Almost two thirds of the
mass is characterized by waxes, high molecular-weight paraffinic or olefinic
hydrocarbon compounds (Czi+) which are solids at ambient temperature.
Hydrocarbons in the diesel range (Ci2-Cao) represent 25-30%, while those in the
gasoline range (Cs-Cy1) are only 5-10 %wt, with both aromatic and non-aromatic

molecules.
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1.4 Catalytic vs. non catalytic pyrolysis: focus on
mechanism

As discussed in Section 1.3, pyrolysis is the thermal decomposition of a
feedstock—either biomass or plastic waste—in the absence of oxygen. The
process can be described as an initial primary pyrolysis stage, in which the
feedstock decomposes into macromolecules, oligomers, and heavy species,
followed by secondary and tertiary pyrolysis stages (Evans & Milne, 1987).
During these latter stages, (i) large molecules are cracked into lighter compounds
and permanent gases through C—C and C-O bond cleavage, and (ii) light vapor-
phase species undergo further reactions producing secondary products such as
aromatics and olefins, either among themselves or with reactive solid surfaces; iii)
formation of tertiary products such as PAHs. In the absence of a catalyst,
secondary and tertiary reactions are governed predominantly by thermal effects,
whereas in the presence of a catalyst, vapor—solid interactions strongly influence
reaction pathways and product distribution.

1.4.1 Pyrolytic conversion of lignocellulosic biomass

The identification of single reaction pathways in the pure thermal and in the
catalytic pyrolysis of lignocellulosic materials is a relevant matter in the scientific
community, but also highly complex due to the heterogeneous starting
composition of biomass. Cellulose, hemicellulose and lignin follow specific
decomposition reactions with increasing temperature and operating conditions,
but their interaction has also been acknowledged (e.g., Usino et al, 2021).

Mechanism of primary biopolymer decomposition

The mechanism of primary pyrolysis of biopolymers is reported to be not
significantly affected by the presence of catalysts, meaning that the effect of
molecular-scale interaction is easily overshadowed by the macro-scale bulk
mixing of biomass and catalyst (Liu et al., 2014a). The effect of the catalyst
should therefore result from the subsequent interaction of primary pyrolysis
vapours with active sites, promoting the conversion into desired high-value
compounds through selective secondary reaction pathways (Zhou et al., 2011).

Thermal decomposition of single biopolymers has received considerable
attention in the literature since the pioneering work by Evans & Milne (1987).
Cellulose depolymerization (starting at around 300°C) proceeds with cracking of
glycosidic bonds and the formation of anhydrosugars (among which levoglucosan
is the most abundant), free radicals and light molecules (Dai et al., 2020). Some
competing reactions involve molecular rearrangement, ring opening,
aromatization and others, which convert anhydrosugars into light oxygenates
(hydroxyacetaldehyde, formic and acetic acid, acetone, furfural) — see Luo et al.
(2004) - and incondensable gases. Levoglucosan is produced in liquid form during
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pyrolysis of cellulose and then evolves as primary vapour, leading to further
reactions to form pyrans and light oxygenates (Liu et al., 2014a). Along with this
reaction pathway, secondary reactions of primary vapours can favour the
production of char especially when the vapour residence time is increased (Antal
& Varhegyi, 1995).

Hemicellulose decomposes at lower temperature (<250°C) compared to
cellulose (Yang et al.,, 2007). Considering xylan as model representative of
hemicellulose, decomposition starts with dehydroxylation, decarboxylation and
production of CO; via radical mechanism (Shen et al., 2010). As evidenced in the
literature (Patwardhan et al., 2011) some of the typical products of hemicellulose
depolymerization include water, light organic acids (formic, acetic), ketones and
furans (2-methylfuran, 2-furfuraldehyde and others). When the reaction
temperature is sufficiently high, xylose units are released as a consequence of the
breaking of glycosidic bonds within the structure (Dai et al., 2020). At higher
temperature (400°C) cyclization and aromatization reactions produce aromatic
rings, which can then evolve towards polycyclic aromatic hydrocarbons (PAHs)
and condensed structures in the char.

The thermal decomposition of lignin is believed to occur via free-radical
reactions (Zakzeski et al., 2010; Antal et al., 1998). Lignin, composed of
phenylpropanoid units (guaiacyl, syringyl, p-hydroxyphenyl), exhibits the most
complex thermal behavior. Decomposition occurs over a wide temperature range
(150-800 °C) due to the presence of various ether and C—C linkages. Initial
reactions include cleavage of B-O-4 and a-O-4 bonds around 250-350 °C (Chu et
al., 2013), releasing methoxyphenols like vanillin, guaiacol and dimethoxy-
acetophenone. At higher temperatures, breaking of C-C bonds between lignin
units 1s achieved and repolymerization and crosslinking reactions dominate,
forming char and polyaromatic structures. Figure 11 summarizes the mechanism
of thermal decomposition of single biopolymers.

25



molecular
07/ OH | rearrangement

i cHy o'
L CH,, H

polymerization
aromatization

aromatization | o
1+ decarbonylation |

d:mswtinnl

3 LCHG W R 1

: : s e R ;

: ; polymerization i : i

: i aromatization | O O = 1 : 5

i : i ' i polymerization i -

' o : H i aromatization '

Hemicellulose i 9 o o ; i T x i
1 U COOH: €0y : i i

H o OH : COHO! H H

aromatizaion e 3

condensation
aromatization

(Chen et al., 2022).

26



Mechanism of secondary and tertiary pyrolysis of vapours: thermal vs.
catalytic

The reaction chemistry during catalytic fast pyrolysis of lignocellulosic
biomass is also a complex topic, involving several reaction routes such as
cracking, aromatization, ketonization and aldol condensation (Liu et al., 2014a). A
simplified mechanism of catalytic fast pyrolysis of biomass volatiles in the
presence of acid ZSM-5 catalyst is illustrated in Figure 12. Catalytic cracking of
oxygenated molecules can produce aromatic species and olefins (Rezaei et al.,
2014) in addition to other smaller molecules. The main reactions involved are
hereby listed (Liu et al., 2014a):

1. Protolytic cracking of C-C bonds
2. Hydrogen transfer
3. Isomerization
4. Aromatic side-chain scission
5. Decarbonylation
6. Decarboxylation
7. Dehydration
Holocellulose-derived primary vapours
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Figure 12: Simplified mechanism of catalytic pyrolysis of biomass pyrolysis volatiles on ZSM-
5 zeolite catalyst (adapted from Dai et al., 2020).

Decarbonylation and decarboxylation reactions remove carbonyl and carboxyl
functionalities in the form of CO and COa, thus reducing the oxygen content of
bio-oils. Dehydration is responsible for the formation of dehydrated molecules
with simultaneous ejection of water. Olefins, paraffins and coke can be the result
of several dehydration steps of polyols, as suggested by Corma et al. (2007). Also
dehydrated species can react with olefins via Diels-Alder and condensation
reactions to produce aromatics (Corma et al., 2007).
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Lignin-derived primary vapours are susceptible to Caromatic-O bond cleavage to
form aromatic hydrocarbons. In addition, Caromatic-alkyl group bond cleavage can
be responsible for the production of benzendiols and benzentriols from substituted
phenols and methoxyphenols (Liu et al., 2014a).

It is known that in presence of acidic catalysts (e.g., HZSM-5), light
oxygenated molecules such as furans, acids, aldehydes and ketones can be
converted to produce valuable aromatics via “hydrocarbon pool mechanism”
(Carlson et al., 2010). This aromatization reaction pathway has been confirmed
for a variety of model compounds such as methanol, ethanol (Johansson et al.,
2009), cyclopentanone, acetic acid and propanoic acid.

Given the high complexity of the reaction mechanism, it is likely that other
reactions such as ketonization of carboxylic acids, aldol condensation of
aldehydes and ketones can also be involved in the process. Moreover, steam
reforming of small oxygenates (Wang et al., 1996; Wang et al., 1998) and water-
gas shift reaction can contribute to producing CO, CO; and Ha, which can be used
in hydrogenation reactions. Further details on the reaction mechanism of pyrolysis
volatiles during catalytic cracking in the presence of HZSM-5 and other catalysts
have been deferred to specific sections discussing the effect of the catalyst and
operating conditions on the composition of the resulting bio-oil.

1.4.2 Survey of integrated thermal/catalytic processes for olive-
derived biomass conversion

The catalytic pyrolysis of olive-derived biomass has been explored through
various approaches, with each study contributing specific insights into catalyst
performance and process optimization. A summary of the relevant literature —
mostly using in-situ configuration in laboratory-scale reactors - has been included
in Table 3. A foundational comparison by Recio-Ruiz et al. (2023) between
thermal and catalytic pyrolysis confirmed that acidic catalysts like y-Al:Os
enhance deoxygenation primarily through decarbonylation. However, the work by
Brachi et al. (2022) on in-situ catalytic pyrolysis of olive stone and LDPE/OS
mixtures highlighted a significant challenge, demonstrating that under their in-situ
fluidized-bed conditions, neither y-Al2Os nor increased temperature substantially
improved bio-oil quality, and co-pyrolysis with plastics led to undesirable PAH
formation, especially naphthalene derivatives.

To address feedstock quality, Ganda et al. (2022) successfully demonstrated the
benefit of torrefaction as a pre-treatment, showing that it could be coupled with an
acidic ZSM-5 catalyst to selectively enhance the yield of valuable lignin-derived
phenols. This finding was nuanced by Trubetskaya et al. (2023), who argued that
process temperature and feedstock type ultimately have a more dominant impact
on product distribution than torrefaction severity itself. Further exploring pre-
treatment, Sdnchez & San Miguel (2016) employed a rotary reactor to define
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optimal torrefaction conditions for improving the energy density of olive stones
and to optimize char and bio-oil production in the 400-900°C range.

Exploration into novel catalytic systems has also been a key focus. Ahmadi et al.
(2025) introduced an innovative approach using a eutectic molten salt catalyst
based on sodium, potassium and lithium carbonate
(L12CO3:NaxCO3:K2CO3=1:1:1), proving its effectiveness in degrading
undesirable light oxygenates, although high temperatures (>700°C) were required
to produce aromatics and alkylphenols. In a comprehensive catalyst screening
using a fixed-bed reactor, Christoforou et al. (2018) established a crucial
functional distinction: basic catalysts like MgO were superior for deoxygenation
via ketonization and aldol condensation reactions (CO: removal), whereas acidic
ZSM-5 was unmatched for its selectivity towards aromatic hydrocarbons, clearly
framing the "catalyst-for-purpose" challenge.

Parallel research has focused on the fundamental thermal behavior of olive stone.
Its kinetic advantages in co-pyrolysis mixtures with PVC and microalgae were
identified via thermogravimetric analysis by Rasam et al. (2022), while Al-Farraj
et al. (2017) highlighted the importance of reactor choice by comparing TGA data
from different systems. The influence of biomass structure was investigated by
Magalhaes et al. (2021), who studied the pyrolysis of fractionated olive stone
constituents (cellulose, hemicellulose and lignin) via organosolv and subsequent
pyrolysis in a wire mesh reactor. The effect of process parameters on the product
yields has also been mapped: Petrov et al. (2008) demonstrated that vacuum
conditions favor higher liquid yields and lower solid yields due to enhanced
volatile evacuation, and Lopez et al. (2002) characterized the evolution of
permanent gases as a function of pyrolysis temperature in a Gray-king type
furnace, providing a baseline for gas-phase analysis. The formation of methane
and light hydrocarbons is believed to be related to methoxy groups release from
lignin structure and consequent C-C bond breaking via hydrogen transfer
reactions (Jakab et al.,, 1997). Collectively, these studies have built a
comprehensive understanding of the material's intrinsic pyrolytic properties,
creating the foundation upon which advanced catalytic strategies can be
developed.

The valorization of other olive-derived biomasses, such as olive pomace (OP) and
olive mill wastewater sludge (OMWWS), has been extensively investigated, with
a strong focus on innovative catalytic strategies and process configurations. Table
4 summarized the relevant literature in this field. A significant trend is the use of
low-cost, waste-derived materials as catalysts. Yel et al. (2025) introduced the use
of marble sludge for the co-pyrolysis of OP and plastics (PET/PP), demonstrating
its potential for mixed waste valorization. Similarly, Agblevor et al. (2017)
successfully employed red mud, another industrial residue, to produce a high-
quality, low-viscosity, and neutral-pH bio-oil from OMWWS, mostly composed
of aliphatics.
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The modification and screening of functional catalysts have been central to this
research. Inaloo and Saidi (2023) demonstrated that modifying natural zeolites
with basic metal oxides (NiO, Cos04, MgO, CaO) could significantly increase
aromatic hydrocarbon content in the final oil, despite reducing its yield. The
importance of catalyst functionality was further detailed by Iliopoulou et al.
(2023), who conducted a comprehensive screening for OMWWS upgrading,
establishing that acidic ZSM-5 promotes cracking and aromatization while basic
MgO enhances aliphatic hydrocarbon production. The role of catalyst structure
was explored by Karadag et al. (2022), who found that nanostructured MgO was
superior to its bulk counterpart for producing syngas from olive oil residue,
yielding less CO; and tars. The effectiveness of different microporous catalysts
was also highlighted by Farah et al. (2022), who identified SAPO-34 and its Ni-
and Fe-modified forms as a promising catalyst for enhancing gas production from
olive cake.

Process intensification and alternative energy sources have also been explored.
Kostas et al. (2020) introduced microwave-assisted pyrolysis as an energy-
efficient method to process olive pomace, concluding that despite negligible
effects on chemical composition, microwave power influenced the textural
properties of bio-char, and the resulting oils were acetic acid-rich, while bio-chars
exhibited high surface area. Caballero et al. (2020) demonstrated a novel pathway
for producing hydrogen-rich syngas by coupling slow pyrolysis of “orujillo”
(olive solid waste) with subsequent volatiles treatment at 800°C using thermal,
thermal-alumina, and Ni-catalysed methods. The optimization of process
parameters remains a crucial aspect, as shown by Hani and Hailat (2016), who
optimized catalytic pyrolysis of olive oil-cake in a batch reactor, identifying 10%
catalyst loading as ideal for maximizing bio-oil yield and quality. The resulting
oils showed high H/C ratios, reduced oxygen content, and saturated hydrocarbon
profiles (Cio—Cao), with distillation ranges comparable to diesel and kerosene.

Finally, the effectiveness of established catalysts in two-stage systems has been
confirmed. Encinar et al. (2008) demonstrated the high stability and tar-cracking
efficiency of dolomite in a two-stage reactor, and Demiral et al. (2008) compared
the deoxygenation performance of activated alumina and sodium feldspar. Piitiin
et al. (2005) evaluated the pyrolysis of olive residue under varying process
conditions in a fixed-bed setup, emphasizing the role of temperature, gas flow,
and particle size on product distribution, helping define the operational envelope
for olive waste valorization and highlighting its potential as a dual-purpose fuel
and chemical feedstock

Collectively, these studies reflect the maturation of catalytic pyrolysis as a
platform for olive biomass and mixed waste valorization. The consistent emphasis
on deoxygenation, aromaticity, and H. enrichment—via tailored catalyst design
and novel reactor configurations (e.g., microwave, nano-catalysts, dual-stage
setups)—underlines the technological evolution toward cleaner and more selective
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thermochemical conversion. Notable innovations include the application of
industrial residues as catalysts (marble sludge, red mud), systematic catalyst
comparisons (zeolite-metal oxide systems, dolomite, feldspar), and pioneering
thermal strategies for hydrogen recovery. The literature on biomass catalytic
pyrolysis underscores a persistent trade-off between deoxygenation and liquid
yield. While acidic zeolites (e.g., HZSM-5) are effective in producing aromatics,
they often do so at the cost of significant gas and coke formation. The field is thus
evolving towards multifunctional catalysts and process configurations (e.g.,
torrefaction pre-treatment, ex-situ staging) to decouple primary pyrolysis from
catalytic upgrading, thereby preserving carbon while enhancing product quality.
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Table 3: Catalytic pyrolysis of olive stone in the literature.

Catalyst (Si/Al) Feed Reaction conditions Mode Product distribution (wt.%) Reference
Li,C0O3:Na,CO;3:K»>CO3 . 500-800°C, Py-GCMS, different catalyst-to- . Ahmadi et

Olive stone ) . In-situ N.A.
salt biomass ratios. al., 2025

. 500°C, fixed bed reactor under nitrogen . ) At et Recio-Ruiz et
v-ALLO3 Olive stone flow. B/C=15. In-situ Gas:25.3; Oil: 55.1; Solid:19.6. al., 2023
OS-derived activated Olive stone 500°C, ﬁied bed reactor under nitrogen In-situ Gas:33.3: Oil: 45.7: Solid:21.0.
carbon flow. B/C=15.
Zr/AC Olive stone S00°C, ﬁfed bed reactor under nitrogen In-situ Gas:34.7; Oil: 46.7; Solid:18.6.
flow. B/C=15.
None Olive stone S00°C, ﬁfed bed reactor under nitrogen Gas:13.1; Oil: 67.6; Solid:19.3.
flow. B/C=15.

Torrefied and as- Ganda ct al
ZSM-5 (38) received olive 500°C, bench-scale fluidized-bed reactor. In-situ N.A. 2022 ”

stone

. o e 0S/500°C/non-catalytic: Gas:18.3; Oil: 41.0; .
v-ALO; ‘L)]g;f;wne & feoaoc'tigo C, bench-scale fluidized-bed In-situ  Solid:12.8; Water: 10.4. 0S/500°C/y-ALOs: gé;czhl ctal,
’ Gas:20.8; Oil: 16.4; Solid:17.9; Water: 20.7.

None As-received olive Lab;scale fluidized bed reactor at 500 and At 500°C: Gas: 19.8: Oil: 42.0: Solid: 20.8, Trubetskaya

stone 600°C etal., 2023
None Torrefied olive Lab;scale fluidized bed reactor at 500 and At 500°C: Gas: 24.1: Oil: 35.3: Solid: 24.3,

stone 600°C
10%Ni/ZSM-5 Torrefied olive  Lab-scale fluidized bed reactor at 300 and 1 g At 500°C: Gas: 24.3; Oil: 35.2; Solid: 24.4.

stone 600°C

OS/PVC/Spirulina . . Rasam et al.,
None blends Thermogravimetric analyzer. 2022

Torrefied and as- . o . . Magalhaes et
None received live stone Mesh wire reactor (800-1150°C). Only char yields available. al., 2021
None Olive stone Packed-bed bench-scale system, 500°C. Gas:14.0; Oil: 44.3; Solid:37.1. aDll l;l(;ils;et

Olive husks and ... . Olive kernel at 500°C: Gas: 16.99; Oil: 53.62; Christoforou
None Kernels Fluidized-bed reactor (thermal pyrolysis). Solid: 21.02. etal., 2018
ZSM-5 Olive husks and Fixed-bed reactor (in-situ upgrading). In-situ Olive kernel at 500°C: Gas: 23.71; Oil: 47.03;
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MgO
5%Co/ZSM-5
5%Co/MgO
None

None

None

None

None

kernels

Olive husks and
kernels
Olive husks and
kernels
Olive husks and
kernels

Olive stone

Olive stone
Olive stone and
olive pulp
Olive stone and
olive pulp

Olive stone

Fixed-bed reactor (in-situ upgrading).
Fixed-bed reactor (in-situ upgrading).

Fixed-bed reactor (in-situ upgrading).

Fixed-bed and Fluidised-bed
thermogravimetric pyrolysis reactors.

Slow pyrolysis in lab-scale rotary reactor, 3
rpm, 200-900°C, 10°C/min.
Laboratory-scale reactor, 60°C/min up to
800°C for 10 min.

Laboratory-scale reactor, 60°C/min up to
800°C for 10 min.

Gray-King type furnace, 15°C/min up to
600°C for 15 min.

In-situ

In-situ

In-situ

Solid: 29.26.

Olive kernel at 500°C: Gas: 23.47; Oil: 46.72;
Solid: 29.82.
Olive kernel at 500°C: Gas: 23.87; Oil: 48.51;
Solid: 27.63.
Olive kernel at 500°C: Gas: 23.23; Oil: 43.96;
Solid: 32.81.

N.A.

At 500°C: Gas: 20.2; Oil: 50.3; Solid: 29.5.

Olive stone atmospheric pyrolysis: Gas: 21.3;
0il: 59.0; Solid: 19.7.

Olive stone vacuum pyrolysis: Gas: 22.1; Oil:
60.7; Solid: 17.2.

Gas:20.9; Oil: 45.4; Solid:33.7.

Al-Farraji et
al., 2017
Sanchez et
al., 2016
Petrov et al.,
2008

Lopez et al.,
2002
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Table 4: Catalytic pyrolysis of other olive-derived biomass in the literature.

Catalyst (Si/Al) Feed Reaction conditions Mode Product distribution (wt.%) Reference
. Mixture 70%PP, 15%O0P, 15%Catalyst: Gas: 24.57;

lgéirgg ;ludge igﬁ:f; Olive Fixed bed catalytic co-pyrolysis at 500°C. In-situ Oil: 56.12; Solid: 19.31. Mixture 70%PET, 15%0P, Yel et al., 2025

} 15%Catalyst: Gas: 60.6; Oil: 13.39; Solid: 26.02
None Olive pomace g;e;rstz fixed bed reactor at 500°C, different C/B At 500°C: Gas: 21.8; Oil: 55.9; Solid: 22.3 Inaloo et al., 2023
Natural zeolite . Quartz fixed bed reactor at 500°C, different C/B . At 500°C and C/B=5: Gas: 21.8; Oil: 55.9; Solid:

Olive pomace . In-situ

(NZ) ratios. 22.4
NiO/N7Z Olive pomace gzz;r;z fixed bed reactor at 500°C, different C/B In-situ 136;(; 200 C and C/B=5: Gas: 34.8; Oil: 34.6; Solid:
Cos04/NZ Olive pomace Slltlizz)rstz fixed bed reactor at 500°C, different C/B In-situ ?lt 200 C and C/B=5: Gas: 34.9; Oil: 33.3; Solid:
MgO/NZ Olive pomace Slze:)rstz fixed bed reactor at 500°C, different C/B In-situ 3A(‘; 800 C and C/B=5: Gas: 37.8; Oil: 32.2; Solid:
CaO/NZ Olive pomace g}[liecl)rstz fixed bed reactor at 500°C, different C/B In-situ 2A9t 200 C and C/B=5: Gas: 39.0; Oil: 31.7; Solid:
None OMWS Bench-scale stainless-steel fixed bed tubular reactor. In-situ 2A6t ?00 C and C/B=0: Gas: 12.5; Oil: 61.4; Solid: gl(l)(;golou ctal.,
ZSM-5 OMWS Bench-scale stainless-steel fixed bed tubular reactor.  In-situ At 500°C and C/B=3: Gas: 30; Oil: 43; Solid: 27
Co/ZSM-5 OMWS Bench-scale stainless-steel fixed bed tubular reactor.  In-situ N.A.
MgO OMWS Bench-scale stainless-steel fixed bed tubular reactor.  In-situ At 500°C and C/B=3: Gas: 21; Oil: 51; Solid: 28
Co/MgO OMWS Bench-scale stainless-steel fixed bed tubular reactor.  In-situ N.A.
AlO3 OMWS Bench-scale stainless-steel fixed bed tubular reactor.  In-situ At 500°C: Gas: 18; Oil: 52; Solid: 30
SiO; OMWS Bench-scale stainless-steel fixed bed tubular reactor.  In-situ At 500°C: Gas: 16; Oil: 57; Solid: 17
20%Fe/Al, O3 OMWS Bench-scale stainless-steel fixed bed tubular reactor.  In-situ At 500°C and C/B=3: Gas: 22; Oil: 50; Solid: 28
20%Fe/S10; OMWS Bench-scale stainless-steel fixed bed tubular reactor.  In-situ At 500°C and C/B=3: Gas: 17; Oil: 54; Solid: 29
20%Fe/MgO OMWS Bench-scale stainless-steel fixed bed tubular reactor.  In-situ At 500°C and C/B=3: Gas: 19; Oil: 55; Solid: 26
20%Mn/Al,O3 OMWS Bench-scale stainless-steel fixed bed tubular reactor.  In-situ At 500°C and C/B=3: Gas: 22; Oil: 54; Solid: 24
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20%Mn/SiO,
20%Mn/MgO

RFCC
B-MgO
N-MgO
B-ZnO

N-ZnO

None
SAPO-34
Ni-SAPO-34
Fe-SAPO-34

None

None

Al,O3

44%
Ni/(CaO/AL03)

None
Red mud

None

Natural zeolite
(NZ)

OMWS
OMWS

Olive pomace

Olive oil
residue
Olive oil
residue
Olive oil
residue
Olive oil
residue
Olive cake

Olive cake
Olive cake
Olive cake

Olive pomace

"Orujillo"
"Oruyjillo"
"Oruyjillo"
OMWS
OMWS

Olive oil cake

Olive oil cake

Bench-scale stainless-steel fixed bed tubular reactor.

Bench-scale stainless-steel fixed bed tubular reactor.
Quartz fixed bed reactor at 500°C, different C/B
ratios.

Tubular furnace 3g biomass + 2% catalyst. T=400-
600-800°C.

Tubular furnace 3g biomass + 2% catalyst. T=400-
600-800°C.

Tubular furnace 3g biomass + 2% catalyst. T=400-
600-800°C.

Tubular furnace 3g biomass + 2% catalyst. T=400-
600-800°C.

Quartz tube reactor. C/B=0.3. T=500°C for 35 min.
Quartz tube reactor. C/B=0.3. T=500°C for 35 min.
Quartz tube reactor. C/B=0.3. T=500°C for 35 min.

Quartz tube reactor. C/B=0.3. T=500°C for 35 min.
Microwave-assisted pyrolysis reactor.

Pyrolysis reactor + vapor treatment tubular reactor
(batchwise). T=500-700°C.
Pyrolysis reactor + vapor treatment tubular reactor
(batchwise). T=500-700°C.
Pyrolysis reactor + vapor treatment tubular reactor
(batchwise). T=500-700°C.

Bench-scale fluidized bed reactor.

Bench-scale fluidized bed reactor.

Stainless steel reactor (in-situ) at 500°C. From 5%
to 40% wt. Catalyst)
Stainless steel reactor (in-situ) at 500°C. From 5%
to 40% wt. Catalyst)

In-situ
In-situ

In-situ

In-situ

In-situ

In-situ

In-situ

Ex-situ

Ex-situ
Ex-situ

Ex-situ

Ex-situ

In-situ

In-situ

In-situ

In-situ

At 500°C and C/B=3: Gas: 21; Oil: 55; Solid: 24
At 500°C and C/B=3: Gas: 21; Oil: 57; Solid: 22

At 500°C and C/B=0.5: Gas:44.0 ; Oil: 31.1; Solid:

24.9
At 400°C: Gas: 7.0; Oil: 12.0; Solid: 81.0

At 400°C: Gas: 2.0; Oil: 8.0; Solid: 85.0
At 400°C: Gas: 8.0; Oil: 13.0; Solid: 79.0

At 400°C: Gas: 10.0; Oil: 12.0; Solid: 78.0

At 500°C: Gas: 39.5; Oil: 39.5; Solid: 21.0

At 500°C: Gas: 62.5; Oil: 12.5; Solid: 25.0

At 500°C: Gas: 51.6; Oil: 22.2; Solid: 26.2

At 500°C: Gas: 66.7; Oil: 9.95; Solid: 23.35
Optimal MW pyrolysis with high specific energy

(3.6 kJ/g) produced 26-30% bio-oil, rich in acetic
acid (66.5-71.9% area).

At 500°C: Gas: 32.2; Oil: 35.5; Solid: 32.3
At 500°C: Gas: 38.8; Oil: 29.4; Solid: 31.8

At 500°C: Gas: 49.9; Oil: 17.8; Solid: 32.3

At 500°C: Gas: 36.2; Oil: 30.4; Solid: 24.4; Water:

8.8

At 500°C: Gas: 37.7; Oil: 29.5; Solid: 20.4; Water:

11.8

At 500°C: Gas: 17.1; Oil: 36.1; Solid: 27.1; Water:

16.1.

At 500°C and C/B=0.4: Gas: 23.5; Oil: 34.0; Solid:

22.4; Water: 20.1

Inaloo et al., 2022

Karadag et al.,
2022

Farah et al., 2022

Kostas et al.,
2020

Caballero et al.,
2020

Agblevor et al.,

2017

Hani & Hailat,
2016
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None

Dolomite

None

Activated
alumina

Sodium feldspar

Dolomite

None

Olive waste

Olive waste

Olive bagasse
Olive bagasse
Olive bagasse

Olive husks

Olive residue

Two cylindrical stainless-steel reactors connected in
series. T=500-800°C. Different amounts of dolomite

(0-100 g).

Two cylindrical stainless-steel reactors connected in
series. T=500-800°C. Different amounts of dolomite

(0-100 g).

Fixed bed Heinze reactor. T=500°C, 10°C/min.
Fixed bed Heinze reactor. T=500°C, 10°C/min.

Fixed bed Heinze reactor. T=500°C, 10°C/min.

Screw pyrolysis reactor (975 K) + cracking reactor

(975-1175 K).

Fixed bed reactor, 7°C/min, T=400-700°C.

Ex-situ

In-situ

In-situ

In-situ

Ex-situ

At 500°C: Gas

At 700°C: Gas

At 500°C: Gas
17.1
At 500°C: Gas
19.8
At 500°C: Gas
13.1

At 500°C: Gas

:23.36; Oil: 48.38; Solid: 28.26

:49.39; Oil: 27.22; Solid: 23.39

: 18.8; Oil: 38.0; Solid: 26.9; Water:
:20.4; Oil: 34.7; Solid: 25.1; Water:

:31.9; Oil: 31.5; Solid: 23.5; Water:

:20.0; Oil: 32.7; Solid: 28.0

Encinar et al.,
2008

Demiral et al.,
2008

Taralas &

Kontominas, 2006
Piitiin et al., 2005
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1.4.3 Pyrolytic conversion of plastics

Mechanism of primary decomposition of polyolefins

Pyrolysis of polyolefin is quite different from that previously reported for
biomasses. There is agreement in the scientific community on that the thermal
pyrolysis of polyolefins occurs via random radical scission of the polymeric chain,
leading to a wide spectrum of products, from light hydrocarbons (Ci-C4) when the
temperature is higher than 800°C with low residence time, liquid hydrocarbons
(aliphatic and aromatic Cs-Cy) to high molecular weight waxes at lower
temperature (Lopez et al., 2017b; Dai et al., 2024). The production of aromatic
hydrocarbons (BTX) is favoured at 650-800°C with moderate residence time, but
the process has low selectivity (Lopez et al., 2017b). The process can be
schematized in three different steps, namely, chain initiation, propagation and
termination (Thangaraj and Lee., 2025).

During the initiation step, thermal energy coming from the reaction
environment facilitates the homolytic cleavage of C-C bonds producing unstable
primary free radicals which convert to stable secondary radicals. Primary radicals
can undergo [3-scission and produce shorter radicals and ethylene molecules.
Secondary radicals’ B-scission produces alkenes and shorter radicals during the
propagation step. In the termination step, primary and secondary free radicals
combine to form n-alkanes and iso-alkanes (Dai et al.,, 2024). Finally,
isomerization and cyclization reactions can produce cyclic hydrocarbons and
aromatics. A schematization of the process is reported in Figure 13:
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Figure 13: Postulated free-radical mechanism for the thermal cracking of polyolefins. The process
is characterized by (a) initiation via homolytic C-C bond cleavage, (b) propagation via p-scission, and
(c¢) termination via radical combination. Adapted from Dong et al. (2022).
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Mechanism of catalytic cracking of polyolefin decomposition products

Catalytic cracking of polyolefins, such as polyethylene and polypropylene, on
acidic zeolites enables selective production of high-quality fuel oils by leveraging
the reactivity of Bronsted and Lewis acidic sites on the catalyst surface (Dai et al.,
2024). The reaction mechanism begins when a polyolefin molecule interacts with
a Bronsted acidic site, resulting in protonation that forms a carbonium ion—a
pentavalent carbocation. Due to its inherent instability, the carbonium ion quickly
decomposes to form alkanes and carbenium ions (see Figure 14).

Carbenium ions, which are trivalent carbocations, are more stable than
carbonium ions due to stabilizing effects such as hyperconjugation and inductive
effects from nearby alkyl groups (Corma and Orchilles, 2000). These carbenium
ions can further isomerize, producing even more stable secondary and tertiary
forms that facilitate the progression of catalytic cracking reactions. The formation
and subsequent reactions of these stable tertiary carbenium ions represent a
primary pathway for the catalytic breakdown of polyolefins into shorter
hydrocarbon chains (Sadeghbeigi, 2020).

It should also be noted that carbenium ions rearrangement to form tertiary
carbocations implies a higher degree of ramification of the products from the
catalytic cracking compared to pure thermal pyrolysis (Artetxe, 2013). The main
reaction occurring during the propagation step is the B-scission reaction, where the
C—C bond in the B-position relative to the positively charged carbon is broken.
This cleavage forms a lighter olefin and another reactive carbenium ion, allowing
the reaction to continue.

The B-scission reaction can occur through different pathways, depending on
the nature of the initial and resulting carbenium ions. In Type A B-scission, both
the starting and resulting species are tertiary carbocations, which are highly stable
due to hyperconjugation and inductive effects. Type B B-scission involves two
possible pathways: Type B1, where a secondary carbocation undergoes B-scission
to produce a more stable tertiary carbocation, and Type B2, where a tertiary
carbocation undergoes B-scission to form a secondary carbocation, which is less
favourable due to the resulting decrease in stability. In Type C B-scission, both the
initial and resulting species are tert-carbenium ions (Corma and Orchilles, 2000;
Dai et al., 2024). Secondary reactions of isomerization, Diels-Alder cycloaddition,
cyclization, dehydrogenation and oligomerization take place among the
carbenium ions and light products, with the overall process being endothermic and
leading to a broad distribution of products.
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Figure 14: Reaction mechanism of catalytic cracking of polyolefins on acidic zeolite, adapted from
Dong et al. (2022).

The mechanism of catalytic cracking explains why the product distribution is
narrower compared to the case of pure thermal cracking, with selective production
of light olefines and aromatic hydrocarbons, which are fundamental bulk
chemicals. For instance, benzene is used as precursor for styrene, cumene and
aniline, which are used for the production of polystyrene plastics, for the synthesis
of phenol and acetone and other applications. Similarly, toluene has many
applications as solvent in paints, coatings and adhesives. Xylenes, sold as mixture
of isomers, are used as precursors of terephthalic acid (from which PET is
produced) and phthalic anhydride (Farmer & Mascal, 2015).

The real mechanism of formation of aromatics is not yet fully understood, and
different pathways have been proposed (see Figure 15): i) Diels-Alder
cycloaddition of a conjugated diene to an alkene with further dehydrogenation
(Dorado et al., 2015); ii) cyclohexane formation and aromatization (Dai et al.,
2024); iii) “hydrocarbon pool” mechanism (Ilias and Bhan, 2013). Given the
complexity of the catalytic reaction network, it is likely that all three mechanisms

make their contribution in the formation of aromatic hydrocarbons (especially
BTX).
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Figure 15: Possible mechanisms for aromatics formation during catalytic cracking of polyolefins.
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1.4.4 Survey of in-situ and ex-situ catalytic cracking of polyolefins

Transitioning from oxygenated, heterogeneous biomass to hydrocarbon-
based, homogeneous polyolefins, the focus of catalytic cracking shifts
fundamentally from deoxygenation to selective C-C bond scission and molecular
reshaping. The underlying carbocation chemistry, while sharing principles with
some biomass conversion pathways, proceeds without the complexities introduced
by oxygen atoms, leading to a different product slate and distinct catalytic
challenges. Zeolite-based catalysts are extensively utilized in the catalytic
pyrolysis of polyolefins due to their unique structural and chemical properties.
Zeolites are crystalline aluminosilicate materials composed of a framework of
interconnected tetrahedral units, where each tetrahedron consists of a silicon or
aluminum atom surrounded by four oxygen atoms. This highly ordered and
repeating structure creates a porous material with well-defined pore sizes and
shapes (Dai et al., 2024).

The most important zeolites used in the context of catalyst cracking of polyolefins
are ZSM-5 (MFI) and Y (FAU) zeolites. Other catalysts include FCC catalysts,
aluminosilicates, carbon-based catalysts and metal oxides (Dai et al., 2024).

A summary of the extensive literature experimental work on catalytic pyrolysis of
HDPE in the “in-situ” configuration, i.e., with the catalyst directly located in the
pyrolysis reactor, has been compiled in Table 5. Cen et al. (2024) recently used a
batch reactor to investigate the performance of a layered self-pillared zeolite
(Z100) for the conversion of HDPE into gasoline. The zeolite had a superior
selectivity (99%) to gasoline when operated at 240°C for 4 h with a
catalyst/plastic ratio of 0.2. Chen et al. (2024) explored the effect of different Fe-
loaded USY zeolite catalysts on the pyrolysis of HDPE, concluding that the
presence of iron increases oil yield (especially in gasoline and diesel range) and
promotes the formation of more aromatics and alkenes. Metallic iron has greater
catalytic activity compared to iron oxides.

Yu et al. (2020) synthetized six different ZSM-5-based catalysts with different
acidity, of which three also included micro-crystalline cellulose (MCC) as co-
template during hydrothermal synthesis. The experiments were conducted in a
fixed-bed quartz tube reactor containing 1 g of plastics and 0.5 g of catalyst and
operated at 550°C. The most acid catalyst with MCC (MZ-27) achieved the
highest oil yield and the highest BTX selectivity due to the high density of acid
sites and the increased mesopore volume. It was concluded that MCC can be a
smart resource to tune the morphology, pore structure and acidity of zeolite
catalysts.

Liu et al. (2014b) used HZSM-5 in a fixed-bed reactor operated at 430°C for 3 h
with a plastic-to-catalyst ratio of 10 obtaining a significant gas yield (75.2%).
Nevertheless, wax formation suggests that HDPE conversion was not complete
during the experiment. They also compared the performance of the catalysts with
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other materials (MCM-41, Al,O3, CaO and clay), concluding that HZSM-5 was
the only catalyst able to convert most of HDPE to gas. MCM-41 produced the
highest yield of liquid, while alumina and CaO yielded a lot of waxes. Clay,
which does not have acidic sites and a porous structure, appeared to produce more
alkanes in the oil, encouraging the investigation on cheap clay-based catalysts.

Marcilla et al. (2009) examined the thermal and catalytic pyrolysis of HDPE in
dynamic conditions using a batch reactor and confirmed that the highest yield of
gas was obtained with HZSM-5. The gas was mostly composed of olefins, 1-
olefins, n-paraffins and iso-paraffins, while the liquid has a significant aromatic
nature. Miskolczi et al. (2004) studied the thermo-catalytic conversion of HDPE
in a lab-scale Pyrex batch reactor in the 400-450°C range, using a spent FCC
catalyst, a commercial HZSM-5 and a clinoptilolite containing rhyolite tuff
(NCM). Results showed that HZSM-5 produced the highest amount of gases in all
temperature conditions, but the liquid product was always the most abundant
together with the residue, probably due to the poor contact between catalyst and
HDPE and the low temperature. The investigation of Miskolczi et al. (2009) also
proved the efficacy of HZSM-5 catalyst for the catalytic cracking of PP and
HDPE waste plastic in a 9 kg/h pilot-scale gas-heated tubular reactor.

A batch fluidized-bed reactor (500°C, HDPE/catalyst ratio of 1.41) has been used
for the in-situ catalytic pyrolysis of HDPE on HZSM-5 and USY zeolite catalysts
by del Remedio Herndndez et al. (2007). Compared to the aromatic-free n-
paraffinic liquid recovered during thermal pyrolysis, the oil produced in the
presence of HZSM-5 contains mostly aromatics, followed by linear and branched
paraffins, with the composition being significantly affected by the pyrolysis
temperature.

Using a similar apparatus, Mastral et al. (2006) concluded that catalytic pyrolysis
should not be carried out at low temperature (350-400°C) to avoid the incomplete
degradation of the polymer with subsequent solid residue generation. On the other
hand, temperature higher than 500°C resulted in partial thermal cracking effect on
product distribution.

Other investigations with fluidized bed reactors were performed by Lin et al.
(2004), Lin et al. (1998), Sharrat et al. (1997) and Ali et al. (2003).

The in-situ catalytic pyrolysis of HDPE was also studied in a spouted-bed reactor
by Elordi et al. (2011a). Continuous reaction (up to 15 h) at 500°C with a 30 g
catalyst bed was conducted with three different catalysts, namely HZSM-5
(Si/Al=30), HY and HB. High mass and heat transfer between fluidization gas and
solid particles and the short residence time in the reaction environment
contributed to a smooth, problem-free continuous operation. The three catalysts
exhibited different product distribution at zero time, with HZSM-5 mainly
producing C>-Cs olefins and paraffins. HY mainly produced non-aromatic
gasoline range liquid and diesel liquid, while HB’s behaviour was in between.
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HZSM-5 was also characterized by the highest resistance to deactivation, with the
product distribution remaining practically unchanged for 15 h of continuous
operation. The pore structure and acidity of the catalyst deeply influence the
product distribution. For instance, light olefin yield is inversely proportional to the
pore size of the catalyst. Bigger pore size leads to compounds in the Cs-Ci1 range
and Cyi+ hydrocarbons (Elordi et al., 2009). Catalysts with higher acidity promote
the formation of monoaromatics (BTX). In general, “the higher the pore size, the
heavier the fraction is” (Elordi et al., 2009).

In conclusion, other investigations to be reported are those of Eschenbacher et al.
(2022) who studied a P/mesoZ55-ss catalyst in a micro-pyrolyser at 600°C with a
plastic/catalyst ratio of 1/80. The catalyst was a phosphorus-modified mesoporous
HZSM-5 zeolite which proved to be effective in the catalytic pyrolysis of a
polyolefin mixture (LLDPE, LDPE, HDPE and PP), leading to 79% yield of light
olefins and 5% aromatics. Moreover, P-modified zeolite showed high resistance to
coke deposition compared to conventional HZSM-5.

Fresh and spent FCC catalysts have also been widely used for the catalytic
conversion of polyolefins, as summarized in Table 6. Abbas-Abadi et al. (2013)
used a semi-batch reactor operated at 420-510°C and with a HDPE/FCC ratio in
the range of 1/60 to 1/20 to produce liquid fuels. The main product were always
liquid oil and waxes, with non-condensable gases being <10%. Reaction
temperature and catalyst load were the most important parameters of the process,
and the highest oil yield was obtained at 450°C, with 10% of catalyst. Similar
conclusions were reached by Lee et al. (2002, 2003) using a spent FCC catalyst.
Miskolczi et al. (2004, 2006) used FCC catalyst in a fixed-bed reactor for 1 h at
430°C and 2wt. % catalyst, obtaining 82% of liquid (oil + waxes) and low gas
yield (5.8%).

Elordi et al. (2012b) used a continuous spouted-bed reactor at 500°C for the
catalytic conversion of HDPE (1 g/min) over spent FCC catalyst agglomerated
with bentonite (50%), achieving 28.3% of gas, 61.6% of liquid oil and 10.1% of
wax. Given its use in reaction-regeneration cycles, spent FCC is characterized by
weak acidity, which limits aromatization and condensation reactions (coke
formation). Using the same experimental apparatus, Olazar et al. (2009) found
that the production of diesel range liquid can be increased from 13 wt% (spent
non-treated FCC at 500°C) to 38 wt% (FCC steamed for 5 h at 760°C, pyrolysis at
500°C) and to 69% (with severe steaming for 8 h at 816°C and pyrolysis at
475°C). Other experiments with spent FCC catalysts were conducted in a
fluidized bed reactor by Ali et al. (2003) and by Salmiaton & Garforth (2011).

The use of silica-alumina and other mesoporous materials as catalysts for the
catalytic cracking of polyolefins is well documented. Recently, Mondal et al.
(2023) observed that the catalytic activity of ASA (sol-gel prepared amorphous
silica-alumina) can be improved by reducing the Si/Al ratio and by doping it with
titanium. Using a batch reactor with a plastic/catalyst ratio of 25, it was found that
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Ti-doped ASA converted nearly 96% of the fed LDPE with high selectivity
towards gasoline and — above all — with low temperature conditions (376°C). Lin
et al. (2004) worked with MCM-41 and SAHA (Synclyst25 silica—alumina,
Crosfield Chemicals, Warrington, U.K.) in a fluidized bed reactor and observed
that the catalytic degradation of HDPE was less pronounced compared to that
found with HZSM-5, given the lower acidity and the larger pore structure of non-
zeolite catalysts, which also contributed to their faster deactivation. Seo et al.
(2003) had previously concluded that amorphous silica-alumina, despite showing
activity in cracking heavy hydrocarbons towards lighter olefins, is inferior to
zeolites in terms of aromatic production. Simple alumina powder yielded 82% of
liquid (against the 84% of thermal pyrolysis of HDPE), but half of it was still in
the C13-Ca3 range.

Earlier investigations with non-zeolite catalysts — among which MCM-41, Silica-
alumina and Silicalite- were carried out in stirred batch reactors (Van Grieken et
al, 2001), fluidized bed reactors (Lin et al., 1998; Sharrat et al., 1997) or stirred
semi-batch reactors (Sakata et al., 1997).

It is worth citing the work of Ahmad et al. (2013), who used BaTiO3 and its
modifications (4% Pb/BaTiOs, 0.25% Co/BaTiO3, 3.94-0.25% Pb-Co/BaTiO3) to
convert HDPE in a micro steel reactor operated at 350 °C. It was found that the
best catalyst to maximize liquid yield was Pb-Co/BaTiOs; all BaTiOs-based
catalysts enhanced the production of paraffins while reducing olefins and
naphthenes. The concentration of aromatics was always zero for all catalysts and
heavy hydrocarbons represented a significant part of the liquid samples,
suggesting poor catalytic activity. Finally, Jan et al. (2010a and 2010b) explored
the potential use of a basic catalysts (e.g., BaCO3, MgCO3) for the degradation of
HDPE in a batch reactor. Compared to the thermal process (450°C, 2h), the
presence of MgCOs3 (0.2 gea/gupre) avoided wax production and 92% liquid
product was obtained in the optimal conditions.
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Table 5: In-situ catalytic cracking of HDPE on zeolite catalysts in the literature.

Catalyst (Si/Al) Reaction conditions Products distribution (wt.%) Reference
Layered self-pillared 240°C, 4 h, HDPE/catalyst=5, batch reactor C1-C5=0.6; C4-C12=81.2 Cen et al., 2024
zeolite (Z100)

USY (10) 500°C, HDPE/catalyst=10, fixed bed quartz reactor Liquid=56.5; Gas=42.6; Coke=0.9 Chen et al., 2024
HZ-27 (27) 550°C, fixed-bed quartz tube reactor, 1 g plastic/0.5 g catalyst Liquid=20; Gas=77.66; Coke=1.6 Yu et al., 2020
MZ-27 (27) 550°C, fixed-bed quartz tube reactor, 1 g plastic/0.5 g catalyst Liquid=21.5; Gas=77.3; Coke=1.2

HZ-80 (80) 550°C, fixed-bed quartz tube reactor, 1 g plastic/0.5 g catalyst Liquid=17.5; Gas=81.3; Coke=1.2

MZ-80 (80) 550°C, fixed-bed quartz tube reactor, 1 g plastic/0.5 g catalyst Liquid=18.8; Gas=80.4; Coke=0.8

HZ-150 (150)
MZ-150 (150)
HY (5.5)
HZSM-5 (25)
HZSM-5 (30)
HY (5.2)

HB (75)
HUSY
HZSM-5
HZSM-5 (30)
HY (5.2)

550°C, fixed-bed quartz tube reactor, 1 g plastic/0.5 g catalyst
550°C, fixed-bed quartz tube reactor, 1 g plastic/0.5 g catalyst
430°C, 3h, HDPE/catalyst=10, fixed bed reactor
430°C, 1h, HDPE/catalyst=10, fixed bed reactor

500°C, 7.5 h, spouted-bed reactor (30 g catalyst bed), 1 g/min HDPE
500°C, 7.5 h, spouted-bed reactor (30 g catalyst bed), 1 g/min HDPE
500°C, 7.5 h, spouted-bed reactor (30 g catalyst bed), 1 g/min HDPE

550°C, HDPE/catalyst=10, batch reactor
550°C, HDPE/catalyst=10, batch reactor
500°C, spouted-bed reactor (30 g catalyst bed), 1 g/min HDPE
500°C, spouted-bed reactor (30 g catalyst bed), 1 g/min HDPE

Liquid=13.9; Gas=85.4; Coke=0.7

Liquid=14.3; Gas=85.2; Coke=0.5

Gas=18; Liquid=49; Residue=34

Gas=75.2; Liquid=14.3; Wax=10.5

C»-C4 olefins=57; Cs4 paraffins=15; non-aromatic Cs-
C11=14; aromatics =12; C2-Cy=1; Wax=1

C»-C4 olefins=37; C4 paraffins=3.5; non-aromatic Cs-
C11=47; aromatics =4.5; C2-Cx0=2.5; Wax=5.5

C»-C4 olefins=22.5; C,4 paraffins=3.5; non-aromatic

Cs5-C11=44; aromatics =7.5; C12-C20=10.5; Wax=12
Liquid=41.0; Gas=39.5; Char=1.9

Liquid=17.3; Gas=72.6; Char=0.7
Gas=74 Liquid=25.5; Wax=0.5
Gas=36; Liquid=63; Wax=1

Kunwar et al., 2016
Liu et al., 2014b
Elordi et al., 2011a

Marcilla et al., 2009

Elordi et al., 2009
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Hp (75)
HZSM-5 (24.1)
HZSM-5 (22.2)

USY (4.8)
HZSM-5 (28.1)
HZSM-5
HZSM-5 (28.1)
HZSM-5

ZSM-5 powder
Zeolite-Y powder
Mordenite pellet
HZSM-5 (17.5)
USY (6.2)

HY (5.5)
HZSM-5 (22)
HZSM-5 (44)
H-Natural zeolite
H-Natural zeolite/Ni

HZSM-5 (17)

500°C, spouted-bed reactor (30 g catalyst bed), 1 g/min HDPE
520°C, 5 wt.% catalyst, horizontal tube reactor (continuous)

500°C, HDPE/catalyst=1.41, fluidized bed reactor (batch)

500°C, HDPE/catalyst=1.41, fluidized bed reactor (batch)

430°C, 1h, 2 wt.% catalyst, fixed bed reactor

500°C, HDPE/catalyst=1.41, fluidized bed reactor (batch)

450°C, 1h, 3 wt.% catalyst, pyrex batch reactor

360°C, 15 min, HDPE/catalyst=0.4/1, fluidized bed reactor

450°C, batch reactor, HDPE/catalyst=20, 30 min
450°C, batch reactor, HDPE/catalyst=20, 30 min
450°C, batch reactor, HDPE/catalyst=20, 30 min
450°C, HDPE/catalyst=1/6, fluidized bed reactor
450°C, HDPE/catalyst=1/6, fluidized bed reactor
450°C, 1 h, HDPE/catalyst=10, fixed bed reactor
450°C, 1 h, HDPE/catalyst=10, fixed bed reactor
450°C, 1 h, HDPE/catalyst=10, fixed bed reactor
450°C, 1 h, HDPE/catalyst=10, fixed bed reactor
450°C, 1 h, HDPE/catalyst=10, fixed bed reactor

360°C, 20 min, HDPE/catalyst=0.4/1, fluidized bed reactor

Gas=48; Liquid=50; Wax=2
Gas=11; Liquid+Wax=89; Residue=0
Gas=88.3; Liquids=4.3; Wax=5.0; Residue=5.6

Gas=83.4; Liquids=9.7; Wax=1.0; Residue=10.9
Gas=12; Liquid+Wax=82; Residue=6
Gas=78.48; Wax=21.52; Residue=0.0

Gas=15.1; Liquid=81.0; Residue=3.9

Gas=64.1; Liquid=29.4; Residue=4.5

Liquid=35 (99.9% C1>-Ci6); Gas=63; Coke=1.5
Liquid=71.5 (96.9% Ci»-Ci¢); Gas=27; Coke=1.5
Liquid=78.5 (71.0% C1»-Ci¢); Gas=18.5; Coke=3
Gas=57.4; Liquid=28.28; Residue=11.9
Gas=25.4; Liquid=44.7; Residue=20.2
Liquid=14.9; Gas=75.8; Residue=9.3
Liquid=10.4; Gas=88.4; Residue=0.7
Liquid=21.5; Gas=78.5; Residue=0

Liquid=65.1; Gas=34.9; Residue=0

Liquid=35.7; Gas=64.3; Residue=0

Gas=93.2; Liquid=2.3; Residue=4.5

Miskolczi et al., 2009

del Remedio
Hernandez et al.,
2007

Miskolczi et al., 2006
Mastral et al., 2006
Miskolczi et al., 2004
Lin et al., 2004

Seo et al., 2003

Alietal., 2003

Park et al., 1999

Lin et al., 1998




HUSY (6.0)
HMOR (6.3)
HZSM-5 (17)
HZSM-5 (17)
ZSM-5 (75.9)
Fe-(0-550)/USY
Fe-(R-300)/USY
Fe-(R-450)/USY
P/mesoZ55-ss (55)

360°C, 20 min, HDPE/catalyst=0.4/1, fluidized bed reactor
360°C, 20 min, HDPE/catalyst=0.4/1, fluidized bed reactor
360°C, 15 min, HDPE/catalyst=0.4/1, fluidized bed reactor
430°C,15 min, HDPE/catalyst=0.4/1, fluidized bed reactor
430°C, HDPE/catalyst=10, stirred semi batch reactor
500°C, HDPE/catalyst=10, fixed bed quartz reactor

500°C, HDPE/catalyst=10, fixed bed quartz reactor

500°C, HDPE/catalyst=10, fixed bed quartz reactor

600°C, HDPE/catalyst = 1/80, micro-pyrolizer

Gas=89.7; Liquid=3.2; Residue=7.1
Gas=88.6; Liquid=2.5; Residue=8.9
Gas=91.5; Liquid=4.0; Residue=4.5
Gas=94.2; Liquid=2.1; Residue=3.7
Liquid=49.8; Gas=44.3; Residue=5.8
Liquid=72.5; Gas=26.1; Coke=1.4
Liquid=69.9; Gas=28.2; Coke=1.9
Liquid=66.7; Gas=31.2; Coke=2.1

CH4=0.3, C,-C4 olefins=82.8, C4 alkane=0.9,
Aromatic= 4.1, Aromatics free Cs-C11= 9.9, C12-Coo=
1.6, C21—C35=0.4

Sharrat et al., 1997

Sakata et al., 1997

Chen et al., 2024

Eschenbacher et al.,
2022

Nanocrystalline (55 340°C, 2 h, HDPE/catalyst=100, stirred batch reactor C1-C5=100; C¢+=0%. Conversion 18.8% Serrano et al., 2005
nm) HZSM-5

Nanocrystalline (20 340°C, 2 h, HDPE/catalyst=100, stirred batch reactor C1-Cs=100; Cs+=0%.Conversion 27.2%

nm) HZSM-5

Nanocrystalline (12 340°C, 2 h, HDPE/catalyst=100, stirred batch reactor C1-Cs=100; C6+=0%. Conversion 48.7%

nm) HZSM-5
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Table 6: In-situ catalytic cracking of HDPE on other catalysts in the literature.

Catalyst (Si/Al) Reaction conditions Products distribution (wt.%) Reference

FCC 450°C, HDPE/catalyst=1/20, semi batch reactor Liquid=91.2; Gas=4,1; Coke=4.7 Abbas-Abadi et al., 2013
FCC 420°C, HDPE/catalyst=1/20, semi batch reactor Liquid=89.1; Gas=6.7; Coke=4.2

FCC used 500°C, spouted-bed reactor (30 g catalyst bed), 1 g/min HDPE = Gas=28.3; Liquid=61.6; Wax=10.1 Elordi et al., 2012b
Used FCC 450°C, HDPE/catalyst=1/6, fluidized bed reactor Gas=41.6; Liquid=34.1; Residue=24.3 Salmiaton & Garforth,
FCC equilibrated 475°C, spouted-bed reactor (30 g catalyst bed), 0.5 g/min Gas=8.2; Liquid=91,2; Wax=0 é?;;ar et al., 2009
FCC (16.4) 51312)1:2, 1h, 2 wt.% catalyst, fixed bed reactor Gas=5.8; Liquidt+Wax=82; Residue=12.2 Miskolczi et al., 2006
FCC (16.4) 450°C, 1h, 3 wt.% catalyst, fixed bed reactor Gas=6.3; Liquid=82.5; Residue=11.2 Miskolczi et al., 2004
Used FCC 450°C, HDPE/catalyst=1/6, fluidized bed reactor Gas=29.2; Liquid=55.8; Residue=13.0 Ali et al., 2003

FCC used 430°C, HDPE/catalyst=20, stirred semi batch reactor Liquid=79.7; Gas=19.4; Residue=0.9 Lee et al., 2003

FCC used 400°C, HDPE/catalyst=10, stirred semi batch reactor Liquid=82; Gas=17; Residue<1% Lee et al., 2002

Coconut Shell Activated
Carbon
ASA (98.5)

ASA+Ti(61.1)
MSM-41

Silica alumina (2.6)
MCM-41 (17.5)

Silica-Alumina powder

400°C, 45 min, HDPE/catalyst=1, batch microwave reactor

405°C, LDPE/catalyst=25, batch reactor

376°C, LDPE/catalyst=25, batch reactor

430°C, 1h, HDPE/catalyst=10, fixed bed reactor

360°C, 15 min, HDPE/catalyst=0.4/1, fluidized bed reactor
360°C, 15 min, HDPE/catalyst=0.4/1, fluidized bed reactor

450°C, batch reactor, HDPE/catalyst=20, 30 min

Liquid=36.6; Gas=62.6; Residue=0.8
Liquid=81.1; Gas=18.1; Residue=7.5
Liquid=88.9; Gas=11.1; Residue=4.1
Gas=57.7; Liquid=42.3; Residue=0
Gas=31.2; Liquid=56.6; Residue=12.1
Gas=26.4; Liquid=64.4; Residue=9.1

Liquid=78(91.3% C1-C1s); Gas=21; Coke=1.0

Juliastuti et al., 2018

Mondal et al., 2023

Liu et al., 2014b
Lin et al., 2004

Seo et al., 2003
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Alumina powder
MCM-41 (17.5)
F9

SA

SAHA (2.6)
MCM-41 (17.5)
Silicalite (>1000)
Silicalite (>1000)
SA-1(4.99)
SA-2 (0.267)
KFS-16

Pb-Co/BaTiOs3

BaCOs3
MgCOs3
CaCOs
MgCOs3

450°C, batch reactor, HDPE/catalyst=20, 30 min

380°C, 360 min, stirred batch reactor

500°C, 1 h, fluidized bed reactor (batch)

500°C, 1 h, fluidized bed reactor (batch)

360°C, 20 min, HDPE/catalyst=0.4/1, fluidized bed reactor
360°C, 20 min, HDPE/catalyst=0.4/1, fluidized bed reactor
360°C, 60 min, HDPE/catalyst=0.4/1, fluidized bed reactor
430°C, 60 min, HDPE/catalyst=0.4/1, fluidized bed reactor
430°C, HDPE/catalyst=10, stirred semi batch reactor
430°C, HDPE/catalyst=10, stirred semi batch reactor
430°C, HDPE/catalyst=10, stirred semi batch reactor

350°C, 1 wt.% catalyst, fixed bed reactor

450°C, 1 h, HDPE/catalyst=10, batch reactor
450°C, 1 h, HDPE/catalyst=10, batch reactor
450°C, 1 h, HDPE/catalyst=10, batch reactor
450°C, HDPE/catalyst=5, batch reactor

Liquid=82 (53% Ci2-Cis); Gas=15.9; Coke=2.1

Gas=35.9; Liquid=22.9; Residue=41.2
Liquid=65; Gas=24; Residue=11
Liquid=86; Gas=8; Residue=6
Gas=84.5; Liquid=3.4; Residue=12.1
Gas=84.8; Liquid=6.1; Residue=9.1
Gas=4.1; Liquid=1.5; Residue=94.4
Gas=24.2; Liquid=1.8; Residue=74
Liquid=67.8; Gas=23.7; Residue=38.5
Liquid=74.3; Gas=13.4; Residue=12.3
Liquid=71.1; Gas=11.0; Residue=17.9

Gas=10.1; Liquid=64.8; Wax=20.3;
Residue=4.13
Liquid=29.60

Liquid=33.60
Liquid=32.20
Gas=18; Liquid=51; Wax=28; Residue=3.4

Van Grieken et al., 2001

Luo et al., 2000

Lin et al., 1998

Sharrat et al., 1997

Sakata et al., 1997

Ahmad et al., 2013

Jan et al., 2010a

Jan et al., 2010b
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The ex-situ catalytic cracking of HDPE pyrolysis vapours has been
investigated by several authors by using different kind of catalysts, reactor
combinations and operating conditions, as illustrated by the data reported in Table
7.

Dwivedi et al. (2021) investigated the process with a pyrolysis batch reactor
followed by a fixed-bed catalytic cracking reactor operated at 350°C, with a
plastic/catalyst ratio of 30. The feed was a mixture of PP, LDPE and HDPE.
Compared to the simple thermal cracking (=75% liquid product and =25% gases),
regular HZSM-5 increased gas production (=40%) while 5% Fe/HZSM-5
produced 76% of liquid, of which 66.4% was in the fuel range hydrocarbons (Cs-
C20). Moreover, Fe- doped HZSM-5 experienced lower deactivation and coke
deposition.

Akubo et al. (2019) investigated the efficacy of various metal-doped Y zeolite
catalysts in the catalytic pyrolysis of high-density polyethylene (HDPE) for the
production of high-value fuels. Utilizing a two-stage (thermal followed by
catalytic) fixed-bed pyrolysis system operating at 600 °C, the study demonstrated
that the introduction of Y zeolite catalysts reduced the overall oil yield—from
69% under thermal pyrolysis conditions to 45%—while significantly enhancing
product quality, achieving an aromatic hydrocarbon content of approximately
79%. The incorporation of transition metals (Ni, Mo, Ga, Fe, Ru, and Co) into the
Y zeolite framework further increased the aromatic hydrocarbon yield, reaching
values between 80 and 95 wt.% relative to the total oil fraction, when compared to
the non-catalytic process. However, an increase in metal loading from 1% to 5%
resulted in a decline in aromatic yield, indicating an optimal loading threshold.
The aromatic fraction was predominantly composed of mono- and bi-aromatic
hydrocarbons—such as toluene, xylene, and ethylbenzene—which accounted for
97-99% of the total aromatics produced with metal-doped Y zeolite catalysts. A
noted drawback was that higher metal loadings also promoted carbon deposition
on the catalyst surface, potentially reducing catalyst longevity and effectiveness.

Dai et al. (2021) conducted an extensive catalyst screening study for the
catalytic cracking of high-density polyethylene (HDPE) using a microwave-
assisted pyrolysis system coupled with two sequential fixed-bed catalytic reactors.
The first reactor facilitated the catalytic cracking of pyrolysis volatiles, while the
second reactor was designed for their hydrogenation and reforming into low-
aromatic-content naphtha. This was achieved using an Al.Os-pillared metal-clay
(M-clay) catalyst, which promoted olefin-to-paraffin conversion reactions. The
experimental conditions included a pyrolysis temperature of 500 °C, a catalyst-to-
plastic ratio of 1:1, and a catalytic cracking temperature of 450 °C.

The study evaluated a range of catalysts, including ZSM-5, ultra stable Y
(USY), SBA-15, and metal-loaded SBA-15 variants (with metal loadings ranging
from 1% to 10%). Among these, Zn/SBA-15 exhibited high cracking activity
attributed to its acidic properties, though it yielded a low aromatic content
(6.66%). In contrast, ZSM-5, USY, and AI/SBA-15 demonstrated the highest
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selectivity towards Cs—Ci2 aromatic hydrocarbons, achieving yields of 84.15%,
81.07%, and 45.90%, respectively.

Ratnasari et al. (2017) investigated the impact of staged catalysis on the
reforming of high-density polyethylene (HDPE) pyrolysis volatiles using a two-
stage fixed-bed reactor system. The catalytic configuration employed a dual-layer
bed combining mesoporous MCM-41 and microporous ZSM-5, aimed at
enhancing selectivity towards gasoline-range hydrocarbons. Optimal performance
was achieved with a 1:1 mass ratio of MCM-41 to ZSM-5 and a plastic-to-catalyst
ratio of 1:2. Under these conditions, the process yielded 97.7% gasoline-range
hydrocarbons, with an aromatic content of 95.8%, demonstrating the synergistic
effect of combining meso- and microporous catalysts in a staged configuration.

Artetxe et al. (2012) examined the continuous catalytic pyrolysis of high-
density polyethylene (HDPE) using a two-stage system comprising a spouted-bed
pyrolysis reactor followed by a fixed-bed -catalytic reactor. The study
demonstrated that the spouted-bed reactor is well-suited for the continuous
pyrolysis of plastic waste due to its superior heat and mass transfer characteristics
and its ability to operate continuously without defluidization issues. The use of an
HZSM-5 catalyst in the downstream fixed-bed reactor enabled the production of
high yields of light olefins. The results indicated that increasing both the space-
time and the cracking temperature enhanced the formation of light olefins—
reaching a maximum yield of 62 wt.% at 550°C and a space-time of
8 gcat min guppe '—as well as monoaromatics, which peaked at 13 wt.%.
Furthermore, the acidity of the HZSM-5 catalyst was identified as a key parameter
in modulating the product distribution during catalytic pyrolysis (Artetxe et al.,
2013). Specifically, an increase in catalyst acidity was found to enhance the yield
of light olefins, attributed to the catalyst’s higher cracking activity, as well as the
formation of monoaromatic compounds, due to the promotion of condensation
and aromatization reactions.
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Table 7: In line catalytic cracking of HDPE on different catalysts in the literature.

. v FPITRDP °
Catalyst (Si/Al) Reaction conditions Products distribution (wt.%) Reference
HZSM-5 (30) 350°C, HDPE/catalyst=30, batch+fixed bed reactor Liquid=60; Gas=40; Residue=N.D. Dwivedi et al., 2021
ZSM-5 500°C, HDPE/catalyst=1, microwave reactor + tandem catalytic cracking+ Cs-Cy, paraffins=0.45; Cs-C, olefins=9.22; Cs- Dai et al., 2021
reforming Ci2 aromatics=84.15; C;3+ hydrocarbons=6.18
USY 500°C, HDPE/catalyst=1, microwave reactor + tandem catalytic cracking+ Cs-Cy, paraffins=6.08; Cs-Ci» olefins=3.53; Cs-
reforming Ci2 aromatics=81.07; Ci3+ hydrocarbons=9.08
Zeolite Y 600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=36; Liquid=45; Coke=10 Akubo et al., 2019
4 g catalyst.
ZSM-5 (20) 500°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=21.4; Liquid=79.3 Ratnasari et al., 2017
4 g catalyst.
HUSY (5.2) 470°C, 45 min, two-stage fixed bed reactor (thermal stage + catalytic stage). 10  Gas=93.2; Liquid+Wax=4.9; Solids=1.9 Zeaiter, 2014
g HDPE, 1 g catalyst.
Hp (300) 470°C, 45 min, two-stage fixed bed reactor (thermal stage + catalytic stage). 10 ~ Gas=95.7; Liquid+Wax=1.4; Solids=1.9
g HDPE, 1 g catalyst.
HZSM-5 (80) Spouted-bed (1g/min HDPE, 500°C)+ fixed bed (8 g of catalyst, 550°C) C,-C4 olefins=43.9; C;-C, paraffins=7; non- Artetxe et al., 2013

HZSM-5 (280)

HZSM-5 (30)
5%Fe/HZSM-5
1 wt% Ni-Y

5 wt% Ni-Y

1 wt% Mo-Y

Spouted-bed (1g/min HDPE, 500°C)+ fixed bed (8 g of catalyst, 550°C)

Spouted-bed (1g/min HDPE, 500°C)+ fixed bed (8 g of catalyst, 550°C)
350°C, HDPE/catalyst=30, batch+fixed bed reactor

600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE,
4 g catalyst.
600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE,
4 g catalyst.
600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE,
4 g catalyst.

aromatic Cs-C;;=23.9; aromatics =3.4; C,-
C20=22.5

C»-C4 olefins=35.6; C;-C4 paraffins=5.6; non-
aromatic Cs-C;;=28.7; aromatics =1.7; Cj»-
C20=28

Gas=72.2; Liquid=27.8; Coke=0

Liquid=76; Gas=24; Residue=N.D.
Gas=36; Liquid=36; Coke=22

Gas=36; Liquid=43; Coke=18

Gas=38; Liquid=31; Coke=24

Artetxe et al., 2012
Dwivedi et al., 2021

Akubo et al., 2019
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5 wt% Mo-Y 600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=36; Liquid=35; Coke=20

4 g catalyst.
1 wt% Fe-Y 600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=33; Liquid=40; Coke=14
4 g catalyst.
5 wt% Fe-Y 600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=38; Liquid=30; Coke=22
4 g catalyst.
1 wt% Ga-Y 600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=37; Liquid=36; Coke=18
4 g catalyst.
5 wt% Ga-Y 600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=37; Liquid=29; Coke=24
4 g catalyst.
1 wt% Ru-Y 600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=42; Liquid=34; Coke=18
4 g catalyst.
5 wt% Ru-Y 600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=31; Liquid=43; Coke=20
4 g catalyst.
1 wt% Co-Y 600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=36; Liquid=36; Coke=22
4 g catalyst.
5 wt% Co-Y 600°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=40; Liquid=30; Coke=26
4 g catalyst.
SBA-15 500°C, HDPE/catalyst=1, microwave reactor + tandem catalytic cracking+ Cs-Cy; paraffins=0.88; Cs-Ci; olefins=12.13; Cs-  Dai et al., 2021
reforming Ci2 aromatics=2.18; Ci3+ hydrocarbons=84.81
Co-SBA-15 500°C, HDPE/catalyst=1, microwave reactor + tandem catalytic cracking+ Cs-Cy, paraffins=4.60; Cs-C; olefins=13.57; Cs-
reforming Ci2 aromatics=1.12; Cy3+ hydrocarbons=75.38
Fe-SBA-15 500°C, HDPE/catalyst=1, microwave reactor + tandem catalytic cracking+ Cs-Cy, paraffins=2.62; Cs-C; olefins=31.32; Cs-
reforming Ci2 aromatics=6.28; Ci3+ hydrocarbons=59.55
Ni-SBA-15 500°C, HDPE/catalyst=1, microwave reactor + tandem catalytic cracking+ Cs-Cyz paraffins=0.91; Cs-Ci; olefins=33.59; Cs-
reforming Ci2 aromatics=1.38; Ci3+ hydrocarbons=60.24
ZnAl-SBA-15 500°C, HDPE/catalyst=1, microwave reactor + tandem catalytic cracking+ Cs-Cy, paraffins=4.27; Cs-C; olefins=38.24; Cs-
reforming Ci2 aromatics=12.15; Cy3+ hydrocarbons=45.34
FCC 450°C, 17 min, two-stage fixed bed reactor (thermal stage + catalytic stage) Gas=0.5; Liquid=38.5; Residue=61.0 Achilias et al., 2007
Spent FCC Spouted-bed (1g/min HDPE, 500°C)+ fixed bed (6 g of catalyst, 450-550°C) C,-C4 olefins=12-28; C;-C4 paraffins=3.5; non- Barbarias et al., 2015
aromatic Cs-C;1=34-52; aromatics =<3; Wax=36-
1
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MCM-41 (4) 500°C, two-stage fixed bed reactor (thermal stage + catalytic stage), 2 g HDPE, = Gas=11.8; Liquid=88.2 Ratnasari et al., 2017
4 g catalyst.
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1.5 Upgrading strategies of pyrolysis liquids

As previously discussed, due to the inherent chemical complexity and low-
quality characteristics of raw pyrolysis oil—including high oxygen content,
acidity, instability, and impurities—the direct application of these products as
fuels or chemical feedstocks is limited (Gollakota et al.,, 2016). Upgrading
processes are therefore essential to transform pyrolysis oil into a higher-value,
stable, and energy-dense product that meets the quality requirements for use in
conventional fuel and chemical industries. Typically, a physical pre-treatment of
bio-oil is necessary before the chemical upgrading.

Physical filtration can be a simple strategy to reduce the concentration of solid
particles (char) in the oil, increasing its stability over time (Agblevor, 1994);
nevertheless, recent studies have demonstrated that hot gas filtration — i.e.,
filtration of hot pyrolysis vapours coming from the reactor, before condensation —
is able to decrease oil viscosity and reduce solid content in the oil more efficiently
than liquid filtration (Brown, 2019), reaching 0.01% for char concentration and 10
ppm of alkali metals (Crocker, 2010).

Other physical processes that can be adopted to improve the quality of the
pyrolytic oil include atmospheric distillation, extraction with supercritical fluids,
liquid-liquid extraction and emulsification. Distillation of bio-o0il is not
straightforward as for crude oil. Thus, during the heating process, bio-oil
oxygenated compounds tend to polymerize leaving behind 40-50 wt.% of the oil
as solid residue (Lachos-Perez et al., 2023). To counter this phenomenon, vacuum
distillation working at lower temperature has been proposed as an alternative, but
its cost and energy intensity pose challenges for scale-up.

The use of supercritical fluids -especially scCO; because it is inert, non-toxic,
inexpensive and easy to liquefy - has shown potential for selective extraction of
target molecules from bio-oils (Feng and Meier, 2017; Wang et al., 2010).
Nevertheless, the selectivity of the process is far from being satisfactory and the
severe pressure conditions (>150 bar) make this technology expensive. A cheaper
strategy to fractionate bio-oil is by simple liquid-liquid extraction (LLE) using
solvents like toluene, ether, methanol. Alcohols, especially methanol, are able to
dilute reactive oxygenates and to limit re-polymerization reactions (Brown, 2019).

Water can also be used as solvent, but its addition can cause phase separation
of the oil (Lindfors et al., 2014) into a water-soluble phase (containing
holocellulose -derived sugars and light organics) and a water-insoluble lignin-rich
phase (Gollakota et al., 2016). Typically, multi-stage LLE has been performed to
separate bio-oil into many selective fractions (Ren et al., 2017; Garcia-Perez et al.,
2007).

Finally, bio-oil can be emulsified together with fossil fuels (diesel) or bio-
based diesel by using appropriate surfactants (Lachos-Perez et al., 2023). By
tuning the most important process parameters (i.e., temperature, bio-oil/diesel
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ratio, surfactant concentration, mixing time and intensity) it is possible to produce
stable, high- quality emulsions.

This section describes different techniques used to improve the characteristics
of bio-oils, but some of them (namely, catalytic and thermal cracking, steam and
dry reforming) proved to be effective to obtain hydrocarbon fuels or hydrogen
from plastic oil too.

Hydrodeoxygenation is a widely investigated route to reduce the oxygen
content of bio-oils. It operates at high temperatures (350-500°C) and pressures (5-
15 MPa) in the presence of hydrogen and of an acidic catalyst able to cleave the
C-O bond and to eject oxygen in the form of CO> and HO from the system
(Dickerson and Soria, 2013; Nanda et al., 2021). Figure 16 illustrates the process:

Vapours
W N lC har 3 0 E o
\ “ 50-500°C
ﬂ 0% 5-15 MPa
o OQOO Acidic catalyst UPGRADED
BIOMASS —1 00 H, “RADE
'—I—‘ OIL
\'2
PYROLYSISREACTOR HDO

Figure 16: Schematic representation of bio-oil HDO.

The degree of HDO largely depends on the reaction conditions, specifically
the temperature, pressure, hydrogen feed rate, and the choice of catalyst; but the
process results in bio-oils with lower oxygen content, enhanced stability and
improved calorific values. The main reactions occurring during the hydrotreating
of bio-oil include hydrogenation, dehydration, decarbonylation, decarboxylation,
cracking and hydrocracking (Zacher et al., 2014).

Different catalysts proved to be suitable for the HDO process, but five main
catalyst groups have been investigated: sulphides, oxides, noble metals,
phosphides and others, i.e. carbides and nitrates (Dabros et al., 2018).

Initially, sulfided CoMo and NiMo supported on alumina were tested as
catalysts in conditions similar to those of traditional petroleum desulfurization
process, but support’s instability due to high concentration of water led to the
development of novel catalysts over the past decades (Crocker, 2010; Elliot,
2007). Figure 17 shows the upgraded oil yield as a function of the degree of
deoxygenation (DOD) for a selection of catalysts in both mild and harsh
conditions (in Dabros et al., 2018 adapted from Wildschut et al., 2009):
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Figure 17: Oil yield as a function of the degree of deoxygenation (DOD) for different catalysts in
mild (250°C and 100 bar) and severe (350°C, 200 bar) conditions. Picture from Dabros et al., (2018).

The primary advantage of HDO is its high carbon efficiency. By removing
oxygen primarily as water, it preserves the carbon backbone of the organic
molecules, which is crucial for maximizing the yield and energy density of the
final hydrocarbon fuel. This carbon retention is crucial for achieving high energy
density in the upgraded bio-oil, as carbon atoms are integral to calorific content.
Nevertheless, high costs associated with continuous hydrogen supply (up to 490-
710 Lu2/Loii, as reported by Bunting and Boyd, 2012) and to high pressure
conditions reduce economic viability on a large scale (Zacher et al., 2014).

This technique has a number of advantages, among which the feedstock

versatility, the efficient and selective removal of oxygen from the bio-oil and the
possibility to blend upgraded oil with fossil fuels to be processed in standard
petroleum refineries. If coupled with renewable hydrogen sources and biomass
feedstocks, HDO would have the potential to produce lower-carbon fuels. This
contributes to greenhouse gas emission reduction goals and helps reduce
dependence on fossil fuel sources.
Unfortunately, HDO relies heavily on hydrogen, which is often sourced from non-
renewable methods, adding to both cost and environmental impact. The catalyst is
also subject to fouling and deactivation (coking, sintering), thus reducing the
process efficiency and requiring frequent catalyst regeneration (Li et al., 2017).
The high temperature and pressure also increase the cost of the process (Zhang et
al., 2021).

Steam reforming of bio-oil produces hydrogen (Hz) or syngas (a mixture of
hydrogen and carbon monoxide). Being synthesized from a renewable energy
resource, the produced gas is considered a clean and efficient energy carrier
(Kumar et al., 2017). The process is similar to steam reforming of fossil fuels for
hydrogen production. Steam and hydrocarbons react following a complex kinetic
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scheme involving reforming, reverse water-gas shift, thermal decomposition of
oxygenates (Kumar et al., 2017). A schematization of the process is given in
Figure 18:
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Figure 18: Schematic representation of bio-oil steam reforming process.

Steam reforming is typically conducted at high temperatures (400-1000°C),
with high steam/carbon (S/C) ratios (>3) in the presence of a reforming catalyst
and can produce hydrogen with yields up to 90% (Lachos-Perez et al., 2023).
High bio-oil conversion is obtained at high temperature, low pressure and high
S/C ratio. Catalysts need improved activity towards hydrogen production and
resistance to coke formation and sintering to guarantee continuous operation. In
this sense, high S/C ratio help reduce coke deposition by increasing carbon
gasification rate at the catalyst’s surface (Wang et al., 2007).

Catalysts based on Ni, Mg and noble metals have been synthesised for steam
reforming of bio-oil. Nickel is preferred due to the lower cost compared to noble
metals and its activity towards C-C bond cleavage (Lachos-Perez et al., 2023).
Despite the higher activity and lower tendency to coke deposition of noble metals
compared to Ni (Sehested, 2006), the high cost has limited practical applications.
La and K promoters have been used to reduce coke formation on the catalyst
surface (Davidian et al., 2007; Kumar et al., 2017).

Nevertheless, the main concern in steam reforming of bio-oil is represented
by the thermal deactivation of the catalyst via sintering due to the severe operating
temperature (Adeniyi et al., 2019).

The process has been successfully applied to biomass-derived volatiles
(Fernandez et al., 2022a; Fernandez et al., 2022b; Santamaria et al., 2019) and to
plastic-derived pyrolysis oil (Barbarias et al., 2018: Arregi et al., 2020; Li et al.,
2023b); it can be carried out in different kinds of reactors, among which fixed-bed
(Kechagiopoulos et al., 2006), fluidized-bed (Remiro et al., 2013) and spouted-
bed reactors (Cortazar et al., 2023; Garcia et al., 2024; Suarez et al., 2024).
Another viable alternative consists in the gasification of bio-oil to produce
synthetic biofuels, such as kerosene, diesel, gasoline and synthetic natural gas
(Crocker, 2010).

Esterification is a simple process used to convert polar, light, organic
molecules present in the oil - in particular carboxylic acids - into the
corresponding esters by reaction with alcohols, according to the general equation:
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R,00H + R,0H - R,00R, + H,0 [2]

With the conversion of organic acids into esters, the resulting bio-oil shows
lower acidity, lower viscosity and improved stability over time (Lachos-Perez et
al., 2023). The process can be carried out with or without a catalyst, with the
catalytic process significantly improving the quality of the resulting oil. The
significant water content in typical fast pyrolysis oils calls for innovative
heterogeneous solid acid catalysts tailored for esterification.

These catalysts should possess robust hydrothermal stability and be designed
with hydrophobic surfaces that can effectively push water away from the active
sites. Sulphated zirconia, zeolites, mesoporous silica and carbon-based acidic
catalysts have been developed and tested in the literature (Ciddor et al., 2015).

As an example, Liu et al. (2015) investigated the upgrading of bio-oil via
catalytic esterification using a ZrO»-TiO mixed oxide catalysts. They showed that
93.7% of the total acetic acid can be converted to esters using a 50% wt. ZrO-
catalyst at 100°C, with a substantial increase in the calorific value of the oil (from
8.08 to 22.7 MJ/kg).

1.5.1 Upgrading via thermal and catalytic cracking

Cracking is a process that involves breaking down large molecules by cleaving C—
O and C—C bonds to yield smaller, lighter molecules. The process can occur in the
presence or the absence of a catalyst. In the thermal cracking process, pyrolysis
vapours are sent to a bed of inert material at elevated temperatures, often reaching
up to 900°C (Fagbemi et al., 2001). The high temperature promotes the cleavage
of molecular bonds, producing smaller molecules. This method can effectively
reduce oxygen content of bio-oil but also decreases bio-oil yield as a portion of
the oil is converted into incondensable gas. The success of thermal cracking in
deoxygenating compounds, enhancing selectivity toward desired hydrocarbons
(such as aromatics, light alkanes, and light olefins), and controlling yield depends
on optimizing key parameters—especially the temperature and residence time of
the volatile compounds.
The use of a catalyst allows to improve selectivity and reduce operative
temperatures. Catalytic cracking lowers the temperature requirements while
enhancing control over product quality, allowing for more effective
deoxygenation and fine-tuning of chemical composition in the resulting vapour.
More specifically, the main advantages of the catalytic process include: 1) the
reduction in the operating temperature due to the reduction of the activation
energy in the C-C and C-O bond cleavage; ii) the reduction in the residence time
of volatiles in the reactor; iii) increase the selectivity of the process towards
specific classes of compounds (e.g., gasoline, diesel, light olefins in the case of
plastic-derived bio-liquid) (Artetxe et al., 2013). For what concerns the last point,
it should be noted that while cracking of pyrolysis volatiles derived from biomass
pyrolysis generally aims at reducing the oxygen content of the resulting liquid —
even though at the price of lower yields -, in the case of volatiles coming from the
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pyrolysis of polyolefins there is more space for tuning the exact composition of
the upgraded liquid.

The schematization of pure-thermal and catalytic cracking is depicted in Figure
19.
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Figure 19: Thermal and catalytic cracking of pyrolysis volatiles.

Catalytic cracking is considered one of the most effective methods for
upgrading pyrolysis oil due to its ability to produce high-quality, fuel-range
hydrocarbons with improved stability and energy density. Compared to other
upgrading strategies, catalytic cracking does not require external hydrogen,
making it more cost-effective and environmentally favourable, especially when
hydrogen supply is limited or derived from non-renewable sources. Moreover,
operating conditions are milder, and cheaper catalysts can be used instead of
noble-metals.

The method also benefits from compatibility with existing refinery
infrastructure, allowing upgraded bio-oil to be co-processed with fossil fuels.
Catalysts like zeolites offer high surface area and acidity, enabling efficient
conversion and deoxygenation. Its flexibility in handling diverse feedstocks,
including biomass- and plastic-derived pyrolysis volatiles, makes it suitable for
large-scale applications. Overall, catalytic cracking offers a balanced combination
of performance, scalability, and economic viability, positioning it as a leading
technology for transforming pyrolysis oil into sustainable transportation fuels

In the catalytic process, the catalyst can be mixed with the feedstock in the
reaction environment (“in-situ”); alternatively, a second reactor can be employed
to crack pyrolysis vapours (“ex-situ” or “in-line”). Both configurations offer
advantages and disadvantages, influencing their suitability depending on specific
operational goals and economic considerations. (Figure 20).

Despite reducing equipment needs and minimizing vapour loss, the in-situ
configuration limits control over cracking conditions, often leading to higher coke
formation and rapid catalyst deactivation due to contaminant exposure, which
compromises product quality and requires frequent reactor maintenance (Lopez et
al., 2017b). Conversely, the “in-line” configuration provides precise control over
cracking parameters (temperature and space-time) by separating the pyrolysis and
cracking stages, thus enabling the production of higher-quality and more
selectively targeted products (Wan and Wang, 2014). This approach also
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facilitates easier catalyst replacement, but the additional reactor and vapor transfer
system increase the complexity, operational costs, and energy requirements of the
process.
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Figure 20: “In-situ” and “ex-situ” catalytic cracking configurations.
1.6 Properties of catalysts relevant to pyrolysis

The raw liquid products from fast pyrolysis are chemically complex and
unstable; thus, catalytic upgrading is essential to transform them into valuable,
drop-in fuels. This process fundamentally relies on heterogeneous catalysis, where
a solid catalyst interacts with the reacting fluid phase (gas or liquid). A catalyst
functions by selectively accelerating the reaction rate toward equilibrium by
altering the reaction mechanism to favour lower-energy pathways, though it
cannot overcome thermodynamic limitations. Given that most industrial chemical
processes, including the cracking of pyrolysis volatiles in this work, employ solid
catalysts, the focus is on heterogeneous systems.

The essential properties of a catalyst are its activity (the rate of reaction per
unit weight), selectivity (the ability to kinetically favour desired reactions), and
life (critical for industrial application, dictating reactor choice). The functionality
of heterogeneous catalysts is predicated on maximizing the interphase contact
between reactants and the catalyst surface, necessitating the use of highly porous
materials with a high surface area. A typical supported catalyst is composed of
three primary elements. The active phase is usually a metal or metal alloy (e.g.,
Pt, Fe, V) that possesses high intrinsic catalytic activity. Due to the high cost of
noble metals (e.g., Pt, Pd, Ru), the active material is typically dispersed onto a
support. The support is a high-surface-area material (e.g., silica, alumina, zeolites)
that increases the accessibility and dispersion of the active phase, enhances the
catalyst's stability against sintering, and provides mechanical resistance to attrition
and fragmentation. Supports can also be multifunctional, participating in one step
of the reaction (e.g., acidic supports in bifunctional catalysis). Promoters are
substances added in small quantities during preparation to favourably influence
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catalytic activity. Textural promoters improve surface area and porosity by
hindering sintering, while structural promoters increase intrinsic chemical kinetics
and enhance resistance to poisons.

The physio-chemical characteristics of the catalyst, such as surface area, pore
structure, metal dispersion, and particle size, are critical in determining its
performance. High metal dispersion and small particle sizes generally correlate
with enhanced activity. The support material’s properties—including
acidity/basicity (defined by Lewis or Bronsted sites), thermal stability, and
chemical inertness—significantly impact the active metal-support interaction. For
instance, acidic supports like zeolites are crucial for bifunctional catalysis,
providing sites for reactions like cracking, while the metal component facilitates
hydrogenation. The final characteristics of the catalyst, including metal
dispersion, textural properties, and mechanical resistance, are heavily influenced
by the chosen synthesis method (Hutchings and Veédrine, 2004). Common
preparation techniques include:

e Precipitation. Involves forming a solid catalyst by inducing the precipitation
of metal salts from a solution, typically by adding a base. Careful control of
parameters like pH and temperature is necessary to manage the nucleation and
agglomeration steps (Campanati et al., 2003; Satterfield, 1991). The
precipitate is subsequently calcined to yield the active phase.

e Jon Exchange. A technique effective for uniform distribution of active species,
where ions in a solid support (e.g., zeolite) are replaced by metal cations or
anions from a solution until thermodynamic equilibrium is reached (Perego
and Villa, 1997).

e Adsorption. Involves the attraction of ions from a solution to an electrically-
charged solid surface (Campanati et al., 2003). It is preferred for low metal
loading and is influenced by the nature of the support, precursor
characteristics, temperature, and pH (Richardson, 1989; Santamaria Moreno,
2019).

e Impregnation. A method used for supported catalysts, detailed elsewhere in
this work (Section 2.2.2).

One of the main bottlenecks in the use of catalysts both in the sin-situ and ex-
situ configuration is the rapid deactivation due to coke deposition on the surface
of the catalyst. Deactivation phenomena have been widely studied due to the
impact on the performance of catalytic reactors and — consequently- on costs
(Denny and Twigg, 1980; Richardson, 1989; Bartholomew, 2001; Boskovic and
Baerns, 2004; Butt, 2012; Martin et al., 2022).

The literature has identified many factors leading to deactivation of
heterogeneous catalysts (Bartholomew, 2001), but they can be conveniently
categorized according to the effect on the catalyst structure. Table 8 summarizes
the most common deactivation phenomena:
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Table 8: Mechanisms of catalyst deactivation, adapted from Bartholomew (2001).

Mechanism Cause Effect

Active site blockage due to

Poisoning Chemical . . .
chemisorption of poison
Fouling/ coking Chemical/mechanical Carbon deposition Wlt}.l
consequent pore plugging
Sintering Thermal Loss of surface area
e . Reacti f active ph
Volatilization Thermo-chemical caction of active phase
producing volatiles
Reaction of catalyst with gas
Vapor-solid reaction Thermo-chemical to produce inactive
compounds
Loss of surface area and active
Attrition Mechanical sites due to attrition of
particles

Catalyst deactivation can be due chemical, thermal or mechanical causes, but
often a combination of the mechanisms is responsible for the loss of activity. The
most relevant in the case of catalytic cracking of pyrolysis vapours coming from
both biomass and plastics is coke deposition (Rezaei et al., 2014).

In general, when a catalytic process involves carbon-containing materials
(e.g., biomass, plastics), the physical deposition of impurities from the reaction
environment onto the catalytic surface - a typical deactivation phenomenon, called
“coking”- occurs. Carbon deposition leads to the deactivation of the catalyst due
to blocking the pores and the consequent reduction of the active surface area
(Figure 21). While “carbon” refers to the product of CO disproportionation, the
term “coke” is usually used to describe condensed heavy hydrocarbon deposits
with no heteroatoms (Argyle and Bartholomew, 2015; Daligaux et al., 2021).
According to the H/C ratio, which is related to the average chemical composition
of the deposit, “soft” or “light” coke (constituted by aliphatic hydrocarbons, with
high H/C ratios) and “heavy” coke (made up of polyaromatics with lower H/C
ratio) can be distinguished (Daligaux et al., 2021).

The coking rate and the chemical structure of the deposits is intrinsically
dependent on the catalyst properties (e.g., texture, acidity), but also on the
reaction environment (e.g., feed rate, feed characteristics, operating conditions,
presence of impurities, reactor materials) (Bartholomew, 2001).

The mechanism of fouling/coking is dependent on the chemical characteristics
of the catalyst. For biomass, it is caused by the polymerization of reactive
oxygenates (phenols and furans) on the catalyst’s surface. For plastics, it stems
from the oligomerization of olefins and aromatics on acid sites. Understanding
these distinct coking pathways is central to developing robust catalysts.
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Figure 21: Effect of coke deposition on supported catalysts.

Zeolite catalysts can be deactivated by coke formation. Acidity and pore
structure significantly influence the coking rate of zeolites (Guisnet et al, 1997;
Boskovic and Baerns, 2004). More in detail, it has been observed that coke
deposition is reduced when pore size is smaller at a fixed acidity (Bartholomew,
2001).

The mechanism of coke formation on metal oxides is both physical and
chemical. On one hand, coke can be strongly adsorbed onto the acidic sites of the
catalyst, reducing the activity; on the other hand, coke precursors (e.g., aromatics,
olefins) can undergo condensation reaction leading to the formation of large
polyaromatic molecules which can encapsulate acidic sites (Bartholomew, 2001).
Pore size and shape in zeolites are the most relevant parameters determining the
rate and the extent of deactivation by coking (Guisnet et al., 1997).

According to Guisnet et al. (1997), the deactivation of HZSM-5 can occur
according to four different modalities:

1) coke is reversibly adsorbed on acidic sites.

i1) coke is irreversibly adsorbed on acidic sites, partly obstructing pores.
1) Partial steric blockage of pores.

v) Severe blockage of pores.

In the case of Modes 1 and 2, pore blockage is due to chemical reasons, while for
Modes 3 and 4 it is promoted by steric reasons. Diffusion of reactants to the acidic
sites in the inner sections of the pores is de facto limited or completely prevented.

Other deactivation phenomena include poisoning, where a molecule (reactant,
product, or impurity) is strongly chemisorbed onto the active surface, irreversibly
reducing the number of active sites and potentially causing structural
modifications (Hegedus and McCabe, 1984); sintering, the loss of activity and
surface area due to the thermal-induced growth and agglomeration of metal
particles, which occurs via particle migration and coalescence or Ostwald
Ripening (Hansen et al., 2013), with the rate drastically increasing near the
Tamman temperature (Hughes, 1984); volatilization of the active phase, which
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occurs at high temperatures (>800°C) through partial devolatilization or the
formation of volatile species like metal carbonyls at moderate temperatures
(Argyle and Bartholomew, 2015); and vapour-solid reactions, which lead to the
formation of inactive species on the catalyst surface (Bartholomew, 2001; Argyle
and Bartholomew, 2015). Mechanical deactivation is primarily due to attrition,
which is the physical damage (friction, abrasion, crushing, or fragmentation) to
the catalyst structure caused by mechanical stress from high temperature/pressure,
turbulent flow, or improper handling in industrial settings (Argyle and
Bartholomew, 2015).
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1.7 Scope of the work

The scope of the present work is to overcome specific knowledge gaps into
ex-situ catalytic fast pyrolysis of two different waste streams: polyolefins and
lignocellulosic biomass. The overall research is structured into two distinct but
complementary parts, each with its own specific objectives designed to address
the unique challenges posed by the respective feedstock. Both campaigns were
performed using dedicated two-stage pyrolysis systems (spouted-bed reactor +
fixed-bed reactor), a configuration chosen to decouple the primary thermal effects
from the secondary catalytic phenomena, allowing for a systematic analysis of key
process variables. The specific objectives of this work are as follows:

For the Polyolefin Waste Stream:

1. To systematically investigate the effect of catalyst space-time on the
product distribution from the upgrading of a model mixed polyolefin stream
(HDPE/LDPE/PP) over an HZSM-5 catalyst.

2. To clarify the kinetic trade-off between the production of high-value light
olefins and the secondary formation of BTX aromatics.

3. To analyse the catalyst deactivation mechanisms and severity under
different operating conditions (cracking temperature and catalyst space-time) to
understand the interplay between coking, activity, and selectivity.

As for olive stone valorization, this work aimed:

1. To investigate the influence of primary pyrolysis temperature (thermal
decomposition) and secondary cracking temperature (catalytic upgrading) on the
final product yields and bio-oil composition from olive stone.

2. To establish the role of distinct functionalities (acidic, basic, redox) of the
catalyst in the performance of biomass vapor upgrading.

3. To develop new catalysts also evaluating the effectiveness of low-cost and
waste-derived catalysts (dolomite, SCA/y-Al.Os) as viable alternatives to
conventional zeolites.

This work begins with a comprehensive overview of the potential roles of
biomass and plastic waste in the transition towards a sustainable and circular
economy and a state of the art of catalytic cracking of pyrolysis volatiles as a
product upgrading strategy. An overview on the mechanisms of catalytic fast
pyrolysis (CFP) in thermal and catalytic conditions is given, together with the
analysis of the performance of different catalyst types (zeolites, metal oxides, and
basic materials) in reducing oxygen content and improving fuel quality. Particular
attention is given to the challenges posed by the chemical diversity of biomass-
and plastic-derived vapours, and how catalyst design and process conditions can
be tailored to address these issues. Subsequently, feedstock characterization (a
mixture of polyolefins and raw olive stone biomass), catalyst selection and
preparation, the design and operation of the pyrolysis plants (dual spouted-
bed/fixed-bed pyrolysis reactor) are presented. Furthermore, the experimental
procedures to quantify product yields and quality, assess catalyst performance,
and evaluate deactivation phenomena have been described. Finally, the results of
the experimental campaigns are reported and discussed.
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Chapter 2

Materials and Methods

2.1 Lignocellulosic biomass and Polyolefins

Olive stone and a polyolefin mixture (50% wt. HDPE, 40% wt. LDPE and
10% wt. PP) have been chosen as reference materials for the experimental activity
of this work.

Olive stone. In the Mediterranean basin, olive stones are an abundant
byproduct of the olive oil industry, offering a consistent and geographically
localized feedstock that aligns with circular economy principles. Europe produced
over 1.5 million tonnes of olive oil in 2024
(https://agriculture.ec.europa.eu/media/news/european-commission-launches-
market-observatory-olive-oil-and-table-olives-sector-2024-11-11 en), with
countries such as Spain, Italy, Greece and Portugal contributing the vast majority,
thus ensuring a stable and cost-effective supply of olive stone residues. It is
estimated that for each hectare of olive grove, 3 tonnes of olives are obtained.
From those, 0.6 tonnes of olive oil and 0.6 tonnes of olive stones are produced
(Garcia Martin et al., 2020). From a compositional standpoint, olive stones are
characterized by high lignocellulosic content—typically around 40 % lignin, 28 %
cellulose and 19 % hemicellulose—and low moisture, yielding a high calorific
value (above 18 MJ/kg) and low ash content. These features translate into an
efficient conversion into high-quality bio-oil, syngas and biochar under pyrolysis
conditions (Ganda et al., 2022; Brachi et al., 2022; Christoforou et al., 2018) and
made it possible the investigation of lignin-rich pyrolysis vapours with minimal
interference from catalytic ash components. Furthermore, pyrolyzing olive stones
provides a way to valorise an agro-industrial waste material that would otherwise
incur disposal costs or environmental burdens.

Olive stone has been crushed and sieved in the range 0.45-2 mm and was
dried at ambient conditions until reaching a low moisture content (below 14%).
Operating with biomass particles smaller than 2 mm is beneficial to liquid
production as it favours heat transfer and facilitates devolatilization; nevertheless,
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extremely fine particles (<0.60 mm) can redirect towards gas production (Dada et
al., 2023; Varma & Mondal, 2017).

Polyolefins. To address the investigation on catalytic fast pyrolysis of plastic
waste, it was decided to start focusing on the valorization of pure polyolefins
(POs). Polyolefins (e.g., HDPE, LDPE and PP) represented more than 40% of the
EU plastic production in 2022 (see Figure 6). They are ubiquitous in packaging,
textiles and consumer goods, and are among the most pervasive pollutants in the
environment. Addressing polyolefin valorization provides the opportunity to
tackle the largest fraction of the plastic waste stream in Europe. Unlike other
plastics like PVC, which can release toxic byproducts during thermal processing,
polyolefins’ degradation is relatively clean and safe, thanks to their simple
chemical structure. PET already has established recycling systems, but it has a
lower overall production volume - about 5.4% of the global plastic waste
production in 2019 (OECD, 2022) compared to olefins. Given the high market
volume, the potential of polyolefins valorization into high-value products (i.e.,
fuels and chemicals) is immense and gives the opportunity to develop a waste-to-
resource path on a larger scale.

The composition of the polyolefin mixture was selected to simulate a
plausible composition of post-consumer polyolefin waste streams in municipal
recycling facilities. This was done to ensure that the results regarding product
yields, catalyst performance, and deactivation can serve as a preliminary reference
for the practical challenges associated with processing heterogeneous plastic
waste, rather than representing an idealized single-polymer system. HDPE, LDPE
and PP were provided by Dow Chemical (Tarragona, Spain) in the form of
chipping of 4 mm. The particle size was chosen to be compatible with the solid
feeding systems of the two plants used in this study to guarantee smooth feeding
without blocking and to avoid heat transfer limitations within the reaction
environment. Both the materials were fed to the spouted-bed reactors without
operational problems.

The two feedstocks have been characterized with several techniques as
reported below.
Proximate and ultimate analyses were performed according to ASTM standards
using a LECO TG701 thermogravimetric balance (ASTM D5142), LECO CS832
(ASTM D 4239) and a LECO CHN 828 elemental analyser (ASTM D5373) for
the proximate analysis, elemental analysis of CHN and S, respectively. More
specifically, the ASTM D5142 standard requires a first heating in inert
atmosphere (nitrogen) to 107°C for around 40 min to remove surface and inherent
moisture. Then, the temperature of the sample is increased to 950°C with a rapid
ramp (50°C/min) for 7 min in nitrogen atmosphere to volatilize combustible
components excluding moisture. The carrier gas is subsequently changed to air,
and the sample is first cooled to 600°C and then heated to 750°C at 15°C/min and
held at constant temperature until sample mass is stabilized (around 60 min). This
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step allows the burn off of fixed carbon, leaving behind ash residue. Fixed carbon
is calculated by difference from moisture, volatile matter and ash.

In the ASTM D5373 is the standard test method of determination of carbon,
hydrogen and nitrogen in solid fuels. A weighted amount of sample is burned in
excess oxygen at high temperatures (950°C) and the resulting gases (CO> from
carbon, H>O from hydrogen and NOx from nitrogen) are measured by infrared and
TCD detectors and put in relation to the composition of the sample. In the ASTM
D4239 for sulphur content determination, a definite amount of sample biomass is
heated at 1350°C in excess of oxygen in order to completely burn all organic and
inorganic S contained in it. An IR detector allows the measurement of SO in the
flue gas, which is then related to biomass sulphur content.

The calorific value was determined using a PARR 6200 calorimeter equipped
with a Mahler calorimeter bomb following the ASTM D5865 protocol. All
measurements were repeated at least three times. In the procedure, a precisely
weighed sample was placed in a crucible within a sealed metal bomb calorimeter.
The bomb was filled with pure oxygen at a pressure of 20 bar and subsequently
submerged in a water bath maintained at a uniform initial temperature.
Combustion was initiated by an ignition system consisting of two electrodes and a
tungsten ignition wire in contact with the sample. The resulting rapid and
exothermic reaction led to an increase in the temperature of the surrounding
water. The higher heating value (HHV) of the sample was then calculated based
on an adiabatic heat balance, accounting for the measured temperature rise and
system calibration parameters.

The standard methods reported above are commonly used for the
characterization of woody biomass materials in the literature (e.g., Frau et al.,
2015; Hennessy, 2010). Moreover, we chose to characterize both OS and
polyolefins using the same procedures for easy direct comparison.

ICP-MS (Inductively Coupled Plasma—Mass Spectroscopy) has been
performed on both olive stone and char samples obtained from the pyrolysis tests
using an Agilent 7850 analyser. The samples have been mineralized to bring them
in a homogeneous, solubilized form by mixing the sample (approximately 0.1-0.3
g) with 5 mL of HNOs;, 1 mL of H202, 0.5 mL of HF and 4 mL of ultra-pure
water; the solutions are then heated up to 230°C for 20 minutes in a ETHOS UP
high-performance microwave digestion system (Milestone Srl) before the I[CP-MS
analysis.

2.2 Catalyst selection and preparation

2.2.1 Catalyst selection

Most of the experimental work presented in this Thesis has been conducted
using a commercial HZSM-5 catalyst based on alumina (HSZ-840HODIA,
TOSOH Chemicals, Japan). ZSM-5 (zeolite Socony Mobil-5) is a crystalline
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aluminosilicate characterized by an MFI topology, with straight 10-membered
ring channels (5.2 x 5.7 A) with a mean pore size around 5.5 A (Cai et al., 2020).
Thanks to the 3-dimensional pore system and to the uniform diameter of its pores,
ZSM-5 is suitable for shape selective processes, i.e. reaction in which the shape of
reactants, products or intermediates is tuned by the internal structure of the
catalyst. The catalyst is characterized by high acidity and has been employed in
the form of white pellets with a 1.5 mm diameter. It is widely known that ZSM-5
catalyst is suitable for upgrading of pyrolysis vapours from biomass and plastics
(Wang et al., 2022; Qiu et al., 2022b; Kan et al., 2020; Liu et al., 2014a; Liu et al.,
2020). Other catalysts have been tested for the upgrading of pyrolysis vapours of
olive stone biomass in a two-stage pyrolysis system, namely:

e HY zeolite catalyst with clay binder (HSZ-385HUDI1C, TOSOH
Chemicals, Japan)

e A homemade low-cost waste-derived catalyst (see Section 2.2.2)

¢ A homemade 3% Fe/ y-Al,03

e v-Al,O3 (Sasol Chemicals)

e Calcined dolomite (Peroglio S.r.1)

e A homemade 3% Fe/dolomite catalyst.

2.2.2 Catalyst preparation

Two different Fe-based catalysts have been synthesized and their performance
for the catalytic upgrading of biomass pyrolysis vapours has been tested. y-Al2O;
(Sasol Chemicals, CAS 1344-28-1) and dolomite (Peroglio S.r.l, CAS 16389-88-
1) have been used as support for the catalysts.

The two catalysts, 3%Fe/ y-Al>O3; and 3%Fe/CaMg(COs3),, were prepared by
wet impregnation method. The process has been conducted using a Laborota
4002, which allows the continuous addition of a solution containing the salt
precursor of the metal (Iron (III) nitrate nonahydrate, Sigma Aldrich, purity
>98%) on to the support (Figure 22). In more detail, the precursor solution is put
into the evaporation flask together with the support and, thanks to the rotation
provided by the motor, it is well dispersed on it. The evaporation flask is partially
immersed in a temperature-controlled water bath. With passing time, the solution
completely impregnates the support and fills the pores by capillarity. The
rotavapor operates at 60°C under vacuum conditions (70-160 mbar), allowing for
a faster evaporation of the excess solution. The evaporated solvent vapor rises
through the flask’s neck and enters the condenser, which is cooled by circulating
water. As the vapor comes into contact with the cooled surface of the condenser, it
condenses back into liquid form and flows into the collection flask. This
separation of solvent vapor and its subsequent condensation ensure a continuous
and efficient solvent recovery process. Once the catalyst is impregnated, it needs a
thermal treatment step (calcination in Nz atmosphere up to 800°C at 10°C/min) to
volatilize the nitrates the precursor and to obtain the catalyst in its final form.
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Figure 22: Schematic of Rotavapor equipment (Laborota 4002)

Before impregnation, dolomite was calcined in a fluidized-bed reactor at
800°C in inert atmosphere (N2) until all the CO, was removed from its structure.
This step was necessary to improve the catalytic activity of dolomite towards
bulky organics in the pyrolysis vapours (Encinar et al., 2008). The catalytic
activity of dolomite is closely related to its basicity and external surface area.
Calcination of natural dolomite (CaMg(COs):) to form CaO and MgO
significantly increases its surface area and porosity, thereby creating more active
sites for catalysis (Chen et al., 2021; Xu et al., 2022). Studies have shown that
calcined dolomite exhibits stronger basicity than pure CaO, which enhances its
catalytic performance (Chen et al., 2021).

The process was completed within 15 minutes after reaching the set
temperature with a yield of 47%. The CO> generation was monitored using a
portable MRU VarioLuxx Syngas analyser (Section 2.6.5) and its profile during
the calcination process is illustrated in Figure 23.

For the preparation of Fe/ y-Al,Oj3 catalyst, 18.13 g of Fe (NO3)3 - 9H>0 have
been dissolved in 250 mL of distilled water, while the support was 47.5 g of y-
ALO;. For the Fe/ CaMg(CO3), catalyst, 18.14 g of Fe (NO3)3 - 9H,0 have been
dissolved in 250 mL of distilled water, while the support was 47.5 g of dolomite.
The results from Inductively Coupled Plasma Mass Spectrometry (ICP-MS)
analysis confirmed that Fe was correctly deposited on the support (3.34% Fe on v-
AlO3 and 2.74% Fe on dolomite).
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Figure 23: CO:z evolution during calcination of dolomite.

A low-cost catalyst has been prepared from the ashes coming from sewage
sludge combustion in fluidized-bed reactor (Coppola et al., 2015). The ashes from
sludge combustion are characterized by high metal content (especially Fe, Ca and
Mn), and it is possible to deposit these metals onto high surface-area y-Al,O3
(Sasol Chemicals, 1 mm spheres). This catalyst will be addressed as SCA/y-Al,0O3
(Sludge Combustion Ashes over y-Al203 ) in this Thesis.

2.3 Catalyst characterization

2.3.1 Surface area, pore volume and pore diameter

The physical characteristics of the fresh catalysts (namely the specific surface
area, the pore size and pore volume distribution) have been determined according
to the ASTM D3663-20 using a Autosorb IQ automated gas sorption analyzer
(Quantachrome Instruments) working under the N> adsorption-desorption
principle. The measurement requires complete degasification of the sample (a first
step at low temperature and a second at 150°C for 8 h) to eliminate impurities,
water and other chemisorbed species. The sample (typically 50-70 mg for
zeolites) is loaded into the equipment, where is subject to several adsorption-
desorption cycles using pure nitrogen (99.9995%) at its cryogenic point (77 K)
until equilibrium is reached. The equipment is able to calculate the physical
properties of the catalyst from the equilibrium isotherm data, based on the use of
material balance and gas state equation together with pressure measurements. The
calculation of surface area is made with the BET equation, while the pore size
distribution is calculated by the BJH method.
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2.3.2 Acidity and acidic sites’ strength

The acidic properties of the catalysts employed in this study were
characterized using a Micromeritics AutoChem II chemisorption analyser. This
instrument was utilized to determine both the quantity and the relative strength of
acidic sites on the catalyst surface—key parameters influencing catalytic cracking
activity toward organic molecules. The analysis was conducted as follows:

1. Approximately 100 mg of catalyst sample was subjected to ammonia
adsorption by flowing a gas mixture of 5% NHs in He at 50 cm*/min for 1
hour at ambient temperature (20 °C).

2. The ammonia-containing gas was then replaced with pure helium
(50 cm?*/min), and the system was allowed to stabilize until a baseline was
established.

3. The sample was subsequently heated from ambient temperature to 550 °C at a
ramp rate of 10 °C/min, followed by an isothermal hold at 550 °C for 1 hour.
During this temperature-programmed desorption (TPD) phase, ammonia
desorbed from the catalyst surface, with the temperature corresponding to the
desorption peak providing an indication of the relative strength of the acidic
sites.

4. Finally, the sample was cooled back to ambient temperature.

The equipment is also provided with a chemical KOH-based trap suitable for not
interfering with the ammonia desorption. The same equipment is used for CO»-
based Temperature Programmed Desorption experiments to quantify basicity of
dolomite-based catalysts in terms of mmol CO2/gcatatyst.

An acid site classification according to the relative strength -i.e. to the peak
desorption temperature — was established by Elordi et al. (2012a):

1. Weak acidity between 150-280°C
2. Average acidity between 280-420°C
3. Strong acidity between 420-550°C

2.3.3 Temperature programmed oxidation (TPO) of spent catalyst

The calculation of the amount of coke deposited on the catalyst was
approached by using temperature programmed oxidation (TPO). A thermobalance
(T.A. Instruments TGA Q5000) was used to measure coke content. The
temperature program was as follows:

1. Sample stabilization by heating in inert atmosphere (N2, 50 mL/min) up to
200°C at 10 °C/min for 20 min to remove any oxygen from the combustion
chamber and to remove chemisorbed species from the sample (e.g., moisture)

2. Cooling down to 100°C and switch to air

3. Heating to 800°C in air (50 mL/min) at 5°C/min for complete coke
combustion for 15 minutes.
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4. Cooling down to 120°C

During the process the values of temperature, sample mass and mass loss rate
are registered by the instrument. The amount of coke on the catalyst was
calculated by difference between the initial and final mass of the sample before
and after combustion similarly to what was explained in Section 2.6.6. Dolomite
based catalysts were subjected to preliminary calcination at 800°C before the TPO
analysis. Moreover, TG-MS analysis was performed to distinguish between coke
and other desorbed species (CO., water).

2.4 Scanning Electron Microscopy

SEM characterization of fresh catalyst samples has been realized using a FEI
INSPECT S50 Scanning Electron Microscope. The instrument has been used in
high-resolution mode, with acceleration voltage between 500 and 1200 kV. Image
acquisition was conducted in secondary electron (SE) mode using an Everhart-
Thornley detector (ETD) to observe the superficial morphology of the samples.
Non-conductive samples (e.g., zeolites) were coated with a thin gold film to
improve image resolution and mounted on a metallic stub with a graphite-based
adhesive. Images up to 30 um resolution (magnification 3000x) were obtained to
observe superficial details and defects. The data collected supported the
interpretation of experimental results.

2.5 Total phenolic content (TPC)

The Folin-Ciocalteu assay (FC) is the analytic method used to quantify the
total amount of phenols in the bio-oil obtained from pyrolysis tests. This method
does not allow to distinguish among different kind of phenols but also considers
polyphenols and compounds with more than one chemical functionality. In the
context of this Thesis, it was decided to employ the FC assay because of its
simplicity, reproducibility and cost-effectiveness (Per¢z et al., 2023) to give a
preliminary estimation of the total content of phenolics in pyrolysis oils (see, for
instance, Rover & Brown, 2013; Fardhyanti et al., 2020; Fardhyanti et al., 2024;
Stankowskj et al., 2017a; Stankowskj et al., 2017b; Del Pozo et al., 2020).

The FC reagent has not been prepared according to the original protocol
(Singleton & Rossi, 1965) but has been bought from VWR International Srl
(Avantor). The Folin—Ciocélteu reagent is a complex blend of phosphotungstic
and phosphomolybdic acids that undergoes reduction during the assay, forming a
blue metal complex chromophore with peak absorbance at 765 nm (Rosbash,
1949). Phenolic compounds are able to interact with the FC reagent according to a
redox reaction, in which the phenolic group is the reducing agent while the FC
reagent is the oxidizer (Figure 24).

Given the tendency of the FC reagent to interact with all reducing species, it
can somehow overestimate the total phenol content of bio-oil samples.
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Nevertheless, comparison between samples is straightforward. The result from the
FC assay is usually reported in terms of equivalents of a standard compound,
usually gallic acid (GA) in most applications (mg GAE/L oil or mg GAE/ g oil).
Nevertheless, for application with pyrolysis oils, guaiacol has been used as a
standard, therefore our results are expressed in mg of guaiacol equivalent per g of
bio-oil (mg GUE/g oil). Guaiacol has a lignocellulosic origin and is more
representative of the phenolic effect in pyrolysis oils compared to gallic acid. This
also guarantees chemical coherence between the sample and the standard used for
calibration. Finally, guaiacol has high solubility in organic solvents like acetone.
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Figure 24: Redox reaction during FC assay (Pérez et al., 2023).

The concentration of phenols in the sample is related to the absorbance of the
sample according to the Lambert-Beer equation:

A= ¢lc [3]

where A is the absorbance obtained by the spectrophotometer, € is the molar
extinction coefficient of the complex, [ is the optical path, and c is the
concentration. The measurements were conducted using an Agilent Cary 60 UV-
Vis spectrophotometer operated at 765 nm.

The detailed laboratory protocol for the Folin-Ciocalteu assay (Swita et al.,
2022) has been reported in Appendix D.

74



2.6 Bench-scale plant @ CNR-STEMS (Plant P1)

Two different experimental plants have been used to carry out the pyrolysis
tests during the experimental campaign presented in this Thesis.

The experimental plant located @CNR-STEMS is illustrated in Figure 25.
The plant consists of a flat-base spouted-bed reactor (FBSBR) followed by fixed-
bed catalytic reactor and by a product condensation and recovery unit. The design
of the system has been performed ad hoc for this thesis project and has been based
on the relevant literature concerning spouted-bed reactors.

The plant is divided into different units, namely:

1) Solid feeding system

2) Pyrolysis reactor

3) Cracking reactor

4) Product condensation and recovery

Each section will be detailed and discussed in the following paragraphs.

Feeding I
system i

|\'enl

Condensation system

TR

0 0o

| oo = Micro-GC
N On-line gas analyser
2

Figure 25: The laboratory-scale pyrolysis apparatus (CNR-STEMS).
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2.6.1 Solid and gas feeding systems of plant P1

The solid feeding system employed in the plant is characterized by a double-
valve unit which allows to feed the solid fuel (biomass) in semi-continuous
regime (Figure 26). The globe valves (2 ID) are connected on each side of a tube.
The outlet from the lower valve is connected to the side fuel inlet of the reactor
through a flexible plastic tube. The system is completely sealed, and any leakage
is prevented. A quick connector is used to supply a small nitrogen (N2) flowrate
into the feeding tube through a Teflon pipe (6 mm ID) to help solid particles
motion and to prevent surface overheating and fuel melting, the uprising of
pyrolysis vapours from the reaction chamber and condensation of heavy

molecules.
Batch lNLETl

Ball valve

Quick gas
connector

‘e

—

Batch OUTLET

Figure 26: The semi-continuous solid feeding system used at CNR-STEMS.

During an experimental run, a batch of solid fuel (e.g., 1 g) is manually
charged into the valve system at fixed time (e.g., 1 g every 30 s). This solution,
despite being discontinuous, allows to regulate the feed rate up to 3 g min.
Higher feed rates might result in the partial or total blockage of the feeding tube.
The gas lines are equipped with mass flow controllers (EL-FLOW Select, max.
900 L/h) which have been calibrated before the experimental campaigns.

2.6.2 Reactor units (plant P1)

Pyrolysis reactor

The flat-base spouted-bed reactor is illustrated in Figure 27. The reactor
consists of a stainless-steel tube (41 mm ID) working as reaction chamber and a
gas preheater, which are joint together by a pair of flanges. The bottom flange is
provided with a housing for the fluidising gas distribution plate.
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Figure 27: Flat-base spouted-bed reactor (CNR-STEMS).

The plate is made up of stainless steel and is characterized by the presence of
a central hole (Df =5 mm ID) and distributed holes in the annular region (each
hole is dn =0.5 mm ID), as represented in Figure 28.

Thanks to the design of the distribution plate, it is possible to obtain different
hydrodynamic regimes within the solid bed. In particular, the reactor can operate
under bubbling fluidization (when gas is only fed in the annular region of the
distributor), under spouting regime (in the opposite case) and in spout-fluidized
conditions®. The particle size distribution (PSD) of the solid bed material was
chosen to be compatible with hole diameter of the distribution plate to avoid
material loss.

Dy

V Y

Ba
<=

7

Figure 28: Gas distribution plate for fluidization and spouting regimes.

The reactor has a total height, H, of 400 mm, a column diameter of 41 mm
and spout diameter of 4 mm ID. Two stainless steel tubes (one 8 mm ID and one 6
mm ID), staggered by 180°, are welded to the reactor and are used for the
measurement and monitoring of the pressure drop across the equipment and of the

3 Additional information on the stability of the spouted regime during biomass pyrolysis
experiments can be found in Appendix F.
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temperature within the solid bed material with a type K thermocouple. The reactor
is equipped with two radiating half-shells with electrical resistances (Watlow
model VS406J24S) which guarantee isothermal operation. In addition, the system
is fully insulated with a ceramic fibre mat which in turn is covered with a steel
plate. The spouted bed configuration was selected for the primary pyrolysis stage
since it has demonstrated its effectiveness in the thermal treatment of biomass and
plastic materials via fast pyrolysis. In the first place, spouted-beds promote
vigorous mixing and circulation of solids and gases, facilitating heat and mass
transfer (Makibar et al., 2011). The high gas-solid contact area allows for efficient
heat transfer, leading to improved pyrolysis kinetics and faster conversion of solid
fuels to the desired products. As for the fluidized bed reactors, the intense mixing
helps maintain a uniform temperature distribution throughout the reactor, reducing
the risk of hot spots and improving product quality and consistency.

The unique circulation pattern for the solid material helps the regulation of
solid and gas residence time distribution inside the contactor, which are of
outstanding importance in reactor design. Finally, spouted-bed reactors can handle
irregularly shaped biomass, like wheat, without feeding clogging problems or
instability; it is possible to employ particles greater than those normally used for
bubbling beds (1 mm), helping reducing biomass pre-treatment costs (Fernandez-
Akarregi et al., 2013).

Cracking reactor

The fixed-bed cracking reactor is located downstream and is connected to the
spouted-bed reactor’s head via a heated transfer line (maintained at 280°C to
prevent vapor condensation). The length and the diameter of the reactor are 225
and 42 mm, respectively, as shown in Figure 29. A thin sintered stainless-steel
sheet (mesh hole diameter 100 um) is located at the bottom of the reactor as a
support for the catalytic bed.

The mesh also serves as pre-filter, preventing fine solid particles from
reaching the condensers. The reactor is kept at a constant temperature thanks to an
electric heating jacket (Chromalox ISOPAD GmbH, 50 x 350 mm, 450 W, max
900°C).

At the exit of the fixed-bed rector, the pyrolysis vapour stream is divided into
three sub-streams. A small fraction of the stream (ca. 60 L/h) is sent to the online
gas analyser for the characterization of the incondensable fraction of the pyrolysis
gas. A fraction of the stream (300 L/ h as set by the centrifugal pump) is sent to
the condensation system, where the condensable vapours are cooled and collected
as liquids (Section 2.6.4). The remaining part of the volatile stream is sent to the
vent. At the end of each experimental run, the catalyst bed is recovered from the
reactor and saved for further characterization. The sintered steel sheet is then
soaked in acetone and cleaned before its reuse.
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Figure 29: Fixed-bed catalytic cracking reactor
2.6.4 Product condensation and recovery

The condensing system consists of the following elements: an ambient
temperature flask condenser (Pyrex, 500 mL, T= 20°C), a set of 5 flask
condensers (Pyrex, 250 mL) kept at =0°C thanks to a chiller (Megasystem
Cooling System, 230 V), a second ambient temperature condenser and a cotton
filter to prevent liquid droplets reaching the centrifugal pump. The flow of
pyrolysis vapours passing through the condensation system is set to 5 L/min by a
centrifugal pump.

Before the remaining vapour/gas stream passes through the pump, it is
necessary to remove any residual condensable material, which may affect the
good functioning of the pump’s rotor. For this reason, the system is equipped with
a pump protection module consisting of a water bubbler followed by a silica gel
dehumidifying bed. At the beginning and the end of each experiment, the
condensers are weighed, and oil samples are retrieved for further analysis and
characterization.

2.6.5 Product analysis and characterization

Analysis of permanent gases

The analysis of permanent gases (i.e., Oz, CO, CO2, H2, CH4) has been
conducted online using a portable MRU VarioLuxx Syngas analyser, with a
measurement frequency of 1 s. The analyser is able to measure the volume
concentration of the above-mentioned species by using dedicated sensors:

1. Long-life electrochemical sensor for O2 (range 0-25% vol.)
2. TCD detector for H» (range 0-100% vol.)
3. IR sensors for CO, CO2 and CHj4 (range 0-100% vol.)
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The system 1is also equipped with an HPI industrial sampling unit with a
heated handle (with glass wool prefilter), sampling line with hose heated to 120°C
and interchangeable steel tip with K-thermocouple to assess the temperature of the
line gas. The line is heated to 160°C during sampling operation, with a sampling
flowrate of 60 L/h and a Peltier at 5°C. The N2 concentration is calculated by
difference (balance gas). As an example, Figure 30 shows permanent gas
concentration profiles during ex-situ catalytic pyrolysis of olive stone using a
commercial HZSM-5 catalyst (T1=500°C, T>=500°C, =20 gcat min/g os). It can
be appreciated that the process is continuous and stable.
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Figure 30: Permanent gas concentration profile during typical pyrolysis test (T1=500°C,
T2=500°C, 1=20 gcat min/g os)

Given the typical composition of gases produced during pyrolysis of biomass,
different light hydrocarbons can be found with concentrations ranging between 0-
3000 ppm. For this reason, the data obtained from the online gas analyser were
supplemented by the information provided by an Agilent 30004 micro-GC. Also,
since H> concentration during steady-state pyrolysis tests often ranged between
0.01 and 0.2 %, it was measured using micro-gas chromatography because its
concentration was outside of the detection range on the online analyser.

The micro-GC is equipped with four detectors and four columns in total,
arranged in four independent analytical channels as follows:

e Channel A: equipped with 1 OV1 column (14 m x 0.15 mm x 2 um) and a
TCD (Thermal Conductivity Detector), is optimized to detect Ci-Cy
hydrocarbons.

e Channel B: equipped with an alumina-based column (14 m x 0.15 mm x 2
um) and a TCD (Thermal Conductivity Detector), is optimized for the
detection light hydrocarbons.
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e Channel C is equipped with a PLOTU column followed by (8 m x 0.32 mm x
10 um) a TCD. The channel is configured to detect CO», and light alkanes and
olefins.

e Channel D is equipped with a MS5A (10 m x 0.32 mm x 30 pm) column
followed by a TCD. The channel is configured to detect CO, H,, CH4 and No.

Table 9 reports the operating conditions for the analysis method of the Agilent
3000A Micro GC for the four channels, while the complete list of the response
factors for each compound detected by the equipment is reported in Table 10:

Table 9: Operating conditions of the analytic channels of Micro-GC

Parameter Ch-A Ch-B  Ch-C  Ch-D
Column temperature, °C 65 90 80 100
Injection temperature, °C 70 70 70 70
Pressure, psi 25 30 25 25
Injection time, ms 250 250 250 20
Analysis time, min 3 3 3 3
Backflush time, s - 30 - 13

Table 10: Compounds detected by micro-GC and relative analytical channel

Compound Ch-A Ch-B Ch-C Ch-D

Isobutene X X - -
Isobutane X
Butene X - -
Butane X
3-methyl-butene
Isopentane
Pentene
Isohexane

Hexene

Hexane

T T B T o T o T o T

Heptane

Propane

X
Propylene - X - -
Acetylene - X
CO:; - -

“oox X

Ethylene - -
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Ethane - - X -
H; - - -
0> - - -
N; - - -

CH, - - -

o T o T B

co - - -

Bio-oil characterization

The characterization of bio-oil samples has been carried out offline by means
of Gas-Chromatography / Mass Spectrometry technique (GC/MS) using an
Agilent 7890A Gas Chromatograph equipped with a 5975C-VLMSD Mass
Spectrometer. The system is equipped with an Agilent J&W DB-624 column
(mid-polar, 6% cyanopropyl/phenyl, 94% polydimethylsiloxane, 30 m x 320 um x
1.8 um), designed for the detection of organic volatile pollutants. The sample has
been prepared by mixing equal amounts (1 mL) of acetone-diluted oil samples
from the first condenser (ambient temperature, dense, carbon-rich liquid) and
from the set of flask condensers in the chiller (at 0°C, more aqueous fraction).
Then, approximately 0.5 mL of the resulting solution is diluted in acetone to get 1
mL sample. This was to make sure that all compounds were effectively detected
in the sample.

During injection, 1 uL of sample diluted in acetone is injected into the column
through a SS inlet operating at 230°C and 3.7 psi, with a total He flow of 13.8
mL/min and using a split ratio of 5:1 (split flow of 9 mL/min).

The GC method consists of holding the sample at 45°C for 4 min, then
heating the oven to 235°C with a heating rate of 3°C/min and holding at
isothermal temperature for 13 minutes. The maximum temperature for this
column is 260°C. The gas flow in the column is set to 1.8 mL/min, with a mean
velocity of 48.7 cm/s.

The mass spectrometer is equipped with an EI source operated at 230°C with
a fixed electron energy of 70.3 eV. The quadrupole temperature is set to 150°C,
and the scanning range is between 35 and 350 m/z.

Chromatographic peaks were identified using the NIST 11 mass spectral data
library, based on their retention times. A semi-quantitative method was employed
to estimate the relative abundance of each bio-oil component. This was achieved
by internally normalizing the areas of all resolved (detected) peaks to calculate the
percentage of each compound as commonly done in the literature (Masoum et al.,
2013; Lazzari et al., 2016; Santos et al., 2015, Dyer et al., 2021). Hundreds of
compounds found in bio-oil samples have been grouped into the following
families: aldehydes, furans, guaiacols/syringols, ketones, organic acids, alkyl-
phenols, sugars, aromatics (non-oxygenated and oxygenated), PAH (polycyclic
aromatic hydrocarbons) and others (alcohols, ethers...).
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An example of chromatogram from olive stone non-catalytic fast pyrolysis is
illustrated in Figure 31. Based on the retention time (RT) of compounds, it is
possible to distinguish a light fraction (RT<30 min), a middle fraction (30<RT<50
min) and a heavy fraction (RT>50 min). Then, a similar chromatogram in the case
of catalytic fast pyrolysis (1= 20 Zcatalyst min /gos) is reported in Figure 32.

Water concentration in bio-oil samples was measured by means of an Omnis
Karl Fischer volumetric titrator (Metrohm, USA), while elemental composition in
terms of C, H and N content was assessed by using a LECO CHN 828 as
discussed in Section 2.1. Each measurement was done in triplicates to ensure
reproducibility. Given the high viscosity and the limited amount of the dense-
carbon rich oil obtained in the ambient-temperature condensation stage, raw bio-
oil samples only included the aqueous fraction of bio-oil obtained in the 0°C
condensation step. While this does not represent the entire bio-oil, it provides a
consistent basis for comparing the elemental composition of the water-soluble
fraction across different experiments.

A measure of the acidity of bio-oil samples produced in different conditions
has been realized by measuring the pH in a pocket pH-meter (LAQUAtwin pH-
33, VWR International Srl, Avantor) calibrated using buffer solutions at pH=1.68,
4.01, 7.00, 10.01 and 12.46, respectively.
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Figure 31: Chromatograms of pyrolysis oil in non-catalytic conditions. Light fraction (A), middle
fraction (B) and heavy fraction (C). Temperatures in first and second reactor were both 500°C.
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Figure 32: Chromatogram from catalytic fast pyrolysis of olive stone using commercial HZSM-5.
Light fraction (A), middle fraction (B) and heavy fraction (C). Conditions were Tpyrolysis=T cracking=500°C
and =20 Zeatalyst min /gos.

85



Analysis of the solid fraction

The solid fraction of the product consisted of the char produced during
biomass devolatilization in the pyrolysis reactor (which is retained in the bed
mixed with sand) and the fine carbonaceous residue deposited onto the catalyst’s
surface during catalytic cracking (coke). The char produced in the first reactor
was separated from the sand bed and was characterized by elemental analysis
(CHN), ICP-MS and porosimetry (N2-adsorption/desorption).

Coke deposition on the catalyst’s surface has been studied by temperature
programmed oxidation (TPO) using a Micromeritics AutoChem III Chemisorption
Analyzer with the same temperature program described in Section 2.3.3.

For the further characterization of spent catalyst samples, acidity deterioration
was studied by NH3-TPD, and physical properties deterioration was quantified by
N2 adsorption/desorption cycles.

2.6.6 Quantitative assessment of pyrolysis yields

After each pyrolysis test, the product yields were calculated on an as-fed
feedstock basis using the mass of the recovered solid, liquid, and gaseous
fractions. The char yield (.,qr%) Was determined by weighing the solid residue
remaining in the first reactor after reaction and calculated as:

. g
Mcehar |3
Nenar [%0] = —% 100% [4]
Mpiomass [E]

It was confirmed that the contribution of elutriated char was negligible
relative to the amount of char recovered from the pyrolysis reactor, also thanks to
the unique hydrodynamics of the spouted-bed reactor. Furthermore, because no
char fines were detected in the condensation system and in the pump protection
bubbler, it was assumed that all char remained within the primary reactor.

The coke content on the catalyst’s surface has been measured by means of
thermogravimetric analysis (TGA). A spent catalyst sample was heated at
controlled temperature following the steps:

1. Heating to 200°C in nitrogen at 10°C/min to remove adsorbed species and
moisture from the sample.

2. Cooling to 100°C at 10°C/min to stabilize the mass of the sample.

3. Heating to 800°C in air at 5 °C/min to burn carbon from the sample.

The coke content was calculated from the mass loss of the sample before and
after combustion. Given the low amount of carbon deposited on coarse sand in the
catalytic bed (always less than 1%), it was not considered in the calculation of
coke yield except for the case of pure thermal cracking, where the bed was only
made of coarse sand. Process coke yield (.,ke) Was calculated by dividing the
mass of coke produced in the process by the mass of biomass fed to the reactor.
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Gas yield has been calculated from the volume concentrations obtained both
from the portable analyser and from the micro-GC. First, the mean concentration
of each compound was measured. CO, CO; and CH4 concentrations were taken
from the portable analyser, while H> and light hydrocarbons were taken from the
micro-GC. The Nz concentration was calculated by difference.

The total flowrate exiting from the second reactor was calculated by a mass
balance on nitrogen, which does not undergo chemical reaction during the
process:

PinQinyN, = PourQouryn, & [7]

Where p;y and poyr are the densities of the gas mixture [kg/m’] before and
after the pyrolysis + cracking system, Q;y and Qyyr are the relative volume
flowrates [NL/h] and y Nand yOUTrepresent nitrogen mass-fraction before and
after the process.

The density changes of the gas mixture before and after the reactor series is
negligible because all the calculation is performed at STP (0°C, 1 atm) and the
variation in gas composition resulting from pyrolysis is overshadowed by the high
degree of nitrogen dilution.

Therefore,
QINyN 3’1IVN
Qour = —ppr= > Qv as —gp- <1 (8]
IN, N>

From the volume concentration of each compound in the gas phase, it is
possible to calculate the volume flowrate of component i as:

0[5 = Qoury?” 1

The mass flowrate and the total mass of compound i produced in the test is then
estimated using the ideal gas equation and test duration. Finally, gas yield (144s)
is calculated as the ratio of total gas production rate [g/min] and the biomass feed

rate:
P M,,v,
} = 10
i [mln] RT @5TP [10]
m;[g] = m; At [11]
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Experimental liquid yield was initially obtained by collecting and weighing
the condensates (organic phase + water) and normalizing the liquid condensate to
the total flow coming from the catalytic reactor, as follows:

Myiquia [%] Qour [%]

Mpiomass [%] Osampled [%]

Niiquid [%] = [13]

Finally, distinction between water and organics yield is obtained by including data
from Karl Fischer titration.

Despite the accuracy in measurements, the total mass balance closure during
the tests was in the range 78-86%. This deviation is a well-known limitation in
laboratory-scale pyrolysis systems employing conventional condensers and is
ascribed to the loss of light organic volatile compound.

We had the possibility to validate this assumption at the end of the
experimental campaign, by installing, in series with the condensation system, a
condenser cooled with liquid nitrogen (KFL 29-GL-A, 250 mL, UNIFO)
operating at -196°C. The calculation of the liquid yield during this test showed an
increase, confirming the presence of light compounds that normally escape
condensation at 0°C. The liquid recovered in the liquid nitrogen-cooled condenser
contained, in addition to the typical phenolic compounds derived from lignin,
light aldehydes and ketones, BTX compounds, and furans. To provide a better
estimate, the yield of organics has been alternatively calculated by difference as:

Norganics [%] =100 — Ngas [%] — Ncoke [%] — Nchar [%] — Nwater [%] [14]

Finally, water vapour was not included in the results about the gas-phase
compounds, assuming it is all condensed.

The optimization of the condensation stage therefore emerges as a key aspect
of the experimental work. Although this optimization falls outside the primary
scope of the present thesis, several parallel studies and the implementation of
different strategies to enhance oil recovery were carried out during preliminary
experimental campaigns. These efforts led to the development of a more efficient
condensation system, which will be adopted in future experiments. The system
consists of a first ambient temperature condenser followed by a 0°C stage and a
battery of liquid nitrogen-cooled condensers.
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2.7 Pilot plant @ UPV/EHU (Plant P2)

The scheme of the laboratory-scale plant used for plastic pyrolysis
experiments is illustrated in Figure 33. The plant consists, also in this case, of two
independent reactors: a conical spouted-bed reactor (CSBR) in which the
pyrolysis process takes place, and a fixed bed reactor (FBR) for the subsequent
catalytic cracking of pyrolysis volatiles.

E eeding system

i
Lo ¢Spoutcdbed GC
reactor

Compact
pGC

Fixed bed
reactor

Hotbox

Nk F+—

Figure 33: Laboratory-scale plant for plastic pyrolysis and catalytic cracking.

The construction and the operation of the plant were based on the experience
matured by the research group on the technology of the conical spouted-bed
reactor (CSBR), which was used in the context of hydrodynamic studies (e.g.,
Olazar et al., 1992), thermochemical conversion of biomass materials (Amutio et
al., 2012; Alvarez et al., 2014; ), pyrolysis of waste tyres (e.g., Lopez et al., 2010;
Lopez et al., 2017a ), thermochemical conversion of plastics (e.g., Elordi et al.,
2009; Artetxe et al., 2012; Orozco et al., 2022) and innovative two-stage
processes, e.g., pyrolysis followed by steam reforming of volatiles (e.g., Garcia et
al., 2024). In this work, the system has been used for the pyrolysis of plastic
materials followed by catalytic cracking of pyrolysis volatiles.

The plant can be conveniently divided into different components:

1. Solid feeding system

2. Gas feeding system

3. Reactor units

4. Product separation and recovery

In the following sections, a detailed description of the different units is given.
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2.7.1 The solid feeding system (plant P2)

The solid feeding system has been developed to ensure a smooth continuous
feeding of biomass or plastic materials in the reactor (Figure 34). It consists of a
cylindrical vessel of 30 mm ID equipped with vertical shaft with a piston (60 cm
long stroke). During normal operation, the piston slowly goes upwards pulling the
biomass to the upper part of the equipment, where a vibration module is installed
to provide the necessary motion for the solid particles to smoothly fall into the
side feeding tube (3/4”"). The vibrator can be controlled with a switch located on
the control unit.

The feeding tube, which is connected vertically to the head of the pyrolysis
reactor, is also refrigerated thanks to a cooling jacket with tap water. This ensures
that biomass and plastic particles are not pyrolyzed before entering the reactor,
thus obstructing the feeding system. Moreover, a small flowrate of nitrogen (N>)
is supplied through a 1/8” ID tube in order to avoid the rising of pyrolysis vapours
from the reactor and to prevent the condensation of volatiles within the feeding
tube. In addition, nitrogen also facilitates solid motion in the tube.

Plastics Pressure gauge

]
1

Vibrator

\

Motor ;E

Nitrogen

Piston

Figure 34: Schematic of the solid feeding system used in the plant. Adapted from Santamaria
Moreno (2019).

The speed of the piston must be carefully regulated to keep a specific mass
flowrate of solid fuel. This is ensured by a controller Toho TTM-204, which was
programmed to modulate the piston speed between 0 and 80 mm/min,
corresponding to a solid feed between 0 and 5 g/min. The feeding system should
be calibrated before an experimental campaign to check that the fuel rate is correct
and is kept stable over time. The pressure within the system is measured by a
differential pressure tape located at the top of the feeding system.
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2.7.2 The gas feeding system (plant P2)

The gases are supplied to the pyrolysis reactor thanks to a feeding system
located at the bottom of the reactor itself. Although only nitrogen has been
utilized in the present work as fluidization agent, the gas feeding system consists
of three different lines, for nitrogen (N7), air and hydrogen (H»), respectively
(only nitrogen shown in Figure 33). The lines are equipped with manual valves
(HOKE), mass flow controllers (Bronkhorst High-Tech) and non-return valves
(HOKE) to ensure a safe supply of gases to the system, avoiding any gas uprising
into the lines. The mass flow controllers (inlet and outlet pressure of 4 and 1 bar)
can guarantee a maximum flowrate of 20 L/min for nitrogen and air, and of 5
L/min for hydrogen.

2.7.3 Reactor units (plant P2)

The reactor unit includes a first conical spouted-bed reactor (CSBR) for the
pyrolysis step and a fixed bed reactor (FBR) in line for the catalytic cracking of
the volatiles produced. Both the reactors are located into a stainless-steel forced
convection oven (80 x 80 x 80 cm). The oven is heated thanks to two 1500 W
resistances and to two fans, which make possible the circulation of heat in the
box, making the temperature homogeneous and constant during the operation. The
oven is kept at a fixed temperature of 300°C to prevent the condensation of
volatiles after the cracking reactor. In this way, it is possible to fully characterize
the product stream (volatile molecules + incondensable gases) by
chromatographic methods.

Pyrolysis reactor.

The core of the process is represented by the conical spouted-bed reactor (CSBR),
whose schematic representation together with its the main dimensions is given in
Figure 35. The reactor is characterized by a combination of a conical section (at
the bottom) and a cylindrical section. The total height of the reactor, Hr, is 297
mm; the height of the conical section is 77 mm, and its tilt angle is y=30°. The
diameter of the cylindrical section of the reactor, D¢, is 54.8 mm, the diameter of
the base of the conical section, Dj, is 12.5 mm, and the gas nozzle diameter, Do, is
4.9 mm.

The geometry of the contactor (namely the height of the conical section, the
diameters) has been selected as a result of previous extensive research in the
context of spouted-bed hydrodynamic regimes conducted by the research group.
The reactor differs from that developed @STEMS for its conical shape. The given
dimensions can provide a stable spouting regime in the operating conditions of
Interest.
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Figure 35: Conical spouted-bed reactor. Adapted from Artetxe, (2013).

At the top of the reactor, there is the inlet for the solid feeding system and a
second inlet (1/8”) where a thermocouple (type K) is installed to monitor the
temperature within the bed material, in the conical section. The gas coming from
the feeding system passes through a stainless-steel preheater (31 cm high, 2.7 cm
ID) where efficient heat transfer to the fresh gas is ensure by a vertical tube bank.
The reactor is located inside a ceramic shell oven (52 cm long, 1250 W of power)
covered with a steel sheet, which provides the necessary heat flow to keep the
desired reaction temperature in the pyrolysis stage and to preheat the fresh
fluidization gas.

Cracking reactor.

The cracking reactor is connected in line to the CSBR and is used for the catalytic
cracking of pyrolysis vapours. A schematic representation of the fixed bed
cracking reactor is shown in Figure 36. The reactor consists of a stainless-steel
tube 440 mm long with an ID of 38.1 mm. The reactor is equipped with a
thermocouple to monitor and control the temperature within the solid catalyst bed.
The reactor heating is ensured by a shell oven similar to the one enclosing the
CSBR (305 mm long, 550 W of power).
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Figure 36: The fixed bed reactor used for catalytic cracking. Adapted from Artetxe, (2013).

Condensation section.

The volatile stream is then separated thanks to a T-shaped connector. A
fraction is sent to the GC for analysis (through a thermal line), while the rest is
sent to the condensation system, consisting of a tap water condenser and a
coalescence filter. The condenser is made up of two coaxial pipes. The volatile
stream coming from the reactor enters the inner pipe while tap water passes
through the external jacket, ensuring the condensation of liquid in a 150 mL tank.
The coalescence filter (maximum design pressure 10 bar) removes the remaining
microdroplets from the gas stream.

2.7.4 Product characterization and analysis

The analysis of the condensable (volatiles) and incondensable gases has been
performed in-line under steady-state conditions. A fraction of the volatile stream
coming from the T-shaped connector after the cracking reactor is sent to the gas
chromatograph through a heated line (280°C to prevent condensation). The
permanent gases are analysed using micro-gas chromatography. Gas samples have
been taken after the complete condensation and filtration of the product stream,
and the measurement has been repeated several times to ensure reproducibility.

Analysis of pyrolysis volatiles

The qualitative and quantitative analyses of the volatile stream coming from
the cracking reactor were performed using an Agilent 8890 Gas Chromatograph.
The system uses a HP-PONA column (50 m x 0.2 mm, film thickness 0.5 pum,
made in dimethylpolysiloxane), which can — among others -separate and identify
paraffins, olefins, naphthene, and aromatics. This type of column is especially
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useful in the petrochemical industry for analysing the composition of fuels,
lubricants, and other hydrocarbon mixtures. The Agilent 8890 Gas
Chromatograph is equipped with a FID detector, operated at 350°C. According to
Harmanos (1997), FID detectors provide a proportional relationship between peak
area and mass for hydrocarbons, for which the response factor has been set to 1.

The sampling valve used by the chromatograph to load the sample into the
column is operated at 295°C, and it is schematized in Figure 37. When in the
LOAD position, the sample is introduced in the loop and occupies the loop
volume. The carrier gas flows normally in the column and to the detector. As it is
switched to the INJECT position, the carrier gas starts flowing in the loop,
carrying to the column the sample volume.

To column
Carrier in
LOAD position INJECT position
Loop
Sample in
Sample out —

Figure 37: Sampling valve used in the gas chromatograph (Agilent 8890/8850 GC Operation
Manual)

The injector (operated at 350°C) is a split/splitless (S/SL) type, which means
that only a small fraction of the sample is finally injected into the column, while
the rest is sent to the vent. The temperature program used in the chromatographic
oven includes 2 min at 40°C, followed by a ramp of 15 °C/min up to 320°C and a
3 min isotherm at 320°C, as shown in Figure 38:

400
320°C/ 3 min
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Figure 38: Temperature program for the GC analysis.
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Table 11: Standard retention time of selected compounds.

Compound Standard RT [min]
Methane 2.480
Ethane + ethylene 2.502
Propane + propylene 2.538
Butane 2.709
Butene 2.774
Cs 3.036
Cs 4224
Benzene 4.896
¢ 5.544
Toluene 6.379
G 6.970
o-Xylene 7.707
p-Xylene 7.830
m-Xylene 8.131
Cio 8.312
Cui 9.536
Co 10.657
Cu 11.694
Cis 18.719
Cis 20.224
Cir 21.545

In Figures 39-A, 39-B, and 39-C, the chromatograms illustrate the product
distribution obtained from the catalytic cracking of volatiles derived from HDPE
pyrolysis. The reaction was conducted at 500°C using a 1% Ni/(HZSM-5 + Al,O3
+ bentonite) catalyst with a space-time of 10 gcar min/guppe after 30 minutes of
operation.
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Figure 39: Chromatogram of cracking products from HDPE pyrolysis on 1%Ni/HZSM-5 at
500°C and t=10 gcat min/guprk, after 30 min of operation. Light fraction Ci-Cs (A), gasoline range
hydrocarbons Cs-C11 (B) and heavy fraction Ci2+ (C).

Light hydrocarbons (fraction C;-Cs) are observed to have retention times
ranging from 2 to 3 minutes. The elution order begins with methane, followed by
a combined peak for ethane and ethylene, and another combined peak for propane
and propylene. Cs4 hydrocarbons follow. This overlap necessitates the use of
complementary micro-gas chromatography data to accurately quantify each
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individual species, as the co-elution prevents precise peak separation in the
primary chromatogram. The gasoline fraction (Cs-C1) exits the column between 3
and 10 minutes; finally heavier hydrocarbons (Ci2+) are found from minute 10
until the end of the analysis.

Analysis of permanent gases

The analysis of permanent gases has been conducted using a G.4.S. Compact
micro-GC. The mass concentration of H>, CHs, CO, CO>, ethane, ethylene,
propane, propylene, butane and its isomers has been determined as a function of
the peak area given as a response by the equipment. The use of the micro- gas
chromatograph has been necessary to evaluate the ratio between ethane/ethylene
and propane/propylene, as in the GC these compounds are merged in single peaks.
The G.A.S. Compact micro-GC is equipped with two detectors and four columns
in total, arranged in three analytical channels as follows:

e Channel 1: equipped with 2 capillary Rtx-1 columns (3 x 0.25 mm and 12 x
0.25 mm) and a FID (Flame lonization Detector), is optimized to detect C-C4
hydrocarbons.

e Channel 2: equipped with 2 capillary Rt-Q-Bond columns (3 x 0.32 mm and
10 x 0.32 mm) and a TCD (Thermal Conductivity Detector), is optimized for
the detection of CO», CHg, ethylene, ethane, propylene and propane.

e Channel 3: is equipped with a Rt-Q-Bond column followed by a Molecular
Sieve column (5A, 10 x 0.53 mm) and a TCD. The channel is configured to
detect CO, CO2, Hz, CH4 and Na.

Table 12 reports the operating conditions for the analysis method of the
G.A.S. Compact micro-GC for the three channels, while the complete list of the
response factors for each compound detected by the equipment is reported in
Table 13:

Table 12: Operating conditions for the G.A.S. Compact micro-GC.

Parameter Chl Ch2 Ch3
Column temperature, °C 45 50 70
Injection temperature, °C 70 70 70
Pressure, kPa 40 90 35
Injection time, ms 50 25 25
Analysis time, min 4 4 4
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Table 13: Response factors for G.A.S. Compact micro-GC.

Compound FID TCD-1 TCD-2
Hydrogen - - 1220
Methane - 26 28
Carbon monoxide - - 26
Carbon dioxide - 23 -
Ethylene - 21 -
Ethane - 20 -
Propylene - 18 -
Propane - 18 -
Butanes 0.11 - -
Butenes 0.12 - -
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2.7.5 Spent catalyst characterization

Spent catalyst samples have been characterized in terms of surface area and
other physical properties (via N> adsorption-desorption cycles), coke deposition
and acidity. The measurements were done in according to the techniques
discussed in Section 2.3
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Chapter 3

Feedstocks and catalysts
characterization

3.1 Feedstocks characterization

The results from the characterization carried out on both feedstocks (olive
stone and polyolefins) are reported in Table 14 in terms of proximate analysis,
ultimate analysis and high-heating value (HHV), while Figure 40 illustrates
results of the thermogravimetric analysis. The polymers composing the polyolefin
mixture (HDPE, LDPE and PP) are characterized by negligible moisture content
(<0.2%) and no solid residue, as expected. An (H/C)esr of 0.11 has been obtained
for olive stone (chemical formula Cj,,H,140S5001) meaning that it is a
hydrogen-deficient material, difficult to upgrade to high quality fuels (Qiu et al.,
2022a; Chen et al., 1986). A very low concentration of ashes has been found for
olive stone.

Table 14: Ultimate and proximate analysis of olive stone (OS) and polyolefin mixture (POM).

OS HDPE LDPE PP
Ultimate analysis (wt %, d.b.)
C 45.05 85.19 85.69 85.47
H 6.50 14.81 14.31 14.53
N - - - -
O 48.34 - - -
S 0.11 - - -
Proximate analysis (wt %, a.r.)
Volatile matter 66.44 99.83 99.81 99.80
Fixed carbon 19.50 - - -
Ash 0.33 - - -
Moisture 13.73 0.17 0.19 0.20
HHV, MJ/kg 18.02 46.5* 47.2%* 46.7*

*Calculated by literature correlation (Channiwala & Parikh, 2002)
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As found in the literature (Garcia Martin et al., 2020), olive stone pyrolysis
using thermogravimetric analysis clearly shows three different peaks associated
with different weight losses (Figure 40-A). The first peak (at around 100-150°C)
is associated with evaporation of inherent moisture from the biomass, while the
second (at 300°C) and third peak (375°C) are commonly associated with
devolatilization of hemicellulose and cellulose (Blanco-Lopez et al., 2002;
Martin-Lara et al., 2018). The weight loss related to lignin decomposition is
spread on a wider temperature range and is responsible for the final tail in the
dm/dt vs. temperature diagram.
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Figure 40: Proximate analysis of olive stone according to ASTM D5142 (A) and pyrolysis under
N2 at 15°C/min (B).

The ICP analysis performed on olive stone shows that the ash fraction (0.33
wt.%) contains catalytically active alkali and alkaline earth metals (AAEMs) that
can modify the distribution of products by influencing the complex reaction
network and favouring the yield of solid products during catalytic pyrolysis (Shen
et al., 2011). More specifically, the results reported in Table 15 show that olive
stone has a significant amount of potassium (<1780 ppm) and calcium (=780
ppm), minor amounts of Na, Mg, P, Fe and traces of other metals (<10 ppm). As
previously mentioned, it is known that AAEMs favour fragmentation reactions by
glycosidic bond ruptures prevailing over levoglucosan-producing reactions during
cellulose pyrolysis, thus promoting light oxygenates formation and char
production (Shen et al., 2011; Liu et al., 2014). These metals, present in the form
of cations or salts, can thus act as a primary in-situ catalyst if vapours come in
contact with AAEM-bearing biomass char accumulating in the reactor (Troiano et
al., 2022). Nevertheless, as the ash fraction is extremely low, e.g., by proper
management of char inventory in the reactor, it is reasonable to assume that the
pre-catalytic effect is negligible compared to the extent of upgrading obtained in
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the catalytic step. Some insights on the fate of these metals in pyrolysis products
are given in Section 4.2.

Table 15: Metal content of olive stone (measured by ICP-MS).

Concentration Concentration
Primary metals [ppm] Trace metals (ppm]

Na 29 Mn 3

Mg 70 cd 8

Al 12 Cu 1

P 90 Zn 3

1782 Pb 1

Ca 777 Sr 4

Fe 35 Ba 1

The results from Inductively Coupled Plasma Mass Spectrometry (ICP-MS)
performed on the homemade iron-based catalysts confirmed that Fe was correctly
deposited on the support (3.34% Fe on y-Al2O3; and 2.74% Fe on dolomite). The
low-cost waste-derived catalyst (SCA/y-Al203) has been prepared from the ashes
coming from sewage sludge combustion in fluidized-bed reactor (Coppola et al.,
2015). The ashes from sludge combustion are characterized by high metal content
(especially Fe, Ca and Mn). The ICP-MS confirmed the presence of high content
of Fe (10470 mg/kg), Ca (4014 mg/kg) and K (1423 mg/kg), with lower amounts
of Cu (249 mg/kg), Mg (296 mg/kg), Mn (29 mg/kg), Na (331 mg/kg), N1 (12
mg/kg ) and Zn (185 mg/kg). The presence of high concentration of Fe is also
highlighted by the intense red colour of the catalyst, obtained after 220 min of
steady-state combustion and deposition on alumina (see Appendix C). The
amount of each metal deposited on the catalyst was always lower than the original
amount in the sewage sludge (e.g., Fe in the sludge was 14170 mg/kg).

3.2 Surface area, pore volume and pore diameter of fresh
catalysts

Figure 41 shows the N adsorption-desorption isotherms obtained for the
seven catalysts used in this Thesis. According to the 1985 ITUPAC classification
of physisorption isotherms, the catalysts used in this work can be classified based
on their specific pore structure, as evidenced by the characteristic shape of their
adsorption isotherm and relative hysteresis loops. HZSM-5 and HY catalysts
exhibit a type IV physisorption isotherm, characterized by a concave curve in the
region of low P/Py, followed by a hysteresis loop in the high-pressure region
(starting at P/Pop=0.65 for HZSM-5 and at P/P¢=0.45 for HY). This behaviour is
associated a significant microporous structure — typical of zeolites — and with the
capillary condensation of gas within mesopores (20-500 A). y-Al,Os exhibits a
type V isotherm, with a convex curve at low pressure (suggesting the absence of
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significant microporous structure) followed by a type-H2 hysteresis loop,
probably due to a more complex pore structure compared to zeolites. Similar
considerations can be extended to the two y-Al>Os-based catalysts, even though a
small difference in the hysteresis loop’s shape can be observed, probably induced

by impregnation.

3001—— HZSM-5 300+—=— HY
250 250 o
_ — oo
on ] o o”
g 2001 17g 2001 ///u”
/Ef,g@trﬂ‘” ~aonooaatd®
= 1501 i o 1507 jamacmooo
00000OIRIEE00 aamee 1 g
E 100] juosoremoe g 100
s _f 12 ol
> 50§ > 507
0 ‘ , 0 ‘ ;
0,0 0,5 1,0 0,0 0,5 1,0
P/PO P/PO
300 +—— SCA/-ALO, 3001——v-ALO,
—O— G0
2504 /%7’ 2504
S 200 i = 200 D
g | 8 /
= 1501 < 1501 f
E 100 [~ E 100, //D
° Q/E S __,arn/”’n/n
Y > 501 e
0 ‘ , 0 ‘ ;
0,0 0,5 1,0 0,0 0,5 1,0
P/PO P/PO
300+—— 3% Fe/y-ALO, ED 300+—=— Dolomite
250 vy 250
= 200 = 200
5 | 5
o 1501 o 1501
E 100 /u/ E 100+
=] o =]
> o5 e > 501
0 . . . HM '
0,0 0,5 1,0 0,0 0,5 1,0
P/PO P/PO
100 ‘ —
—=— 3% Fe/Dolomite
i
5 s
Q
£
=
o
> /u?"ﬁéu
Du,—-DD———UD—/‘mA%’,/’/'E/D
04 . T
0,0 0,5 1.0
P/PO

Figure 41: N2 adsorption-desorption isotherms of the catalysts used in this work.

Dolomite and Fe/dolomite catalysts are characterized by a type III isotherm,
typical of materials with weak gas-solid interactions, with negligible hysteresis
loop. A similar result was found by Duffy et al. (2006), who confirmed that
calcination is favourable to improve porosity in dolomite due to CO: ejection

during the heating process.
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Table 16 summarizes the physical properties of the catalysts used in this
Thesis, including BET specific surface area, micropore area, mesopore volume
and mean pore diameter of the catalyst.

Table 16: Physical properties of the catalysts used in this work.

BET Amicro Vmeso Dyore Deatalyst
Catalyst [m%/g] [m%/g] [em®/g] [A] ‘Imm]
HZSM-5 400 152.3 0.137 75 1.5
HY 595 448.1 0.263 97 1.5
SCA/ y-Al;03 131 - 0.433 156 1
y-ALO;3 149 - 0.455 122 1
3%Fe/ y-A1,03 141 - 0.472 156 1
Dolomite 33 2.93 0.328 24 0.4-0.8
3%Fe/dolomite 18 0.63 0.093 29 0.4-0.8

In agreement with the shape of N» adsorption-desorption isotherms, HZSM-5 and
HY =zeolite-based catalysts present a significant microporous structure, as
evidenced by the micropore area (152.3 and 448.1 m?/g, respectively). The HY
catalyst is based on clay as binder, while the HZSM-5 is based on alumina, and is
characterized by a smaller average pore diameter (7.5 nm). The data confirmed
the specifications of the manufacturer about the high BET surface area of the
catalysts.

v-AlO3 has a substantially lower BET surface area compared to zeolites (149
m?/g) and the micropore structure is negligible. Similarly, SCA/ y-ALO3 and 3%
Fe/ y-Al,Os have a slightly lower surface area compared to pure alumina (131 and
141 m?/g), probably due to the impregnation/deposition of the metal on them. No
significant differences were found among the three y-Al2O3 — based catalysts in
terms of pore volume and pore size.

Finally, dolomite after calcination has a very low surface area (33 m?/g) compared
to other catalysts, has some micropores but is mostly a mesoporous material. Iron
impregnation resulted in a further reduction of surface area (18 m?/g) compared to
calcined dolomite, with a substantial reduction in overall porosity. These
characteristics drastically limited the catalytic activity of this 3% Fe/dolomite
catalyst.

3.3 Acidity and basicity of fresh catalysts

The NH3 and CO»-TPD profiles obtained for the different catalyst samples are
reported in Figure 42, together with the amount of total acidity evaluated by

4 Catalyst particle size was chosen as a compromise between satisfactory catalytic activity
(with limited mass transfer resistance) and acceptable operative pressure drop withing the
pyrolysis system.
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integration of the TCD signal (Table 17). The catalysts are characterized by
significant differences in terms of both acidity and acidic site distribution. HZSM-
5 exhibits a broad TPD profile that extends over a wide temperature range.
Distinct peaks at low (=120°C), medium (=230°C) and high (=430°C)
temperatures can be easily recognised, with an overall acidity of 1.577 mmol
NH3/geatalyst, the highest among the catalysts investigated. In particular, the acidic
site strength distribution revealed that weak, medium and strong acidic sites
accounted for the 29.4%, 49.7% and 20.9% of the total, respectively. The shape of
the TPD profile is widely observed in the literature for HZSM-5 based catalysts
(e.g., lisa et al., 2016a). HY catalyst has a predominant desorption peak at low
temperature, implying the presence of weak acidic sites, with a total acidity of
only 0.244 mmol NH3/gcatalyst. This is also justified by the higher Si/Al ratio of HY
(100) compared to HZSM-5 (40). The SCA/ y-Al>Os3 catalyst has a lower acidity
compared to HY (0.192 mmol NH3/gcaulyst) but a little contribution by average
acidic sites can be acknowledged. This is caused by the presence of AAEMs on
the surface of the catalyst, as demonstrated by the results of ICP-MS conducted
(Coppola et al., 2015)

v-Al,03 exhibits desorption peaks at higher temperatures than HY and SCA/
v-Al2Os, with the principal peak at 450°C. This indicates the presence of medium
and strong acid sites. The overall acidity (0.980 mmol NH3/gcatalyst) 1S considerable
and reflects the known acidity of alumina, mostly coming from the presence of
Lewis sites and, to a lesser extent, to superficial Bronsted sites (Cheng et al.,
2016). The TPD profile of Fe/ y-Al2O5 catalyst is similar to that of pure y-Al2Os,
but with a lower peak intensity and a bigger contribution of average and weak
acidic sites. The presence of 3% Fe modified the acidic sites distribution, reducing
the proportion of strong sites and limiting their accessibility. Nevertheless, the
overall acidity was calculated to be 1.299 mmol NH3/gcatalyst, suggesting that the
presence of the metal, its dispersion and its oxidation state contribute to the acidic
properties of alumina.
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Figure 42: TPD-NH3 (A) and TPD-CO: (B) profiles for the catalysts investigated in this work.

The TPD-CO; profile of dolomite shows a peak at around 400°C. On the
other hand, 3% Fe/dolomite exhibits a more selective and intense peak at 420°C,
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without contributions from lower temperature peaks, like in the case of calcined
dolomite. This can be explained by the range of temperature selected for the
desorption (25-550°C), in which dolomite does not eject all the CO», as shown in
Figure 110 (Appendix F).

Table 17: Acidity and basicity of catalysts measured by TPD-NH3 and TPD-CO:s:.

mmol
TCD area Acidic sites
CatalySt 5NH3/ Leatalyst
HZSM-5 0.622 1.577 W/M/S
HY 0.116 0.244 \%%
Sludge SCA/ y-Al,03 0.109 0.192 W
y-A103 0.413 0.980 M/S
3%Fe/ y-Al>O3 0.387 1.299 M/S
mmol
Catalyst TCD area
y COZ/gcatalyst
Dolomite 3.258 1.307
3%Fe/Dolomite 1.794 2.368

3.4 Scanning Electron Microscopy of fresh catalysts

Figure 43 shows the SEM images for selected fresh catalyst samples. The
HZSM-5 catalyst was observed as cylindrical extrudates. At higher magnification,
its surface was found to be made of small, irregular crystals with a high degree of
porosity between them. The SCA/y-Al.Os support material consisted of uniform,
spherical particles. The surface of these spheres was granular and composed of
fine, densely packed particles, indicating a porous structure.

The 3% Fe/y-Al:Os catalyst also consisted of spherical particles, but its
surface showed significant cracking and larger pores compared to the original
support. These changes are likely due to the iron impregnation and heating
process. The calcined dolomite appeared as irregular, angular particles of different
sizes. Its surface was rough and porous, with some visible layered features. The
3% Fe/dolomite sample was covered with small, well-dispersed particles, which
are believed to be the iron oxide.

5 The calculation of total acidity (basicity) is the result of i) integration of the TCD signal vs
time to obtain the TCD total area; ii) conversion of TCD area into mol of probe molecule by
response factor and iii) normalization on the catalyst mass.
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Figure 43: SEM images of fresh catalysts with 100x (left) and 3000x (right) magnification.
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Chapter 4

Pyrolysis and in-line catalytic
cracking of Olive Stone on ZSM-5

The results obtained in the experimental campaign on OS catalytic pyrolysis
carried out in plant P1 are reported in the following sections. More specifically,
the investigation aimed at evaluating the influence of the operating conditions
(space-time, primary pyrolysis temperature and cracking temperature) on the
distribution of pyrolysis products (char, coke, bio-oil and gas) and on the
characteristics of the upgraded bio-oil to identify suitable conditions for selective
production of value-added chemical families (aromatics, phenolics).

4.1 Effect of space-time

The effect of catalyst space-time, expressed as geatalystmin/gos, on product
yield distribution, the physicochemical properties of the resulting bio-liquid, and
the extent of catalyst deactivation, including structural and textural deterioration
was investigated in an experimental campaign using a HZSM-5 zeolite catalyst.

The space-time was varied between 0 gcatlyst'min/gos (representing non-
catalytic thermal cracking) and 28 geatatystmin/gos (corresponding to the maximum
catalyst mass that could be accommodated in the 40 mL fixed-bed reactor). All
the experiments have been performed with a fixed volume of 40 mL of bed
(catalyst + inert), and space-time has been changed by changing the amount of
catalyst loaded in the reactor. To keep constant the bed height, coarse sand has
been mixed with the catalyst. Ensuring a constant bed height by dilution with inert
sand eliminates hydrodynamic variables and allows to isolate the effects of the
catalyst mass (i.e., space-time). In all these experiments, the temperature of both
the pyrolysis reactor and the fixed-bed catalytic reactor have been set to 500°C.
Biomass feed rate and nitrogen flowrate have been set to 1 g min™' and 800 NL h!
throughout the experimental campaign, respectively. The results obtained from
the ex-situ catalytic pyrolysis of olive stone are shown in Figure 44.
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The distribution of products is significantly affected by the space-time, i.e. the
amount of catalyst loaded in the reactor. In the baseline case (1= 0 Zeatalyst- min/gos)
— meaning that the second-stage reactor is filled with coarse inert sand — the
pyrolysis vapours produced in the spouted-bed reactor underwent non-catalytic
thermal cracking exclusively. In these conditions, the yield of liquid product was
maximum, 65.4 wt% of which 52.4% organics and 13.0% water. This result is in
line with those obtained by Fernandez et al. (2021) during the pyrolysis of pine
wood at 500°C in a spouted-bed reactor. The cracking of pyrolysis vapours
intensifies as they come in contact with the catalyst’s surface and this behaviour is
enhanced with increasing space-time. For this reason, organics yield linearly
decreases with increasing space-time, going from 52.4% for pure thermal cracking
to 17.4% for higher space-time (T=28 gcatalystmin/gos). Conversely, water yield
increases from 13.0% to 28.2%. This trend is consistent with numerous studies on
the catalytic pyrolysis of various biomass feedstocks, including corn stover (Liu et
al., 2017; Zhang et al., 2016a) and wheat straw (Hernando et al., 2016).
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Figure 44: Effect of catalyst space-time on the mass yields of the main product fractions.
Conditions: Tpyrolysis=T cracking=500°C.

The gas yield also increases with increasing space-time as a consequence of
decarbonylation, decarboxylation, hydrocracking and ketonization reactions,
which are all part of the complex mechanism of biomass fast pyrolysis and
catalytic cracking over zeolite catalysts. In the case of the cracking reactor loaded
with inert sand, the gas yield is 15.2 wt.%, and it increases up to 28.0 wt.% at
higher space-time. As expected, the yield of solid char is not influenced by the
change in space-time of the catalytic reactor — see the discussion in Section 2.6.6 -
and is always slightly less than 20% (between 18.2 wt.% and 19.8 wt.%).
Moreover, Hernando et al. (2016) found a similar result in the catalytic fast
pyrolysis of wheat straw in a two-stage downdraft fixed-bed reactor.

The value of char yield obtained is also in complete agreement with the

proximate analysis of olive stone, from which the fixed carbon content of the
olive stone was determined to be 19.5 wt.% (as-received basis). The consistency
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of the char yield across all experiments, and its agreement with the fixed carbon
content of the feedstock (19.5 wt.%), provides a validation for test repeatability in
the ex-situ configuration.

The total coke yield increased linearly with space-time, which can be
attributed to both the larger catalyst surface area available for deposition (Liu et
al., 2017) increased by the presence of a higher amount of catalyst and the
promotion of condensation reactions at longer residence times (Meng et al., 2007).
In the range of space-time considered, coke yield increases from 1.3 wt.% to 6.6
wt.%. Carlson et al. (2011) observed that reducing WHSV — thus increasing
space-time — increased coke yield from 20 to 37% during the catalytic pyrolysis of
pine wood sawdust in a bubbling fluidized-bed reactor. However, the trend of
decreasing coke content (wt.% on catalyst) with increasing catalyst-to-biomass
ratio, as reported by Hernando et al. (2016), was not observed in this study,
potentially due to differences in feedstock composition.

In summary, the trends observed for product yields are widely confirmed in
the literature for the catalytic fast pyrolysis of biomass. For instance, Piitiin (2010)
observed a reduction in liquid yield from 42% to 30% when catalyst amount was
increased from 5 to 20% during in-situ catalytic fast pyrolysis of cotton seeds at
550°C using a tubular fixed-bed reactor. Similarly, gas yield increased from 20 to
30% and char yield from 20 to 26%. This observation is consistent with the
present work, where the total solid yield (char + coke) increases with space-time.

Similarly, Castello et al. (2019) observed an increase in gas yield from 21.7%
to 26.7% during the ex-situ catalytic pyrolysis of pine wood using commercial
ZSM-5 (Si/A1=3) and NaxO/y-Al2Os. Water yield increased from 13.7% to 24.4%
and coke yield increased from 0.0% to 8.6% when increasing the catalyst/biomass
ratio. The char yield was not significantly affected by change in space-time. The
trends are also confirmed by lisa et al. (2016a) and (2016b) during the in-situ and
ex-situ catalytic fast pyrolysis of pine wood. Finally, Hernando et al. (2016) also
demonstrated that increasing the catalyst/biomass ratio from to 0.4 to 2.8 g leads
to an increase in the yield of gas, water and coke, while the yield of organics
decreased.

The N»-free volume composition of the permanent gas product from the
catalytic pyrolysis of olive stone and the mass yields of single gas-phase
compounds are shown in Figure 45-A and 45-B. The production of carbon
dioxide and carbon monoxide increases with increasing space-time (Figure 45-B)
since decarbonylation and decarboxylation reactions are dominant during
pyrolysis vapours catalytic cracking due to the thermal degradation of carbonyl
and carboxyl functionalities in holocellulose and lignin (responsible for the
production of CO:), while the rupture of C—O-C and C-O bonds lead to the
formation of CO. The H> generation is associated to the cleavage of C—H bonds
and aromatic groups (Couhert et al., 2009).
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Figure 45: Na2-free composition of pyro-gas (A) and yields of single gas-phase species (B) as
function of space-time.

More specifically, CO> yield increases from 8.50 wt.% to 10.11 wt.% when
going from pure thermal cracking to the maximum space-time of t=28
ZeatalystMin/gos, while CO yield increases from 4.35 wt.% to 10.16 wt.%. The
higher increase in CO yield compared to CO2 suggests that decarbonylation of
carbonyl groups in aldehydes and ketones may be the preferential pathway
followed during upgrading (Paasikallio et al., 2017; Carlson et al., 2009). The
results are in line with the findings of Wang et al. (2022), who reported that
dehydration is the primary deoxygenation route at low catalyst loadings, while
decarbonylation becomes dominant as catalyst contact increases. Methane yield
only slightly increases with space-time, from 1.17 wt.% to 1.42 wt.%. Finally, an
increase in light olefin production from 0.21 wt.% to 3.47 wt.% is observed when
space-time goes from 0 to 28 geatalyst: min/gos. C1-Cy4 light hydrocarbons are known
to be the primary cracking product over HZSM-5 for many model compounds
(Chang & Silvestri, 1977). Light olefins can be the result of dehydration of light
alcohols at low temperature (Gayubo et al., 2004a). Although hydrogen yield
increased with space-time, its contribution to the total mass balance was
negligible (<0.05 wt.%), in agreement with previous reports (Williams &
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Nugranad, 2000; Paasikallio et al., 2017; Stephanidis et al., 2011a). The
volumetric composition data in Figure 45-A are important for the energetic
valorization of the pyrolysis gas: they revealed an interesting shift in the gas-
phase makeup. The concentration of light hydrocarbons (alkanes and olefins)
increases with space-time (Williams and Nugranad, 2000). In the same range, the
concentration of CO increases from 31.18 wt% to 43.37 wt.%, while
concentrations of CO> and CH4 decrease. This occurs because, as space time
increases, the total gas volume also increases, leading to a dilution effect.
Consequently, the relative fractions of CO2 and CHa4 decline, since their formation
rates do not rise as sharply as that of CO.

The effect of space-time on the quality of bio-oil is illustrated in Figure 46. As
anticipated, the presence of an acid catalyst such as HZSM-5 impacts not only the
total bio-oil yield but also its molecular composition, driven by a complex
interplay of decarbonylation, decarboxylation, ketonization, cracking,
aromatization, oligomerization, and other secondary transformations. GC-MS
peak areas were used to describe relative abundances, allowing semi-quantitative
interpretation since peak area scales approximately with concentration of analytes.
The optimization of space-time — i.e., the amount of catalyst available for vapours
upgrading — is critical because it directly governs the extent of vapour-catalyst
contact and thus the competition between desired and undesired reactions. The
presence of the catalyst acts in a different way on different classes of compounds.
For instance, it was observed that the concentration of aldehydes, ketones, furans,
sugars and organic acids — mainly derived from the decomposition of cellulose
and hemicellulose fractions of olive stone — decreases with space-time and are
significantly converted when the amount of catalyst is sufficiently high, as also
reported by Hernando et al. (2016) and Paasikallio et al. (2017). Cellulose
undergoes dehydration to yield primary anhydrosugars, releasing water as a by-
product. Acid catalysis converts these sugars toward furan derivatives via
dehydration, decarbonylation, and decarboxylation. Successively, these furans can
rearrange and oligomerize into aromatic hydrocarbons via the “hydrocarbon pool”
mechanism (Yildiz et al., 2016). A similar reduction in organic acids, ketones,
furans, and anhydrosugars was reported by Arabiourrutia et al. (2024) for bio-oil
obtained from corncob pyrolysis at different catalyst-to-biomass ratios at 450°C.
Aldehydes and ketones are known to be easily dehydrated over acidic catalysts in
parallel to cracking and aromatization reactions (Adjaye & Bakhshi, 1995).

In parallel, the catalytic cracking of light oxygenated molecules (such as
acetic acid, small aldehydes, ketones and alcohols) can be responsible for the
formation of light hydrocarbons (Chang and Silvestri, 1977). The high water yield
observed using HZSM-5 and the almost total absence of alcohols in the resulting
bio-oils, suggest that the zeolite exhibits strong dehydration activity. Low
molecular weight alcohols are likely converted on the catalyst’s acid sites to
produce water and an olefin. According to the literature (Adjaye & Bakhshi, 1995;
Chiang & Bhan, 2010), the process begins with the protonation of the alcohol
forming a cation, followed by the elimination of water; subsequently, the
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carbocation or an alkoxide adsorbed on the acid site regenerates the site by
desorbing as an olefin. Moreover, most of the alcohols may also take part in
alkylation-cyclization-aromatization reactions to produce aromatic hydrocarbons
(Adjaye & Bakhshi, 1995). Reducing the content of organic acids and sugars is
advantageous for bio-oil storage and upgrading since these compounds contribute
to lowering bio-oil pH and increasing corrosiveness (Bakar & Titiloye, 2013).
Levoglucosan — the major product of cellulose thermal decomposition and
consistently the dominant sugar detected (Naqvi et al., 2014) -is completely
converted (from 4.1% to 0.0%) when space-time reaches the maximum of 1=28
ZeatalystMin/gos. The reduction of anhydrosugars share finds confirmation in the
work of Hernando et al. (2016), Zhang et al. (2016a) and, more recently, in the
work of Arabiuourrutia et al. (2024) in corncob pyrolysis. Similarly, the
concentration of furan compounds (above all furfural, 2-furanmethanol, 2(5H)-
furanone) decreases from 9.3% to 3.5% with increasing space-time, with a
corresponding increase in the yield of aromatic compounds (monoaromatic
hydrocarbons and oxygenated monoaromatics). The decrease of sugar
concentration appears to be linked to the corresponding increase in aromatics,
which can be produced by cyclization-dehydrogenation or Diels-Alder
condensation of light olefins with furans and other light oxygenates (Dorado et al.,
2015; Cheng et al., 2012; Dai et al., 2020). However, contradictory observations
in the literature, such as increased furan and acid formation with higher catalyst-
to-biomass ratios (Naqvi et al., 2014), highlight the need for feedstock-specific
catalyst optimization. Furthermore, excessive space-time can favour coke
formation, partly through polymerization of furan derivatives (Zhang et al., 2014),
which decreases catalyst lifetime and increases regeneration costs.
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Figure 46: Effect of space-time on the th(mltdl family distribution in the upgraded bio-oil.
Pyrolysis and cracking temperature held constant at 500°C.

Phenolic compounds are predominantly produced by catalytic cracking of
lignin oligomers via hydrogenolysis and hydrodeoxygenation reactions (Olcese et
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al., 2013). Methoxy-phenols present a non-monotonic trend with a maximum
guaiacols/syringols content of 40.2% when space-time is T=10 gcatalyst-min/gos.
Typical methoxyphenols detected by means of GCMS are 2-methoxy-phenol
(guaiacol), creosol, 2,6-dimethoxy-phenol (syringol), trans-isoeugenol and 2-
methoxy-4-vinylphenol, as also reported by Patwardhan et al. (2011) for the
pyrolysis of pure lignin. Lignin-derived units, such as syringols, are not readily
converted over ZSM-5 catalysts due to the stable nature of aromatic ether bonds
(Gayubo et al., 2004a, Yu et al., 2012; Mihalcik et al., 2011), unless more severe
reaction conditions—such as higher catalytic temperatures or longer space-
times—are applied (Liu et al., 2020). Gayubo et al. (2004a) confirmed the low
reactivity of phenolic compounds, with the main products being light
hydrocarbons and traces of carbon oxides.

Alkyl-phenols (phenol, methyl-phenols, catechol) are even less affected by
change in space-time, with a mean concentration of 11.2+0.7 %. Phenols and
aldehydes are known to be quite stable products over HZSM-5 and therefore they
are the main precursors of coke (Gayubo et al., 2004a; Gayubo et al., 2004b)
together with olefins and PAHs (Wang et al., 2022). When alkyl-phenols react
over zeolite catalysts, isomerization is a preferred route, producing a spectrum of
molecules with the same atomic composition but different chemical structures
(Pujro et al., 2021; Adjaye & Bakhshi, 1995).

In general, diffusional limitations restrict the conversion of bulky molecules
within the zeolite pores, favouring secondary reactions that lead to coke formation
on the catalyst surface and, consequently, its deactivation (Liu et al., 2020). The
elemental analysis of bio-oil samples never detected the presence of N-containing
compounds, which in turn was not detected in the starting biomass itself.

These trends are in agreement with the general mechanism of biomass fast
pyrolysis on acid catalysts (Yildiz et al., 2016), in which reactive intermediate
compounds (i.e., furans, ketones, acids...) are consumed to favour the production
of end products like coke, olefins and aromatics (especially PAHs produced by
the condensation of monoaromatics). Aromatization reactions within the zeolite’s
pore can convert alcohols, furans and sugars into aromatics (Qi and Fan, 2019),
with PAH yield sharply increasing with higher space-time of HZSM-5 (Liu et al.,
2017). While PAHs were not detected during the non-catalytic experiment, their
concentration increased steadily with space-time from 2.09% to 14.62%. The
presence of HZSM-5 favours the formation of both monoaromatic hydrocarbons
and oxygenated aromatics, with a marked increase observed when the space-time
was raised from 20 to 28 geatalyst: min/gos.

The increased presence of multi-ring aromatics (phenanthrenes, anthracenes)
at high space-times (Paasikallio et al., 2017) indicates that secondary
condensation is promoted by the greater availability of acidic sites—enhancing
aromatic content but also increasing heavy fraction and coke yield (see Appendix
B).Since Bronsted acid sites are generally more effective than Lewis’s acid sites
in catalysing aromatization reactions (Cai et al., 2020), careful design of pore
architecture, as well as the strength and spatial distribution of acid sites, is
essential to optimize selectivity toward aromatic compounds.
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4.2 Effect of pyrolysis temperature

While the catalytic stage dictates the final product upgrading, the initial
pyrolysis temperature fundamentally defines the composition of the vapor stream
fed to the catalyst. This chapter systematically isolates the effect of the primary
pyrolysis temperature (450-600°C) to understand how the initial thermal
decomposition of olive stone dictates the final product distribution and bio-oil
quality under constant -catalytic cracking conditions. As a preliminary
investigation, single-stage pure thermal pyrolysis at 500°C and ex-situ catalytic
fast pyrolysis of OS (Tpyrolysis=Tcracking=300°C, 0 Zeatatyst min/gos) were compared.
Results clearly demonstrated that the presence of the second step (acting as
thermal cracking reactor) did not significantly influence product distribution
(e.g., gas yield 15.82 vs 15.20%, water yield 14.61% vs 13.0%, bio-oil yield 52.87
vs. 52.4% for single-stage pure thermal and 2-stage configurations, respectively).
Therefore, any significant change in product yields can be ascribed to the
presence of the catalyst, since thermal cracking contribution is negligible at least
below 500°C.

Figure 47 illustrates the effect of the pyrolysis temperature on product
distribution during ex-situ catalytic pyrolysis of olive stone biomass over
commercial HZSM-5. All tests have been performed using a space-time of 20
ZeatalystMin/gos and setting the temperature of the catalytic reactor at 500°C and
keeping constant all the other process parameters — i.e., nitrogen flowrate,
catalytic bed volume and biomass feed rate.
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Figure 47: Effect of pyrolysis temperature on the mass yields of the main product fractions.
Conditions: Tcr:\ckingzsoooc, =20 Zeatalyst min/g()s.

As the pyrolysis temperature increases from 450 °C to 600 °C, the gaseous
fraction rises from 23.1wt.% at 450°C to 31.8wt.% at 600 °C, reflecting
enhanced secondary cracking of primary pyrolysis vapours and accelerated
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[-scission reactions on the Bronsted acid sites of the HZSM-5 catalyst. For what
concerns the composition of the gas phase (Figure 48), the major products are
carbon monoxide and carbon dioxide in all the investigated temperature range
(450-600°C). The concentration of CH4 increases with temperature and its
concentration is comparable to that of other light hydrocarbons produced during
the process (ethylene, ethane, propylene, butenes), which show a maximum at
550°C. Finally, hydrogen was produced in rather small amounts — with a
maximum of 5.7% vol. at 600°C. The observed behaviour is in agreement with a
more extensive cracking of the larger organic molecules present in the vapours,
leading to the formation of smaller molecules, including light hydrocarbons and
H: (Uddin et al., 2014).

Considering the mass yield of single gas-phase compounds (Figure 48-B), it is
possible to nota that CO production is deeply influenced by pyrolysis temperature,
while CO; levels are quite stable at ~10 wt.%. Williams and Nugranad (2000) also
found that the increase in CO was more pronounced compared to COx.

The concurrent increase in CO and H: yields, coupled with the decrease in
water yield, suggests the possibility of in-situ steam reforming or gasification
reactions occurring within the pyrolysis reactor (Hernando et al., 2016) and shows
that decarbonylation and decarboxylation reactions are favoured at higher
pyrolysis temperatures, while the extent of dehydration reactions becomes
comparatively less significant, as also reported by Hernando et al., (2016).
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Shifting the attention to the liquid fraction, the pyrolytic water yield declines
(from 24.8 wt.% to 19.2 wt.%) with increasing pyrolysis temperature, as also
observed by Hernando et al. (2016) during non-catalytic fast pyrolysis of wheat
straw in the 475-600°C range. On the other hand, the organic liquid yield
exhibited a maximum at 550°C, before declining slightly at 600°C. Between 450
and 550°C, biomass devolatilization is favoured by increasing temperature
producing condensable vapours, but when temperature is increased further,
excessive thermal secondary cracking reduces bio-oil yield, as also observed by
Liu et al., (2017) during the two-stage fast microwave-assisted pyrolysis of corn
stover.

The effect of pyrolysis temperature on the composition of the oil recovered
after catalytic upgrading is detailed in Figure 49.

The amount of aldehydes initially increases, then sharply decreases as the
pyrolysis temperature is increased, a trend attributed to their thermal instability
under elevated temperatures more than to catalytic activity (Gayubo et al., 2004b).
As temperature rises, aldehydes are increasingly subjected to secondary reactions

117



such as decarbonylation, decarboxylation, and polymerization, yielding lighter
hydrocarbons, CO, CO:, or other compounds. For instance, acetaldehyde can
undergo decarbonylation to produce methane and carbon monoxide or be
converted to Ce+ olefins, C4+ paraffins and trimethyltrioxane (Gayubo et al.,
2004b), while larger aldehydes may participate in aldol condensation, generating
more complex molecules that can subsequently crack or polymerize at high
temperatures.

A similar behaviour is observed also for furans. They have a reduced thermal
stability as temperature increases, undergoing ring-opening and fragmentation
reactions that lead to the formation of permanent gases and smaller oxygenated
compounds. Consequently, compounds such as furfural, 2-furanmethanol and
2(5H)-furanone were completely degraded at 600°C. Organic acids, such as acetic
acid, are prone to decarboxylation at higher pyrolysis temperatures, producing
methane and CO:, while dehydration plays a minor role and decarbonylation is
negligible, especially at lower temperatures. Acetic acid, for instance, shows low
reactivity below 400 °C, but it can first be converted into acetone and
subsequently into olefins when the temperature is >400°C (Gayubo et al., 2004b).
The further decomposition of aldehydes, furans and organic acids is in agreement
with the change in the gas composition and the observed increase of CO, CO> and
methane with increasing temperature.

The concentration of ketones increases with pyrolysis temperature, from 9.2% to
13.2%. The increase in ketones likely arises from competing reaction rates, their
formation via ketonization of carboxylic acids and their degradation by cracking
or aldol condensation. Since ketonization of carboxylic acids is a dominant
pathway on zeolites and accelerates at high temperatures (Boekaerts & Sels,
2021), it is possible that formation of ketones from the acid precursors in the
pyrolysis vapours is faster than their subsequent conversion, resulting in
progressive ketone accumulation in bio-oil.

The concentration of anhydrous sugars (predominantly levoglucosan) rises from
1.0% at 450 °C to 2.6% at 600 °C.

The observed increase in levoglucosan with pyrolysis temperature has been
observed (Shen et al., 2011). Its production is associated with cellulose pyrolysis
and follows a competitive reaction pathway between levoglucosan production and
its further cracking. The rate of the primary depolymerization reaction to form
levoglucosan increases more steeply with temperature than the rate of its
secondary degradation in the 450-600°C range investigated, with a consequent
increase in levoglucosan yield in the range 500-580°C before declining (Shen &
Gu, 2009a).
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Figure 49: Effect of primary pyrolysis temperature on the chemical family distribution in the

upgraded bio-oil. Cracking temperature held constant at S00°C and space-time of 20 gcatalyst min/gos.
At low temperatures (e.g., 450-500 °C), a high concentration of
methoxyphenols (guaiacols and syringols) in the bio-oil, which are oligomeric
derivatives of lignin, is observed. With increasing pyrolysis temperature,
simultaneous thermal cracking and demethoxylation reactions of guaiacols and
syringols favour the production of simpler alkylphenols, whose collective relative
abundance increases steadily from 10.2% to 34.4%. It has been demonstrated that
the pyrolysis of phenolic compounds, such as guaiacol and vanillin, proceeds
through a radical mechanism involving the homolytic cleavage of C—C and C-O
bonds; therefore, higher temperatures are required to break these high-energy
bonds (Shin et al., 2001; Nguyen et al., 2016). For instance, the concentration of
guaiacol was reduced from 2.6% to 0.2%, while that of trans-isoeugenol from
7.86 to 1.56%. Correspondingly, an increase in the yield of phenol (from 1.07% to

3.13%) and catechol (from 2.74% to 7.71%) was observed.

This aligns with the findings of Afifi et al. (1996), who observed that in the
presence of hydrogen-donor species—commonly found in bio-oils (Pujro et al.,
2021)—guaiacol is converted into catechol, phenol, and anisole. This pathway is
particularly relevant, as the primary pyrolysis vapours are inherently rich in such
hydrogen-donor species (e.g., alcohols, acids), thus facilitating these specific
conversion routes at higher temperatures. Simultaneously, the cleavage of C—C
bonds in the side chains of alkyl-phenols can also occur, yielding simpler phenols
and hydrocarbons. The demethoxylation of many phenolic compounds (guaiacol,
methylguaiacol, syringol, eugenol and others) has been verified (Saidi et al.,
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2014). Thus, syringol can be demethoxylated to produce guaiacol and then phenol
with a two-step hydrogenation (Pujro et al. 2021; Yang et al., 2017).

Regarding the production of aromatic compounds, a decrease in the
concentration of monoaromatics and biphenyls is observed, from 2.3% to 0.6%,
with a corresponding increase in oxygenated aromatics (from 7.8% to 12.1%) and
PAHs, whose concentration doubles from 6.99% to 15.98% as the pyrolysis
temperature increases from 450 °C to 600 °C. Likely the higher concentration of
reactive, unstable species (like furan-derivatives and aldehydes) produced at
higher pyrolysis temperatures provides a richer pool of precursors for cyclization
and aromatization reactions on the catalyst surface, leading to the observed
increase in naphthalenes and indenes. The main contribution to PAHs production
is given by naphthalenes, whose relative abundance increases from 4.06% to
8.03% when the pyrolysis temperature rises from 450 °C to 600 °C. The second
most relevant contributors are indene derivatives, increasing from 0.37% to
4.09%, while anthracenes production does not appear to be significantly affected
by pyrolysis temperature under the operating conditions investigated (mean %
peak area ~1.3+0.4 %). A similar increase in oxygenated aromatics and PAHs
under these conditions was also reported by lisa et al. (2017).

Also char yield is influenced by pyrolysis temperature. More in detail, as the
pyrolysis temperature increases from 450 °C to 600 °C, the char yield decreases.
The higher char yield at lower temperature is attributed to incomplete primary
thermal devolatilization of the biomass (Williams and Nugranad, 2000; Eom et
al., 2013). At higher temperature, devolatilization and - to a lesser extent - char
gasification reactions (e.g., C+tH,O—CO+H; and C+CO>—2CO) are favoured
and lead to increased yields of permanent gases such as CO and CO; (D1 Blasi et
al., 1999). Similar results in terms of char yield were found by Imran et al. (2016)
during the in-situ flash pyrolysis of wood fibres in the presence of HZSM-5.

Pyrolysis temperature influenced the physiochemical properties of the biochar
samples in terms of carbon content, specific surface area, mean pore diameter and
surface morphology.

The TGA analysis of char samples obtained at different pyrolysis temperature
(450, 500, 550 and 600°C) revealed, as expected, a decrease in the volatile matter
(from 36.1% to 28.1%) and a corresponding increase in fixed carbon content
(from 56.9% to 64.8%) and the decrease of both the O/C and H/C ratios with
pyrolysis temperature (Figure 55-B). The temperature of primary pyrolysis also
affects the physical properties of the char. The samples generally exhibited a very
low surface area (<1 m?/g) while the opening of higher porosity (surface area of
22.7 m*/g) was promoted only for the sample obtained at 600°C. It should be
noted that, since the duration of each pyrolysis test was fixed to 45 min, the
resulting properties of the char should be only ascribed to the operating
temperature of the pyrolyser.
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The temperature also influenced the portioning of metals present in the ashes.
Since metals ions can replace H™ in the structure of the zeolite via ion-exchange
(Lin et al., 2022), it is important to limit their interaction with the catalyst. The
concentration of primary and trace metals in biochar samples produced ad
different pyrolysis temperature is illustrated in Figure 50. A natural concentration
effect is observed for most metals with increasing pyrolysis temperature, due to
the higher extent of devolatilization. K and Ca, the most abundant metals in raw
olive stone, are found in biochar samples with concentration in the 5000-10000
ppm and 2000-4000 ppm range, respectively. All other primary metals are
typically present with lower concentrations (<700 ppm), and trace metals are well
below 30 ppm.
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Figure 50: High (A), medium (B) and trace (C) concentration metal distribution from ICP-MS in
char samples at different pyrolysis temperature.

By performing a mass balance on primary metals, it is possible to estimate the
amount of sequestered metal in biochar compared to the metal in the feed. Results
for selected metals are reported in Figure 51 as a function of pyrolysis
temperature. Around 80-90% of K entering the pyrolysis system is retained in the
biochar, with a non-monotonic trend with a minimum at 500°C. Similarly, Ca
retention is between 70-90%. Follows Mg with 65-75% retention.

Finally, P and Fe are the least sequestered metals in biochar (45-60% and 30-
45%, respectively). A more detailed analysis on metal content in bio-oil and on
the surface of the catalyst would be needed to close the mass balance and to
understand where else these metals accumulate in the system.
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Figure 51: Effect of pyrolysis temperature on sequestration of selected metals in biochar.

Under the worst-case hypothesis that metals not sequestered in biochar are all
reposited on the surface of the catalyst during reaction, it follows that Fe
preferably is retained on the catalyst, as also observed by Mullen et al. (2013).

Finally, coke deposition on the catalyst remains relatively low and nearly
constant (4—4.4 wt.%), suggesting that the amount of coke is determined by the
operative conditions in the catalytic stage (T=500°C, =20 gcatalyst min/gos), more

than the composition of the incoming vapours, in agreement with that reported by
Liu et al. (2017).
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4.3 Effect of cracking temperature

This section systematically investigates the effect of temperature of the
catalytic stage (400-550°C) on the extent of deoxygenation, product selectivity,
and the ultimate quality of the bio-oil, while holding primary pyrolysis conditions
constant. An HZSM-5 zeolite catalyst has been used for the experimental
campaign.

Figure 52 illustrates the effect of cracking temperature on the product yield
distribution during the ex-situ catalytic fast pyrolysis of olive stone. During all
experiments, the pyrolysis temperature was set to 500°C and the catalyst space-
time was 20 Zeatalyst'Min/gos.

Given that the pyrolysis step is not influenced by the operating conditions of
the catalytic step, the solid char yield is basically constant (=19.0+0.5 wt.%), in
agreement with the trend observed in Section 4.1 for the effect of space-time and
reported by Hernando et al. (2016). Minor deviations from the mean value are
attributable to inaccuracies in weighing the solid residue and to slight errors
during manual continuous feeding. The char yield aligns well with the feedstock’s
fixed-carbon content of 19.5% measured from TGA.
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Figure 52: Effect of cracking temperature on the mass yields of the main product fractions.
Conditions: Tpyrolysis=500°C, =20 gcatalyst min/gos.

Higher cracking temperatures enhanced the catalyst's activity, leading to an
increase in gas yield and water content at the expense of organics. The water yield
did not exhibit a clear tendency to increase, with a mean value of 20.4+1.7 wt.%
(see Hernando et al., 2016), despite the volumetric water content of the resulting
bio-liquid is increasing- as discussed in Section 4.4. Similarly, the coke yield was
scarcely influenced by the change in the cracking temperature and the mean
values obtained (4.5+£0.1 wt% yield with respect to biomass feed and 10
Yocoke/Eeatalyst) are in excellent agreement with the literature. For instance, 5.2 wt%
coke was obtained by Aho et al. (2008) during catalytic pyrolysis of pine wood in
a fluidized bed reactor while Zhang et al. (2009) found a coke yield of 8.4 wt%
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during corncob catalytic fast pyrolysis in the presence of ZSM-5. Finally, a coke
yield of 3.8 wt% was achieved by Mante & Agblevor (2011) in hybrid poplar
wood pyrolysis and 2.87 wt.% by Stephanidis et al. (2011b) for beech wood.
Interestingly, Piitiin et al (2009) found that coke content on ZSM-5 decreases with
catalyst bed temperature in the 350-500°C range but using a dual fixed-bed
reactor apparatus. Similarly, Wang et al. (2014) reported a comparable reduction
in coke yield in their study on the catalytic pyrolysis of hybrid poplar using a two-
stage microreactor system.

The yield of organics is reduced by increasing the temperature of the catalytic
step due to the faster decomposition of primary pyrolysis vapour into permanent
gases (CO, CO,, CH4 and light hydrocarbons) and light oxygenated molecules.
This trend was observed also by Liu et al. (2017) for the two-stage microwave-
assisted catalytic pyrolysis of corn stover and by Piitiin et al. (2009) during the
catalytic upgrading of olive residue-derived pyrolysis vapours in a dual fixed-bed
reactor.

As regards the composition of the gaseous product, carbon monoxide (CO)
and carbon dioxide (CO3) are the most abundant compounds, with lower amounts
of methane (CHg), light alkanes and light olefins (Figure 53-A and 53-B). It is
interesting to note that the yield of CO: is not significantly influenced by the
cracking temperature (<9.5+0.3 wt%), while CO yield systematically increases in
the 400-550°C range, going from 5.12 wt.% to 11.48 wt.%. The higher sensitivity
of CO yield to cracking temperature, and the quite stable CO: yield, suggest that
catalytic decarbonylation is the dominant temperature-dependent deoxygenation
pathway in the second stage, whereas decarboxylation is less affected by the
catalytic conditions and likely occurs primarily during initial pyrolysis. According
to Hernando et al. (2016), higher cracking temperatures favour decarbonylation
and decarboxylation reactions, while slowing dehydration. Moreover, the
hydrocarbon yield increases with cracking temperature, as higher temperatures
facilitate the cleavage of long aliphatic side chains from phenolic compounds
(Bhoi et al., 2020). For example, CHs can be produced through the
demethoxylation of pyrolysis vapours followed by subsequent reduction (Liu et
al., 2014a).

H> is always the less abundant product in all experiments, with yields ranging
from 0.03 wt.% when Teracking=400°C to 0.08 wt.% when Teracking=550°C . Similar
results in terms of gas production were reported by Hernando et al. (2016) for
wheat straw pyrolysis.
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Figure 53: N2-free composition of pyro-gas (A) and yields of single gas-phase species (B) as
function of cracking temperature.

Increasing the cracking temperature in the catalytic stage decreases the
concentration of nearly all families of oxygenated compounds, namely aldehydes,
furans, ketones, organic acids (Figure 54). Increasing the cracking temperature
appears to be as beneficial, as increasing the space-time, to reduce light
oxygenates like aldehydes, ketones and organic acids. Aldehydes and ketones can
react via ketonization and aldol condensation to produce bigger molecules
(Asadieraghi et al., 2015), but at higher temperature decarbonylation and
decarboxylation reaction are favoured.

In particular, it has been suggested that the pore structure of HZSM-5 may
promote decarbonylation of ketones (Wang et al., 2015b) by enabling the
involved species to adsorb in close proximity (Pujro et al., 2021). The mechanism
involves the adsorption of the C=0 group onto the acid site of the zeolite via an
O-Al interaction. The surrounding acidic sites facilitate the cleavage of C—-C
bonds thanks to electron migration next to the C atom in the C=0 bond, producing
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adsorbed alkyl radical species and adsorbed CO, which are subsequently released
(Wang et al., 2015b; Pujro et al., 2021).

As reported by Hernando et al. (2016), increasing the cracking temperature
leads to a decrease of organic acids in the oil, and especially of acetic acid (whose
relative peak area decreased from 10.66% to 2.83% as the cracking temperature
was raised from 400°C to 550°C), which undergoes ketonization to produce
acetone and then is converted to olefins and aromatics (Gayubo et al., 2004b).
Similarly, propanoic acid was completely degraded at 550°C and butanoic acid
was not observed.

The cracking of lignin oligomers produced in the first reactor is enhanced by
increasing the temperature of the catalytic stage, resulting in a higher yield of
alkylphenols (from 6.52% to 18.66%) at the expense of methoxyphenols, whose
concentration decreases from 31.65% to 26.68%. At temperatures above 450 °C,
the demethoxylation and demethylation of guaiacols and syringols to form
alkylphenols appear to be promoted (Wang et al., 2015a). Nevertheless, the effect
of cracking temperature on alkyl-phenol production is less pronounced than that
of pyrolysis temperature, indicating that the primary thermal decomposition of
olive stones plays a more significant role in vapor composition than the catalytic
step in this context. Specifically, a 150°C increase in pyrolysis temperature led to
a ~24% increase in alkylphenols (from 10.2% to 34.4%), whereas the same
temperature delta in the cracking stage yielded only a ~12% (from 6.52% to
18.66%). This result suggests that primary thermal decomposition, rather than
secondary catalytic upgrading, is the dominant step controlling the initial
formation of phenolic structures.

The concentration of hydrocarbons—particularly monoaromatic hydrocarbons
and polycyclic aromatic hydrocarbons (PAHs)—increases with rising catalytic
temperature. Increasing temperature is beneficial to the selectivity of aromatic
hydrocarbons and oxygenated aromatics (Hernando et al., 2016, Liu et al., 2017).
It is commonly accepted that bulky oxygenated molecules such as phenols are
cracked on the outside of the catalyst structure (external acidic sites) producing
smaller fragments, while the conversion of light derivatives into aromatics
happens within the pores of the zeolite (Liu et al., 2020). This concept helps
explain our observations: large methoxyphenols (e.g., syringols) from lignin likely
undergo initial cracking on the external surface of the HZSM-5, breaking down
into smaller, less bulky alkylphenols. These smaller phenolic molecules can then
potentially enter the zeolite micropores to be further deoxygenated and converted
into aromatic hydrocarbons. At higher temperatures, aromatic intermediates can
undergo further alkylation, cyclization, and dehydrogenation, leading to larger,
more condensed ring systems. This process is a known pathway to coke
formation, suggesting that the observed PAH increase is a direct precursor to the
catalyst deactivation. The PAHs increase with temperature from 0.43% at 400°C
to 8.19% at 550°C, and this is related to the coke deposition on the catalyst’s
surface. As previously discussed regarding pyrolysis temperature, naphthalenes
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constitute the largest fraction of PAHs (about 64% of all PAHs at 550°C).
Additionally, anthracenes and indenes were found at higher concentrations with
increasing temperature, representing roughly 26% and 1.8% of total PAHs.
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Figure 54: Effect of cracking temperature on the chemical family distribution in the upgraded bio-oil.
Pyrolysis temperature held constant at 500°C and space-time of 20 gcatalyst min/gos.

4.4 Discussion

Figure 55 and 56 illustrates the effect of the operating conditions on the
elemental molar composition of the resulting char and bio-oil samples. The
composition of the char is, as expected, independent of the space-time and
cracking temperature since the char is produced in the primary reactor and is not
affected by the conditions in the downstream catalytic reactor (Figure 55-A and
C). This aspect confirms the repeatability of the experimental tests. On the other
hand, increasing the pyrolysis temperature results in char samples with improved
composition, as evidenced by an increase in carbon content from 78.74% at
Tpyrolysis=450°C to 87.87% at Tpyrolysis=600°C. Although its high carbon content
makes it a good solid fuel potentially capable of thermally co-sustaining the
process, its porosity confers high value for applications such as soil fertilization,
due to its ability to reduce the leaching of essential nutrients (Bhoi et al., 2020).
Other potential uses, including as activated carbon or catalytic support, have also
been explored in the literature (Dada et al., 2023).

Looking at Figure 56, it is evident that both space-time and the temperature of
the catalytic stage are responsible for increasing the water concentration in the
condensed pyrolysis oil. This phenomenon can be explained in terms of the
greater contribution of decarbonylation, decarboxylation, and dehydration
reactions of the pyrolysis vapours when the operating conditions of the catalytic
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stage are more severe. Conversely, increasing the temperature of the pyrolysis
stage leads to a reduction in the water content of the resulting oil. A higher
pyrolysis temperature promotes, already during the thermal decomposition of
biomass, the production of permanent gases at the expense of organic vapours,
which are characterized by a different composition upon contact with the catalyst.
Since the catalytic bed conditions in this test series were kept constant (500 °C

and t = 20 min), the reduction in water content is also attributable to the lower
contribution of dehydration reactions.
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Figure 55: Effect of space time (A), pyrolysis temperature (B) and cracking temperature (C) on
the elemental composition of solid char.
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One of the key aspects in catalytic pyrolysis is reducing the oxygen content in
bio-oil, as it represents one of the main factors limiting its use as a high-grade fuel
due to its low energy density (Gollakota et al., 2016). However, it is not only the
overall oxygen content that is critical, but also the specific forms (i.e., functional
groups) in which oxygen is present in the bio-oil. Acids, aldehydes, ketones, and
sugars are known to be reactive compounds that contribute to instability in
pyrolysis oils (Oasmaa et al., 2011; Cai et al., 2021). The preceding sections have
described how, through the use of the HZSM-5 catalyst and the proper balance of
key operating parameters—space-time, pyrolysis temperature, and catalytic
cracking temperature—it is possible to affect the bio-oil composition. In Figure 57
the effect of space-time, pyrolysis temperature and cracking temperature on the
oxygenated compound content of bio-oil has been compared.

The O/C molar ratio of the organic fraction in the condensed bio-oil appears
to increase with both space-time and cracking temperature, which at first glance
contradicts expectations. In the fractional condensation process following the
catalytic reactor the carbon-rich, energy-dense fraction condenses first at ambient
temperature, while a secondary set of condensers at 0°C collects an aqueous
fraction of the bio-oil. The elemental analysis is performed on the “as-condensed”
raw bio-oil. Due to its limited volume, samples of the heavy fraction could not be
analysed.

This limitation notwithstanding, these results do not contradict the recognized
deoxygenation capability of HZSM-5. Supporting evidence includes increased
formation of carbon oxides and water—evidence of oxygen (and carbon)
removal-—and an increased proportion of non-oxygenated compounds at the
expense of oxygenated species in the bio-oil. Deoxygenation is incomplete but
evident, and its extent grows with harsher catalytic conditions, as can be
appreciated by the results in Figure 57, reporting the change in % area from
GCMS associated to oxygenated compounds as a function of the operating
parameters. The results show that space-time is the most important parameter for
improving bio-oil upgrading, as it reduces the amount of oxygenated compounds
more significantly than the cracking temperature, which appears to have only a
limited effect. Pyrolysis temperature does not significantly influence the
deoxygenation of bio-oil under the experimental conditions investigated in this
work. Unfortunately, direct comparison with literature values 1s not
straightforward. Christoforou et al. (2018) reported a reduction in oxygen content
in upgraded bio-oil compared to the experiment without catalyst (from 37.06% to
26.80%) during pyrolysis of olive mill solid waste. Similarly, [liopoulou et al.
(2012) reported that, in the presence of ZSM-5 as catalyst, the bio-oil yield
decreased to 21 wt% compared to 37 wt% in the non-catalytic test, while the
oxygen content was simultaneously reduced from 40% to 31%. Veses et al. (2015)
reported a reduction of oxygen content from 30% in the non-catalytic test to 22%
in the presence of HZSM-5.
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Figure 57: Effect of space-time, pyrolysis temperature and cracking temperature on the
oxygenated compound content of bio-oil (relative GCMS peak area).

4.5 Effect of operating parameters on catalyst
deactivation

The process parameters not only influence the product distribution — as
explored in previous paragraphs — but also dictate the rate and severity of catalyst
deactivation. To clarify how catalyst samples behave in different conditions, the
carbonaceous deposits on HZSM-5’s surface were characterized by Temperature
Programmed Oxidation (TPO). This technique provided insights into the
distinction of different coke fractions.

Coke deposition on zeolite-based catalyst during catalytic fast pyrolysis of
biomass has been widely studied in the literature. For instance, Luna-Murillo et al.
(2018) recently investigated catalyst deactivation via coke deposition during ex-
situ CFP of pine wood and cellulose at 500°C employing different techniques,
namely X-ray diffraction (XRD), porosimetry, SEM-EDX, FTIR spectroscopy,
NH;-TPD and NMR. They found that small-oxygenated molecules act as coke
precursors within the pores (via ring-condensation reactions), while bulky lignin-
derived oligomers are mainly responsible for the formation of external thermal
coke. Oxygenate volatiles serve as coke precursors with different level of
reactivity and the reaction paths towards coke formation typically include aldol
condensation, ketonization, dehydration, hydrogen transfer and polymerization
reactions (Lin et al., 2022). In terms of reactivity, it has been found that aldehydes
and phenols are the most active in coke deposition (Gayubo et al., 2004a and
2004b). Phenolic compounds are known to have low reactivity on HZSM-5;
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therefore they can undergo oligomerization and dehydration (loss of water) and
produce coke on the external surface of the catalyst (Lin et al.,, 2022). From
temperature programmed oxidation (TPO) analysis, different peaks associated
with different kinds of coke can be identified. For instance, Fan et al. (2017)
observed a bimodal DTG curve from the TPO of spent zeolite samples, recalling
the common distinction between a soft or “thermal” coke (type I coke) burning at
lower temperatures, and a hard or “catalytic” coke (type II coke) burning at higher
temperatures. Coke deposition is a ubiquitous phenomenon that cannot be
completely inhibited, but some strategies have been acknowledged to limit
catalyst deactivation by coking:

1. Tuning catalyst’s pore structure and acidity distribution (Cai et al., 2020).
2. Co-feeding of H-rich donors (e.g., methanol, water), as reported by Lin et al.
(2022).

Results from TPO of spent HZSM-5 samples operated in different conditions
of space-time, pyrolysis temperature and cracking temperature are illustrated in
Figure 58. The curves exhibit a quite wide distribution with two distinct peaks: a
predominant one at lower temperature (460—-500 °C) and a smaller one at higher
temperature (550—600 °C). This bimodal structure is commonly reported in the
literature for the TPO of coke deposited on HZSM-5 zeolites (Gauybo et al.,
2004c). The presence of two peaks is the evidence that combustion of
carbonaceous deposits of different nature is occurring: a low-temperature coke
(type I coke), which is less structured and more volatile, and a high-temperature
“catalytic” coke (type II coke), which is more graphitized and aromatic in
character (Fan et al., 2017). It can be observed that all combustion events are
completed at approximately 700 °C.

It was hypothesized that higher space-time should result in higher total coke
yield because of the higher surface area available (higher mass of catalyst), but
lower specific carbon content (%ocoke/geatalyst) due to a progressive dilution effect.
Nevertheless, the effect of space-time was found to be negligible within the range
investigated in this work, as the TPO profiles are almost identical. This
observation is consistent with the similar coke contents measured for these
samples, approximately 10.3+0.5 wt%. This can also be related the arbitrary
choice of the sample.

In contrast, the temperatures of both the primary pyrolysis stage and the catalytic
upgrading stage had a pronounced influence on the shape of the TPO profiles. The
pyrolysis temperature affects coke deposition by determining the initial
composition of the pyrolysis vapours coming from the spouted-bed reactor. As the
pyrolysis temperature (first stage) increases from 450 °C to 600 °C, an
enhancement in the low-temperature peak (Type I coke) is observed, together with
a less pronounced increase in the high-temperature peak (Type II coke).
Interestingly, the profiles obtained at 550 °C and 600 °C show a clear shift of the
first peak compared with those recorded at lower temperatures, suggesting a
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higher reactivity of the coke originating from pyrolysis vapours generated at
higher temperature. This trend can be attributed to the progressively increasing
contribution of the purely thermal pathway, which favours the formation of more
amorphous coke, relative to the catalytic pathway as the pyrolysis temperature
increases.

The effect of the cracking temperature is twofold. On the one hand, a distinct
increase in the low-temperature peak (Type I coke) is observed with increasing
temperature. In addition, the TPO curves become narrower — particularly on the
low-temperature side — and the amount of coke combusted below 400 °C
becomes negligible for the sample treated at a cracking temperature of 550 °C.
This behavior can be attributed to an increased tendency of coke to graphitize as
the reaction temperature rises. Zhang et al. (2014) reported experiments of
catalytic conversion of furan (which is found as intermediate product) over
HZSM-5 at different temperatures, confirming the different nature of thermal and
catalytic coke and suggesting that cracking temperature is a fundamental
parameter that controls the degree of aromaticity of coke compounds.
Nevertheless, no substantial difference was observed in the coke content of the
samples obtained at different cracking temperature (about 10 wt.%).
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Figure 58: Effect of space-time (A), pyrolysis temperature (B) and cracking temperature (C) on
coke deposition on HZSM-5.

The deposition of coke on the catalyst surface is responsible for the bocking
and/or neutralization of its active sites, reducing its activity. In order to understand
how the deterioration of the catalyst’s acidic properties can be correlated to the
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loss in activity and to the operating conditions, TPD-NH3 was performed on the
spent catalyst samples.

Figure 59-A shows the effect of space time on the TPD-NH3; for spent HZSM-
5 samples. The total acidity of the catalyst is reduced from 1.58 mmol NH3/g to
1.42, 1.23 and 1.33 mmol NH3/g at 1=10, 20 and 28 gcatalyst min/gos, respectively.
As a result of the catalytic pyrolysis, some of the acidic sites have been blocked/
covered by carbonaceous deposits, thus reducing the acidity. The shape of the
desorption profile is not appreciably modified after reaction, and peaks can still be
identified suggesting that the coke coverage does not occur preferentially on
specific acid sites.

Nevertheless, no clear trend can be highlighted between total acidity and
catalyst space-time, also due to the fact that catalyst deactivation by coke
deposition is not homogeneous throughout the catalyst bed but follows and axial
profile, therefore depends on the specific catalyst particles constituting the
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Figure 59: Effect of space-time (A), pyrolysis temperature (B) and cracking temperature (C) on
acidity deterioration of HZSM-5.

Similar considerations can be derived for spent HZSM-5 samples operating at
different pyrolysis temperatures - i.e., the temperature of the first reactor - and
different cracking temperatures (Figure 59-B and 59-C).

In all the measurements it is possible to distinguish a second peak at high
temperature. The intensity of these peaks is not influenced by the space time used
in the test, while increases with decreasing pyrolysis temperature and cracking
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temperature. From further experiment (see Figure 109 in Appendix F) carried out
without ammonia adsorption steps it is possible to assume that these peaks are not
associated with the desorption of ammonia, but likely with heavy condensed
species which desorb during the process. The negligible differences in terms of
acidity reduction of catalyst operating at different space-time, pyrolysis
temperature and cracking temperature suggests that the reduction of acidic sites
has reached a plateau value already after 45 min of reaction. In the presence of
water — which is the case of pyrolysis vapours due to intrinsic biomass moisture
and dehydration reactions — irreversible dealumination of HZSM-5 can be
observed already at 450°C (Gayubo et al., 2004a).

Regeneration of the catalyst via coke oxidation and further acidity
measurement would be able to ascertain the degree of irreversibility of the
deactivation process.

The results obtained from N> adsorption-desorption cycles for spent HZSM-5
samples are reported in Figure 60 in terms of surface area and pore volume. As
expected, all samples show a decrease in specific surface area and pore volume
compared to the fresh catalyst, mainly as a result of coke deposition. The physical
properties of deactivated samples are dependent on the specific operating
conditions during the test. For instance, samples used in tests at different space-
time (A) present a slightly-increasing trend of surface area and pore volume with
space-time. This can be explained by the fact that using higher amounts of catalyst
in the bed results in a lower deactivation per unit mass due to the lower local
concentration of coke precursors, thus slowing coke formation. In addition, since
deactivation is not homogeneous across the catalyst bed, samples retrieved from
tests at higher space-time are more likely to include less-deactivated particles.

Increasing the temperature of the pyrolysis step resulted in a decrease in
external surface area and an increase of micropore area (B). No significant effect
was observed on the pore volume of the samples. Finally, the effect of cracking
temperature (C) on the physical properties of spent HZSM-5 showed a more
marked trend. More in detail, the sample tested at 400°C experienced the highest
deactivation, and increasing the operating temperature resulted in an increase in
surface area (both external and of micropores) and of pore volume. This can be
explained by the higher deposition of condensed species on the surface of the
catalyst, which can limit N> adsorption on the sample. Micropore volume
experiences the highest reduction compared to the value of fresh catalyst in all
operating conditions, suggesting that coke is primarily deposited in these pores.
This is in agreement with that reported by Fan et al. (2017). In contrast,
Heracleous et al. (2019) observed a more marked reduction in macro- and
mesopore volume during catalytic pyrolysis of oak in a fluidized bed/fixed bed
system. The difference may be ascribed to the presence of ZrO: in their catalyst,
which can modify the coke formation pathway.
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Figure 60: Effect of space-time (A), pyrolysis temperature (B) and cracking temperature (C) on
physical properties deterioration of HZSM-5 (TOS= 0.75 h for all experimental runs).
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Chapter 5

Comparative catalyst screening for
ex-situ CFP of olive stone

This chapter presents a comparative performance evaluation of seven distinct
catalysts for the in-line catalytic cracking of pyrolysis volatiles from olive stone
fast pyrolysis. As previously detailed, the catalysts selected for the test are two
zeolites with different porosity and acidity (HZSM-5 and HY), two Fe-based
homemade catalysts (3% Fe/ y-Al>O3 and 3% Fe/dolomite) and the high-surface y-
Al>03 and calcined dolomite used as support for the iron-based catalysts. The last
catalyst was prepared recovering the metal of the ashes of sewage sludge
combustion (SCA/ y-Al,03). The rationale of this choice lies in the opportunity to
investigate and identify low-cost materials to achieve pyrolysis vapours
upgrading, limiting the use of noble and expensive metals and, preferably, taking
advantage of otherwise waste end-life materials. The catalyst systems have been
chosen to evaluate the effect of the most important properties involved in the
upgrade of pyrolysis oil. More specifically, HZSM-5 would maximize aromatics
and gas yield due to its strong acidity and shape selectivity and has been
considered as a benchmark for comparison, since it is extensively studied for the
catalytic pyrolysis of biomass and plastics. The HY zeolite has been chosen to
evaluate the contribution of shape-selectivity. Having larger pore dimensions
compared to HZSM-5, HY allows larger intermediate molecules to access the
pore structure (Qiu et al., 2022a), but it also facilitates their polymerization into
coke (Cai et al., 2020).

The potential of y-Al:Os as acidic catalyst for the catalytic fast pyrolysis of
olive stone was highlighted by Recio Ruiz et al. (2023) and Brachi et al. (2022) in
a fixed-bed reactor and in a fluidized-bed reactor, respectively. The Lewis acid
sites on the surface of y-Al.Os catalyse the dehydration and cracking of pyrolysis
vapours, facilitating the transformation of heavier oxygenated molecules into
lighter compounds, water, and non-condensable gases (Tian et al., 2022). Fe-
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based catalysts would enhance deoxygenation through redox-mediated pathways
like steam reforming of oxygenates.

Moreover, Iliopoulou et al. (2023) demonstrated that Fe/y-Al.Os catalysts
with varying metal loadings (10% and 20%) consistently resulted in lower organic
yields and increased water production, favouring the formation of permanent
gases. A higher metal loading enhanced the catalytic effect compared to the non-
catalytic reaction.

The last two catalysts tested in this experimental campaign—calcined
dolomite and a 3 wt.% Fe/dolomite catalyst—have also received attention in the
specialized literature for their ability to reduce organic acids in bio-oil (Encinar et
al., 2008; Taralas & Kontominas, 2006; Prabhakara et al., 2021a; Li et al., 2023a;
Ly et al., 2018; Xu et al., 2022; Valle et al., 2019; Arabiuourrutia et al., 2024;
Prabhakara et al., 2021b). The effectiveness of dolomite for tar conversion during
apricot stone steam gasification was confirmed by Hu et al., (2006).

5.1 Effect of catalyst on product yields and composition

The screening of catalysts has been carried out fixing the operating conditions
of the pyrolysis and cracking units. More specifically, the adopted conditions are:
Tpyrolysis= L cracking=500°C and space-time of 20 gcatalyst Mmin/gos.

The result of catalysts screening is reported in Figure 61 in terms of mass
yield of solid char, coke deposited on the surface of the catalyst, permanent gases
and pyrolysis liquid, i.e., pyrolytic water and organics. As it is possible to see in
Figure 61, HZSM-5 zeolite exhibits the highest activity in pyrolysis vapor
cracking, as indicated by the highest gas and water yields — 26.0 wt% and 23.2
wt%, respectively- among the catalysts examined, coupled with the lowest yield
of organic compounds (27.7 wt%) in agreement with literature data (Qiu et al.,
2022a; Cai et al., 2020) and previous results on this Thesis.

HY demonstrated lower catalytic activity than ZSM-5 with respect to
decarbonylation and decarboxylation (gas production), as well as dehydration
(water production). The gas yield reached 19.1 wt.%, while the water yield was
slightly lower than that obtained with HZSM-5 (21.0 wt.%). As a result, the yield
of organic compounds was comparatively higher (37.4 wt.%).

Shifting the focus to the results obtained from testing alumina and the two
alumina-based catalysts (SCA/y-Al2O3 and 3%Fe/y-Al>O3), it can be observed that
the yield of permanent gases increases in the order 3%Fe/y-ALOs> AlLO3; >
SCA/y-Al>03, with corresponding values of 17.6 wt.%, 16.0 wt.%, and 15.3 wt.%,
respectively. The three catalysts exhibit similar behavior in terms of pyrolysis
water yield, with a slightly higher value for Fe/y-Al:Os (21.2 wt.%) compared to
pure alumina (20.2 wt.%) and the SCA/y-Al,O3 catalyst (20.5 wt.%). The yield of
organics was maximum for the SCA/y-AL,O; catalyst (41.1 wt.%). The addition of
iron to an alumina support generally results in a further reduction in liquid bio-oil
yield and an increase in gas production compared to the use of pure alumina, as
reported by Iliopoulou et al. (2023).
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No significant differences were found between HY and HZSM-5 in terms of
coke yield (3.9 wt.% vs. 4.3 wt.%, respectively), despite the higher surface area of
HY (600 m*/g) compared to HZSM-5 (400 m?/g). This result contrasts with the
findings reported by Aho et al. (2008) for the in-situ catalytic pyrolysis of pine
wood in a fluidized bed reactor at 450°C. In their comparison of various zeolites
(B, HY, ZSM-5, and mordenite), they observed that the coke yield for HY was
significantly higher than that for HZSM-5 (16.7 wt.% vs. 5.2 wt.%). They
reported a similar trend for the coke content within the zeolite structure, expressed
as weight percent of coke per gram of catalyst, which was 39.9 wt.% for HY and
only 16.3 wt.% for HZSM-5. Similarly, Valle et al. (2022) reported that, at equal
space-time, the coke content was higher for HY than for HZSM-5 during bio-oil
conversion in a two-stage catalytic cracking system at 450 °C. The differences
observed can be ascribed to the different value of the temperature adopted or the
biomass/catalyst ratio used in our tests.

The coking behaviour did not significantly differ when y-Al:Os is loaded with
Fe compared to pure y-Al.Os. The coke yield was 4.5 wt.% in the first case and
5.0 wt.% in the second case. The same result was found by Iliopoulou et al.
(2023) while testing 10%Fe/y-AloO3 and 20%Fe/y-Al,O3 for the catalytic
pyrolysis of OMWWS (olive mill wastewater sludge). The lowest coke yield
among the alumina-based catalysts was obtained with SCA/y-AlLO3 (4.0 wt.%).
Direct comparison with literature is challenging, as studies using waste-derived
sludge ash as a catalyst for biomass pyrolysis are scarce.
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Notably, the coke yield for dolomite and 3% Fe/dolomite is negligible
compared to the average coke yields for zeolite-based (4.1 wt.%) and alumina-
based catalysts (4.5 wt.%). This behavior can be attributed to several factors,
including the lower specific surface area of dolomitic catalysts relative to zeolites
and alumina, as well as the absence of delocalized acid sites on the surface,
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which—as previously noted—are responsible for promoting chemical reactions
that lead to the nucleation and agglomeration of coke structures (Wan et al., 2016;
Liu et al., 2020). Encinar et al. (2008) observed that the use of dolomite as a
catalyst for the cracking of pyrolysis vapours is feasible and leads to a marked
decrease in oil yield, accompanied by a corresponding increase in permanent gas
production. During catalytic pyrolysis of olive oil waste in a two-stage pyrolysis
system, char yield was =23.6 wt.% which is in line with the results found in this
work (=19.5 wt.%). Similarly, Taralas and Kontominas (2006) reported that
calcined dolomite is effective for tar cracking during the catalytic pyrolysis of
exhausted olive husks. They found that increasing the catalyst space-time and/or
the catalytic temperature led to higher gas yields at the expense of tar formation.

The gas yields obtained with the two dolomitic catalysts were 15.2 wt.% and
16.3 wt.%, respectively. Notably, calcined dolomite has a CO: capture capacity
during the pyrolysis process (dark grey area in dolomite gas yield), as also
evidenced by the gas composition data presented in Figures 62 and 63. The
presence of Fe on the dolomite support substantially inhibited the CO, capture
capabilities of the material. The yield of water is higher compared to the non-
catalytic test (21.8 wt.% vs 13.0 wt.%), as a consequence of the intensification of
dehydration reactions (Ly et al., 2018).

The composition of the gas fraction obtained from the catalytic pyrolysis
process with different catalysts is reported in Figure 62, both in terms of nitrogen-
free volumetric composition (A) and mass yield (B). HZSM-5 is the most active
catalyst in terms of decarbonylation (CO production) and the generation of light
paraffinic and olefinic hydrocarbons. The CO yield obtained with HZSM-5 is 9.46
wt.%, more than double that of the non-catalytic case (4.35 wt.%). The production
of light alkanes and light olefins reaches 2.98 wt.% and 2.29 wt.%, respectively,
both significantly higher than in the non-catalytic case (0.99 wt.% and 0.21 wt.%).
Methane production was slightly increased compared to the non-catalytic test
(1.40 wt.% vs 1.17 wt.%), while H» yield is similar and negligible (0.03 wt.% vs
0.02 wt.%).

The HY =zeolite also shows good activity in decarboxylation and
decarbonylation under the operating conditions studied (8.79 wt% of CO:
compared to 7.26 wt% of CO). Similarly to what occurs with HZSM-5, the
increase in CO production compared to the non-catalytic case is greater than the
corresponding increase in CQO.. This represents a trade-off in terms of bio-oil
deoxygenation and a drawback in terms of carbon efficiency. In fact, the high CO
yields obtained with HZSM-5 imply that a significant amount of carbon is also
removed from the bio-oil, hindering the selective removal of oxygen (Shi et al.,
2023). Oxygen removal as CO: is the most desirable pathway for improving the
quality of the resulting oil (Imran et al., 2018). HY produced more methane than
HZSM-5 (1.64 wt.%), but the yields of light alkanes and light olefins were not
significantly higher than in the non-catalytic test.

The results obtained for the pure y-Al,Os, 3%Fe/ y-Al,O3, and SCA/y-AlLO3
show that in terms of CO: production, the three catalysts exhibited similar
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performance, with 3%Fe/ y-Al2O3 generating the highest CO- yield (10.72 wt%).
The iron-based catalysts produced a higher amount of CO-, further suggesting
greater decarboxylation activity. Iron also promotes both the steam reforming of
oxygenated compounds present in the pyrolysis vapours with water vapor
(originating both from the moisture in the initial biomass and from dehydration
reactions), producing CO and H: according to the following equation (Czernik et
al., 2002; Quan et al., 2017, Hu & Lu, 2010):

m
CoHinOk + (n = K)H,0 > nCO + (n + - k) H, [15]
and the water—gas shift (WGS) reaction, which converts CO into COa:

CO + H,0 & CO, + H, [16]

According to the occurrence of these two reactions, the amount of
hydrocarbons is quite totally depressed and an increase in H» production is
observed. Iliopoulou et al. (2023) reached the same conclusion while studying
different Fe- and Mn-based catalysts supported on alumina, silica, and magnesia
for the catalytic pyrolysis of olive mill wastes. Transition metals (e.g., Ni, Co, Fe)
and noble metals (e.g., Pt, Pd, Ru, Rh) supported on metal oxides such as Al.Os,
TiO2, and ZrO: are well known for their steam reforming and dehydrogenation
activity, which promotes H: production (Bhoi et al., 2020; Kan et al., 2020; Liu et
al., 2014a; Wang et al., 2022; Qiu et al., 2022b).
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Figure 62: N2-free composition of pyro-gas (A) and yields of single gas-phase species (B) as
function of catalyst type.

Regarding decarbonylation activity, all three -catalysts increased CO
production compared to the non-catalytic case, with pure alumina achieving the
highest yield (5.71 wt.%). Notably, the 3%Fe/y-Al,O3 catalyst showed a stronger
tendency to produce hydrogen (0.12 wt.%) than the SCA/y-Al,O3 catalyst (0.02
wt.%) and pure alumina (0.027 wt.%), in agreement with its bifunctional nature
(acidic-redox).

A notable effect of calcined dolomite, particularly in the presence of steam, is
the increase in H2 concentration in the produced gas (Prabhakara et al., 2021a; Li
et al., 2023a) and the reduction in CO; yield. This behaviour can be attributed to
the dual role of dolomite as both a catalyst for the water-gas shift (WGS) reaction
(CO + H20 <> CO: + H2) and a CO: reactive sorbent. The in-situ CO: capture by
the CaO component of dolomite shifts the WGS equilibrium toward enhanced H:
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production (Prabhakara et al., 2021a). This transient phenomenon of CO: capture
and WGS catalysis is clearly illustrated by the concentration profiles of the main
permanent gases (CO, CO., CHa, and H:) during the tests with dolomite and
3%Fe/dolomite, as shown in Figure 63-A and 63-B. Hydrogen production is non-
steady, with a peak at the initial reaction time (t = 0) followed by a gradual
decrease until it is completely suppressed after approximately 15 minutes.
Simultaneously, the measured CO: concentration is less than 0.1% at the
beginning of the reaction, due to the CO: capture capacity of the fresh dolomite,
which progressively becomes saturated over time. Once the dolomite becomes
fully saturated, the H> produced is converted into CO and H-O, resulting in a
decline in hydrogen concentration. A similar, though much faster and less
pronounced CO: capture-release cycle was observed for the Fe/dolomite catalyst,
due to the reduced CO: capture capacity caused by the presence of the iron
loading (Figure 63-B). The same CO: capture phenomenon was reported by Valle
et al. (2019) during bio-oil upgrading using calcined dolomite as a low-cost basic
catalyst. During the first 1.5 h of reaction, they recorded a very low CO:
concentration and a high, decreasing hydrogen concentration during the dolomite
carbonation period.

The use of dolomite would therefore be advantageous also in limiting CO2
emissions in the pyrolysis gas, improving its combustion characteristics and
calorific value. Clearly, for this to occur, it is necessary to use a sufficient amount
of catalyst to prevent complete saturation during the reaction, or alternatively, to
implement in-situ catalyst regeneration cycles. The use of such sorbents is central

to “sorption-enhanced” processes, e.g., sorption-enhanced gasification (Boon,
2023; Dou et al., 2019).
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Figure 63: Time evolution of permanent gases during test with dolomite (A) and 3% Fe/dolomite
catalyst (B)

Dolomite is subject to deactivation through both coke deposition and
carbonation (Valle et al., 2019). The active CaO component reacts with the CO-
produced during pyrolysis to form inactive CaCOs (carbonation). This process
saturates the basic sites of the catalyst, thereby reducing its activity for
ketonization and deoxygenation reactions (Valle et al., 2019). The catalyst can be
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regenerated by heating it to high temperatures (e.g., >800 °C) to decompose
CaCOs back into CaO, thereby releasing the captured CO: (Chen et al., 2021).

As previously reported, the different catalysts significantly alter the
composition of bio-oil, reflecting changes in reaction pathways during upgrading
of volatiles. The H/C and O/C ratio of the bio-oil produced in the different tests
(Figure 64-A) have been evaluated performing elemental analysis, together with
the water concentration determined by Karl Fischer titration. The H/C molar ratio
was not significantly affected by the choice of catalyst, while a strong effect on
the O/C ratio (ranging between 5.0 and 18.1) was observed. The O/C ratio is
linked to the KF-determined water content, confirming that the oxygen removed
from the oil is partly recovered in the form of water (dehydration of oxygenates).

pH measurements have also been carried out on bio-oil samples (Figure 64-
B). Despite being an easy measurement, it has a limited validity since many
compounds in bio-oil which contribute to acidity are not soluble in water and vice
versa. A robust measurement would be the total acid number (TAN), that is a
measure of the amount of KOH to neutralize 1 g of sample (mg KOH/goi1).

The results revealed that all bio-oil samples produced were highly acidic,
with values ranging between 2 and 3. A weak correlation was observed between
pH and the content of organic acids, expressed semi-quantitatively as area % in
GC-MS analysis; specifically, higher concentrations of organic acids
corresponded to lower pH values. Based on these measurements, it can be
concluded that HZSM-5 promotes a partial reduction in the organic acid content
of the bio-oil, increasing the pH to approximately 3. In contrast, all other catalysts
yielded oils with lower pH values.
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Figure 64: Molar composition (A) and pH (B) of the aqueous fraction of bio-oil including water as
a function of catalyst type.

As previously reported, the different nature of the catalysts, both in terms of
physical properties (such as porosity and pore structure) and functionalities (acidic
catalysts, basic catalysts, catalysts with redox effects), significantly influences
both the yield and the composition of the bio-oil. Figure 65 shows the bio-oil
composition obtained with the different catalysts, expressed as relative abundance
of each compound evaluated from GCMS data. The data confirm the capacity of
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HZSM-5 zeolite to reduce the content of light oxygenated species (e.g., organic
acids, aldehydes, ketones, furans, and anhydrosugars) while simultaneously
promoting the production of aromatic compounds (both oxygenated and non-
oxygenated) and PAHs compared to the non-catalytic reaction. HY zeolite is
effective in deoxygenating pyrolysis vapours but is less selective for aromatic
hydrocarbons compared to HZSM-5, in agreement with that reported by Zhang et
al. (2016Db). It tends to produce a higher proportion of aliphatic hydrocarbons and
a wider range of oxygenated compounds, although the overall oxygen content is
reduced (Liu et al., 2014a). HY also can effectively reduce the content of acids in
bio-oil (Liu et al., 2014a). The HY also promotes the formation of PAHs and
totally reduces the presence of sugars but strongly enhances the production of
alkylphenols.

HY zeolite, due to the bigger pore size compared to HZSM-5, favoured the
conversion of methoxyphenols into alkyl-phenols by alkylation and
deoxygenation in agreement with that reported by Valle et al. (2022). Diffusional
limitations of bulky oxygenated molecules are therefore reduced due to the bigger
pore size and to the straight pore structure compared to HZSM-5.
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Figure 65: Effect of catalyst type on bio-oil composition (Tpyrolysis=Tcracking=500°C and 1=20 gcat
min/gos).

None of the three alumina-based catalysts (SCA/y-Al>Os, pure y-Al,O3, and
3%Fe/ y-AlbO3) were able to reduce the acid content in the bio-oil compared to
the non-catalytic case, even if the presence of Lewis acidic sites should promote
the conversion of organic acids into ketones (Cheng et al., 2016; Qiu et al.,
2022b). The reduction in aldehyde and furan content was much more pronounced
than that of ketones. The 3%Fe/y-Al2O; catalyst reduced the aldehyde content to
4.90% compared to 10.10% in the non-catalytic test, while SCA/y-AlbO3 had a
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less marked effect (7.70%). The 3%Fe/y-Al,O3; catalyst shows the highest
catalytic activity for degradation of anhydrosugars. The three y-Al,Os-based
catalysts promote the formation of oxygenated aromatics and show a very limited
effect in PAH formation.

High effectiveness in removing acidic compounds—such as acetic acid—has been
observed for dolomite. In fact, the concentration of organic acids in the bio-oil
obtained using dolomite is only 0.53%. Its effect is also higher compared to that
observed for HZSM-5. This property of dolomite was also reported by Valle et al.
(2019) and Prabhakara et al. (2021a). This property is particularly advantageous,
as it significantly reduces the oil’s corrosiveness (Valle et al., 2019). One of the
suggested mechanisms involves acid neutralization by the basic sites (CaO, MgO)
present in dolomite, followed by ketonization reactions that convert carboxylic
acids into ketones (Valle et al., 2019; Arabiourrutia et al., 2024). Nevertheless, the
concentration of ketones did not increase compared to the non-catalysed
experiment. Carboxylic acids can be converted into hydrocarbons through
decarboxylation (Ding et al., 2018; Ly et al., 2018) in the presence of basic
catalysts. Among the catalysts investigated in the study, dolomite led to the higher
total phenol content (50.13%, of which 17.18% alkyl-phenols and the rest
methoxyphenols), which is interesting for potential recovery of valuable phenolics
for innovative applications; for example, alkylphenols serve as key precursors for
detergents, antioxidants, fuel and lubricant additives, and as partial substitutes in
phenolic resins, as reported by Pinheiro Pires et al. (2019).

Dolomite also facilitates the transformation of heavy phenolic compounds (e.g.,
syringols and guaiacols) into lighter, less oxygenated alkylphenols (Valle et al.,
2019; Prabhakara et al., 2021a). This occurs via demethoxylation and dealkylation
reactions, which reduce both the oxygen content and structural complexity of the
phenolic fraction, thereby enhancing the overall quality of the bio-oil.

However, this positive result was offset by the significant formation of PAHs, a
yield comparable to that of the zeolite catalysts. It is also noteworthy that, while in
the case of HZSM-5 the main polyaromatic compounds are naphthalene
derivatives (with some phenanthrene derivatives and traces of indenes and
anthracenes), in the case of HY and dolomite the main component is represented
by both oxygenated and non-oxygenated indene derivatives (66.7% of the total
PAHs for HY, and 58.4% in the case of dolomite), with naphthalenes ranking
second in relative abundance. No phenanthrene- or anthracene-derived
compounds were detected in the tests with dolomite. The addition of iron to the
dolomite support promotes the formation of furans and ketones compared to
dolomite alone but dramatically suppressed the deacidification capability of the
catalyst. The complete loss of deacidification activity observed is supported by the
results obtained from TPO analysis, in which it is observed that CO» capture
capability of Fe/dolomite is depressed due to the adding of iron, which covers
basic CaO sites responsible for CO; capture.

Comparison of XRD spectra between calcined dolomite and Fe/dolomite catalyst
has revealed the presence of non-homogeneously distributed iron oxides on the
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catalyst’s surface. These can be responsible for the (partial) covering of the basic
sites of the dolomite support already during preparation and calcination, making it
passive towards deacidification but active for gas-phase reactions. This explains
why, despite the presence of a dolomite support, the catalyst did not reduce the
organic acid content in the bio-oil.

Preliminary results from the Folin-Ciocalteu assay for phenol quantification
are reported in Appendix F. The TPC (Total Phenolic Content) of the bio-oil
samples were plotted against the Total Phenolic Area (TPA), i.e., the sum of area
of all compounds from GC-MS with at least one phenolic functional group. No
clear correlation has been observed. Future work will be aimed at the
systematization of the method to establish a quantitative measurement of phenols
in bio-oil.

5.2 Catalyst deactivation

Coke deposition

The temperature programmed oxidation (TPO) profiles of spent catalyst
samples are reported in Figure 66. All the catalysts presented mass loss-associated
peaks below 700°C, excluding the two dolomite-based catalysts. The HZSM-5
and HY catalysts are characterized by wider DTG curves compared to alumina-
based catalysts. As previously discussed, HZSM-5 presents a bimodal curve, with
peaks associated to type I and type II coke. All the other catalysts present a
monomodal DTG curve. For the two zeolites, the highest peak is located at around
500°C. A second peak for HZSM-5 is located at 600°C. These results are in line
with the different nature of the catalysts in terms of internal pore structure and
acidity. The high acidity of HZSM-5 (Bronsted sites) coupled with the
microporous structure leads to high coke formation via ring-condensation
reaction. The HY has a low acidity and bigger pores, leading to the formation of
bigger coke molecules but with less graphitic character, meaning that they can
burn at a slightly lower temperature.

The three y-Al2O3-based catalysts exhibited only one peak, located at 450°C
for pure y-AlbO3z and SCA/ y-AlbOs, and at 370°C for 3% Fe/ y-AlOs. The
absence of the high temperature shoulder peak suggests a lower degree of
graphitization of the coke. Alumina mainly possesses Lewis’s acid sites, which
are less effective than zeolites in promoting deep aromatization reactions, but they
remain active in primary cracking. As a result, a fraction of heavy pyrolysis
vapours is not completely converted and tends to deposit on the external surface
and within mesopores as type I coke. Given the absence of a microporous
structure, there is no diffusion-limited combustion within the pores, and all the
coke can burn at virtually the same temperature. The shape of the DTG profile for
the 3% Fe/ y-Al,Os3 catalyst is in agreement with that reported by He et al. (2020).

The two peaks observed for dolomite and Fe/dolomite are explained by the
different chemistry of these catalysts. The high peak at high temperature (700-
800°C) i1s associated with the thermal decomposition of CaCOs3 that is formed
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during reaction (carbon capture). The low temperature peak can be associated to
the release of bond-water at lower temperature, probably due to the presence of
Ca(OH)2 and Mg(OH),. The lower peak observed in the case of Fe/dolomite at
700°C confirms that the presence of Fe reduced the capability of dolomite to
capture CO», as previously discussed.
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Figure 66: TPO profiles and total coke content of spent catalyst samples.

Physical properties deterioration

As a result of the combined influence of thermal effects (prolonged exposure
to the reaction temperature) and catalytic effects (coke deposition on the catalyst
surface), a deterioration of the catalysts’ physical properties — and therefore
activity (Fan et al., 2017)- was observed. As discussed in the literature (e.g.,
Bartholomew, 2001; Guisnet et al., 1997), during catalytic cracking of pyrolysis
vapours, heavy organic molecules and coke precursors (such as aromatics, olefins,
and heavy phenolics) adsorb onto the catalyst surface and undergo
polymerization. The resulting carbonaceous deposits physically obstruct pore
access, particularly within the micropores, leading to a measurable loss of surface
area and pore volume. The rapidity of this decline indicates that coking is a
primary and fast-acting deactivation mechanism under the investigated conditions.

Porosimetric analysis has been carried out on fresh and used catalyst in order
to evaluate the behaviour of catalyst deactivation. Since all the tests had the same
duration (TOS=45 min), differences in terms of porosimetry are only due to the
nature of the catalyst itself, and how the catalyst interacts with the reaction
environment. The analysis has been performed in terms of comparison of specific
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surface area, pore volume, and average pore diameter (Figure 67). A significant
reduction in BET surface area was observed for the two zeolite-based catalysts,
more specifically a reduction of 58.0% and 36.8% (compared to the surface area
of fresh catalyst) is obtained for HZSM-5 and HY, respectively. For HZSM-5,
micropore volume decrease from 0.142 cm?/g to 0.019 cm?/g, while for HY from
0.189 cm’/g to 0.021 cm?®/g. Mesopore volume decreased from 0.137 cm’/g to
0.093 cm?/g for HZSM-5 and from 0.263 cm?/g to 0.225 cm?/g for HY. Analysis
of mesopore and micropore volume reduction suggests that coke deposition starts
primarily within the micropores, as their volume decreases to a much greater
extent than that of the mesopores. Subsequently, coke accumulates along the
internal pore walls, progressively narrowing the pore entrances and reducing the
average pore diameter (Figure 67-C). This evidence confirms that coking is not
limited to the external surface but involves diffusion of coke precursors deep into
the pore network, including the micropores, making it a pervasive phenomenon.
For the sake of comparison, Mullen et al. (2018) reported only a negligible
decrease in BET surface area, from 368 to 350 m?/g, for HZSM-5 pellets (2 mm)
during in-situ catalytic fast pyrolysis of eucalyptus wood in a fluidized-bed
reactor (test duration not specified). In contrast, Heracleous et al. (2019) observed
a more pronounced loss in textural properties for a 10 wt% ZrO»/ZSM-5 catalyst
(3 mm diameter, 5-6 mm length) during ex-situ catalytic fast pyrolysis of oak. In
their study, the BET surface area decreased from 303 to 255 m?*g after 20 min and
stabilized at ~250 m?/g after 40 min, while the mesopore volume declined from
0.38 to 0.32 cm?/g. The different result can be ascribed to the higher operating
temperature used in this work and to the different formulation of the catalyst, and
—to a lesser extent — to granulometry.

The y-Al;Os-based catalysts exhibited a mesoporous structure
(Vimicropore<<Vmesopore) and did not undergo significant reduction in terms of surface
area in 45 min of reaction. Nevertheless, mesopore volume decrease of 16.6%,
21.6% and 27.3% were registered for y-AlbO3, 3% Fe/y-Al,O3 and SCA/y-AlLO3,
respectively. The lowest mesopore volume reduction registered for pure y-Al,O3
suggests that impregnation of metals (or catalytic ashes) on its surface accelerates
its deterioration.

Dolomite and 3% Fe/dolomite experienced negligible change in BET surface
area and a reduction of 73.5% and 75.1% in mesopore volume, respectively.
Unlike zeolites or alumina, dolomite is not a porous material with high surface
area. Its catalytic activity derives primarily from surface chemistry (basic CaO
and MgO sites), rather than from textural properties. Accordingly, the reaction
mechanism occurs on the external surface rather than within a porous network.
Deactivation calcined dolomite and 3% Fe/dolomite is therefore not mainly
associated with pore blockage, but more with surface coking, whereby a
carbonaceous layer covers the external active sites, and carbonation (Valle et al.,
2019).
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Figure 67: BET surface area (A), mesopore volume (B) and average pore diameter (C) of fresh
and spent catalyst samples.
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Chapter 6

Pyrolysis and ex-situ catalytic
cracking of polyolefin-derived
pyrolysis volatiles on HZSM-5

This experimental campaign has been conducted at the University of the
Basque Country (Spain) using the experimental apparatus P2. The feedstock
consisted in a mixture of polyolefins (50% HDPE, 40% LDPE, 10% PP) and the
catalyst was a commercial HZSM-5.

6.1 Effect of space-time on product distribution in
experiments with fresh catalyst

The effect of space-time on the distribution of different fractions of products
when the catalyst is at 100% activity has been initially evaluated. To ensure
stable, steady-state operation, experimental data were collected after 5-10 minutes
on stream. This interval is considered representative of initial catalyst activity
(TOS = 0 h) with negligible deactivation.

For this set of experiments, the temperature of the pyrolysis stage (conical
spouted-bed reactor) has been fixed to 500°C, the temperature of the cracking step
(fixed-bed catalytic reactor) was 500°C and the N, flowrate was 10 L min''. The
volume of the catalytic bed was always 30 mL, and the amount of catalyst has
been modified to obtain the values of 7= 8 — 10 — 12 — 15 and 20 gcatalyst Min/g
plastic. Space-time 1s the inverse of WHSV (weight hourly space velocity) and
serves as a key parameter representing the contact time between the reactant
vapours and the catalyst.

The effect of space-time on the mass yields of different fractions of products
at “zero-time” is illustrated in Figure 68. The results are expressed as
Zproduct/ 100gp1astic. As a general trend, it can be observed that increasing space-time
results in the monotonic increase in the mass yield of light alkanes (Ci-C4) and

150



BTX aromatics (benzene, toluene, xylenes) and a corresponding decrease in the
gasoline and diesel fractions.

At the lowest space-time investigated (= 8 Zcatalyst MIN/g plastic), there was a
significant production of diesel range hydrocarbons and waxes, implying non-
complete conversion of the incoming polyolefins during the process. For higher
values of space-time, the diesel fraction was consumed due to cracking reactions
that convert these compounds into lighter products, including olefins and
aromatics (Lopez et al., 2017b).

The results demonstrate the high cracking activity of the HZSM-5 catalyst.
Indeed, heavier molecules were consistently converted into lighter compounds
with higher commercial interest, such as aromatic hydrocarbons (BTX) and light
olefins. The yield of the gasoline fraction was reduced from 5.8 wt% when space-
time was 8 Zeatalyst MIN/g plastic t0 2.0 Wt% at T = 20 Zcatalyst MIN/g plastic, While the
diesel fraction yield decreased sharply from 22.2 wt% to 0.47 wt%.

A non-monotonic trend in the yield of light olefins is observed. It started from
58.37 wt% at 1=8 gcatalyst MIN/E plastic, reaching a maximum value of 77.12 wt% for
=10 Zeatalyst MiN/g plastic and then decreasing to 65.74 wt% for =20 gcatalyst Min/g
plasic. This non-monotonic trend confirms that that the interaction between
pyrolysis vapours and acidic sites of the catalyst is governed by competing
pathways, and it includes cyclic reactions that can reduce light olefins’ production
in favour of other species, such as BTX, according to the “hydrocarbon pool”
mechanism. Indeed, it has been observed that although an increase in space-time
is generally favourable for the production of light olefins, an excessive increase
can trigger undesired secondary reactions, including hydrogen transfer
(converting olefins into alkanes) or oligomerization and aromatization, which lead
to the formation of heavier compounds (Dong et al., 2022).

This explanation is further supported by the consistent and concurrent
increase in the yield of BTX (from 8.59 wt% to 21.77 wt%) and light alkanes
(from 4.34 wt% to 7.52 wt%) with the increase in space-time from 8 to 20 Zeatalyst
min/g plastic. Therefore, an improvement in the contact between the catalyst and the
pyrolysis vapours favours secondary reactions leading to cyclization and
condensation of light olefins to produce monoaromatics.

It is known that the HZSM-5 catalyst is suitable for the production of light
hydrocarbons (Ci-Cs), especially olefins (Elordi et al., 2009; Elordi et al., 2011a;
Artetxe et al., 2013; Artetxe et al., 2012; Mastral et al., 2006). Thus, Artetxe et al.
(2012) obtained a maximum yield of light olefins of 62.9 wt% during the in-line
catalytic cracking of HDPE pyrolysis vapours in a two-stage pyrolysis system at
550°C. San Miguel et al. (2009) found that the presence of HZSM-5 resulted in
the production of light hydrocarbons (up to 53 wt% when the catalytic
temperature was 475°C), especially C3-Cs olefins, during the ex-situ catalytic
pyrolysis of waste PE in a batch + fixed-bed reactor system. Elordi et al. (2009)
reported a 70 wt% yield in light olefins for fresh HZSM-5 during the in-situ
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catalytic pyrolysis of HDPE in a spouted-bed reactor, then reducing to 58 wt%
after 6 h of continuous reaction.

The same process has been previously explored by Artetxe et al. (2012) and
(2013) using HDPE as plastic feed and a homemade HZSM-5 catalysts
agglomerated with alumina and bentonite. Given that the plastic mixture used in
this work is predominantly composed of polyethylene (90%), these results are
directly comparable to studies using pure HDPE. While trends in light alkanes and
aromatics are similar, light olefins presented an increasing trend with space-time,
probably because the maximum in olefins’ production was not reached in that
range. These results demonstrate that the process can be tuned to selectively
maximize either light olefins (at an optimal space-time) or monoaromatics (at
longer space-times). As discussed by Artetxe et al. (2012), the efficiency of the
process relies in the short residence time in both the pyrolysis stage and the
cracking step, which helps minimize undesirable secondary cracking reactions.
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Figure 68: Effect of space-time on the yield of different fractions of products at 500°C.

Elordi et al. (2011a) explored the continuous catalytic cracking of HDPE in a
spouted-bed reactor by feeding 1 g/min of plastic in a 30 g HZSM-5 bed,
following an “in-situ” configuration. At 500°C, mass yields of light olefins, light
alkanes, non-aromatics Cs-C;1, monoaromatics, and Ci2-Czo of 57.8 wt%, 14.8
wt%, 15.4 wt%, 10.9 wt% and 1.2 wt% were reported by Elordi et al. (2011a),
respectively. Considering the differences between the two reaction configurations
and the characteristics of the catalysts used (commercial vs. homemade), it can be
concluded that the product composition can be more easily tuned in a two-stage
process (in-line) compared to the “in-situ” one. At the same reaction temperature
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of 500°C, the in-line configuration allowed to maximize the production of
selected products by changing space-time (e.g., light olefins at 7= 10 gcatatyst min/g
plastic of BTX at maximum t). The results show that the production of light olefins
can be maximized at a space-time of 10 Zeatalyst Min/g plastic, above which secondary
reactions lead to a progressive reduction.

The activity of HZSM-5 for the catalytic cracking of polyolefins-derived
pyrolysis vapours is also highlighted by the results reported in Figure 69. By
looking at the process from a macroscopic perspective, i.e., considering the
relative proportions of the gaseous and liquid products, it can be concluded that
the yield of gases can be maximized by choosing an appropriate value for the
space-time, that is the same for the maximization of light olefins. Under
conditions of completer wax conversion (7> 10 Zcatalyst Min/g piastic), the total liquid
yield stabilized at approximately 20-25 wt%. Similar results were reported by
Artetxe et al. (2012) during the ex-situ catalytic pyrolysis of HDPE in a two-stage
system. Using an HZSM-5 zeolite with Si/Al = 30, they obtained a gas yield of
72.2 wt% and a liquid yield of 27.8 wt%. Likewise, Yu et al. (2020) reported gas
yields of 77.66 wt%, 81.3 wt%, and 85.4 wt% during the in-situ pyrolysis of
HDPE in a fixed-bed quartz tube reactor with a plastic/zeolite ratio of 2, using
HZSM-5 zeolites with Si/Al ratios of 27, 80, and 150, respectively.
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Figure 69: Effect of space-time on total gas and liquid yield at 500°C.

The effect of space-time on the distribution of C1-C4 compounds is shown in
Figure 70. While the yield of methane and C: hydrocarbons increases with
increasing space-time, C; and Cs4 compounds pass through a maximum. In
particular, the maximum yield of C3 and C4 compounds is obtained once again at
1= 10 geatalyst MIN/E plastic, since the total yield of light alkanes increased
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monotonically, whereas the total light olefin yield exhibited a maximum.
Moreover, the C; fraction is composed by ethane and ethylene, with ethylene
being the only light olefin whose yields steadily increases with t. The yields of
individual compounds in the gas phase, distinguished between C;-Cs4 alkanes (left
axis) and C»-C4 olefins (right axis), are illustrated in Figure 71. Hydrogen is the
least abundant compound in the gas phase, and its yield slightly increases from
0.24 wt% to 0.86 wt% going from 8 to 20 geatalyst MIN/g plasic. Following the
“hydrocarbon pool” mechanism, hydrogen is a co-product of aromatization
reactions, such as the dehydrogenation of cyclic intermediates.

The increase in H; yield with space-time is, in fact, related to and justified by
the analogous increase in monoaromatics (BTX), as shown in Figure 68.
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Figure 70: Effect of space-time on product yields of light hydrocarbons at 500°C.

Single light alkanes (methane, ethane, propane and butane) exhibit a
consistent increase in yield with increasing space-time. In more detail, when
space-time increases from 8 to 20 gcatalyst MIN/g plasiic, methane yield goes from
0.44 wt% to 1.56 wt%, ethane yield goes from 0.53 wt% to 1.26 wt%, propane
yield goes from 2.73 wt% to 4.96 wt% and butane from 1.09 wt% to 1.29 wt%.
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Figure 71: Detailed effect of space-time on yield of single gas-phase compounds at 500°C.

On the other hand, single light olefins — except for ethylene — show a non-
monotonic trend passing through a maximum, in agreement with the trend
previously discussed for light olefins. Specifically, the maximum mass yields of
propylene and butenes are of 38.25 wt% and 16.56 wt% respectively, and they are
obtained when t=10 gcatalyst Min/g plastic. Differently, ethylene concentration
steadily increased from 14.48 wt% at 7=8 Zeatalyst Min/g plasiic to 26.80 wt% at =20
Ceatalyst MIN/E plasic. This could be due to ethylene being a final product of severe
cracking (B-scission of larger carbenium ions) that is less reactive in
oligomerization compared to propylene and butenes (Corma & Iborra, 2006).
These trends are consistent with Elordi et al. (2011a), who reported selectivities of
29% propylene, 21% butenes, and 10% ethylene during in-situ catalytic pyrolysis
of HDPE.

Figure 72 illustrates the effect of space-time on the distribution of products
belonging to the gasoline fraction, i.e., Cs-Ci1 hydrocarbons including
monoaromatics, ordered according to the number of carbon atoms. When space-
time increases, the yields of Cs, C7 and Cs increase whereas those of Cs and Co-
Ci1 decrease. In particular, Cs fraction —mostly olefins - goes from the maximum
of 3.91 wt% to 1.6 wt% when space-time is 20 Zcatalyst MIN/g plastic. Co-C11 represent
a very small fraction of the gasoline product (0.82 wt% at 1=8 Zeatalyst MIN/g plastic,
and only 0.33 wt% at =20 gcatalyst MIN/g plastic) obtained using this commercial
zeolite. Compounds with 6, 7 and 8 carbon atoms, among which BTX make up
the majority in terms of yield, have monotonic increasing trends with space-time,
exactly as for BTX.
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The trends observed in Figure 72 could be associated to the improvement of
cracking of high-molecular weight alkanes and olefins to produce light
hydrocarbons (saturated and unsaturated) and the simultaneous increase in
aromatic production.

Given the importance of BTX in the chemical market as fundamental building
blocks, their production via thermochemical processing of (waste) plastic is of
outstanding importance. The yield of single BTX is reported in Figure 73. As
commented in the previous section, BTX yield is favoured by an increase in the
space-time in the range investigated in this Thesis. This increasing trend is
observed for each of the individual monoaromatic compounds: benzene, toluene,
and the xylene isomers. Toluene is the most abundant compound of the BTX
fraction, followed by benzene and, lastly, by xylenes. The selectivity® to benzene
slightly increases with space-time, from 25.1% when 1= 8 Zeatalyst Min/g plastic, to
35.0% when 1= 20 gcatalyst MIN/g plastic. In contrast, the selectivity towards toluene
within the BTX fraction remained relatively constant at approximately 46-47%
across the range of space-times investigated. Overall, higher space-times favour
aromatization within the gasoline fraction, shifting selectivity towards BTX
monoaromatics while reducing Cs olefins and heavier Co—C11 species.

® selectivity is defined as the ratio between the mass of desired product (e.g., benzene) over
the total product mass (total BTX).
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Figure 73: Effect of space-time on the yield of monoaromatics (BTX) at 500°C.

6.2 Catalyst stability during in-line catalytic cracking of
polyolefins

This Section includes results related to the deactivation of commercial
HZSM-5 during in-line catalytic cracking of pyrolysis vapours from polyolefins.
It is generally accepted that catalyst deactivation in cracking processes can occur
mainly due to thermal sintering or coke deposition. In our experimental campaign
the temperature effects on deactivation are negligible due to the efficient control
of cracking temperature during the reaction. Therefore, the main cause of activity
decline over time is the deposition of carbonaceous matter onto the catalyst’s
surface and inside the pores (coking), favoured by the polymerization of aromatics
and olefins.

The investigation has been realized by setting the pyrolysis reactor at 500°C,
and changing the operating conditions of the cracking reactor, i.e., cracking
temperature and space-time. Three different experiments were conducted in the
following conditions:

1. Deactivation at Teracking=500°C and 1= 15 Zeatalyst MIN/g plastic
2. Deactivation at Teracking=500°C and 1= 10 Zeatalyst MIN/g plastic
3. Deactivation at Teracking=450°C and 1= 10 Zcatalyst MIN/g plastic

This experimental design allows for the individual effects of cracking
temperature and space-time on catalyst deactivation to be systematically
evaluated. First, the effect of time on stream (TOS) on the yields of different
products has been investigated for the three experimental conditions listed above.
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Then, the effect of space-time and cracking temperature on the severity of
catalyst’s deactivation has been discussed. Finally, samples of spent catalyst have
been fully characterized to understand how deactivation influences the
deterioration of physical properties (especially porosity) and coke deposition.

Since a fixed-bed reactor was used for catalytic cracking, both the
deterioration of surface properties and deposition of coke were not homogeneous
along the catalyst bed but followed an axial profile. In this way it was possible to
distinguish between coke deposition caused by waxes and by coke precursors like
olefins and aromatics. This aspect has been previously highlighted by Artetxe et
al. (2012; 2013), who divided the catalyst bed into three different layers to shed
light on the severity of deactivation along the fixed bed. According to the
methodology adopted by Artetxe and coworkers, the bed has been divided into
two distinct layers by interposing a steel wire mesh. Therefore, it was possible to
individually characterize the two layers. The total duration of the reactions is 4 h,
corresponding to 240 g of plastic mixture fed to the reactor. Samples of spent
catalyst were taken and characterized after 1 h, 2 h and 4 h.

Figures 74-77 illustrate the evolution with reaction time (time on stream) of
the main products coming from catalytic cracking of pyrolysis volatiles at 500°C
and using a space-time of 15 Zcatalyst Min/g plastic. As previously, the products were
divided into light olefins (C2-Cs), light alkanes (C;-Cs), monoaromatics (BTX),
gasoline range liquid (Cs-Cii, excluding BTX) and heavier liquid product,
including waxes (Ci2+). The amount of coke produced during the process was
always negligible in comparison with the amount of plastics fed to the reactor in
each experiment (around 200 mg for 240 g of plastic mixture).

Under these conditions (500°C, t = 15 gcatalyst Min/gplasiic), the catalyst
exhibited high stability over 4 h of operation, as evidenced by the relatively
constant yields of light olefins, light alkanes, and the bulk liquid fractions (Figure
74). Nevertheless, a small decrease in BTX can be observed over time. The same
trend was also found by Elordi et al. (2009) highlighting the good resistance to
deactivation exhibited by ZSM-5, attributed to its unique pore structure, which
sterically hinders the progression of coke precursors into polyaromatic
compounds (Lopez et al., 2017b). A slight deactivation of the catalyst is observed
in the early stages of the reaction, and it could be attributed to the coverage of
strong acid sites by coke deposits, as reported by Elordi et al. (2009).

The results are also in agreement with Elordi et al. (2011b) who observed that
deactivation of HZSM-5 was not significant up to a TOS of 15 h even during the
in-situ catalytic pyrolysis of HDPE in a spouted-bed reactor. These findings
confirm that the present results are in line with prior studies demonstrating the
high stability of HZSM-5 under catalytic pyrolysis conditions.

Additional experiments at lower space-time and lower cracking temperature
(Appendix A) exhibited comparable trends, except for the experiments at 450°C,
in which clear incipient deactivation of the catalyst can be observed.
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Figure 74: Time evolution of product class yields at 500°C, 1= 15 gcatalyst min/g plastic.
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Figure 75: Time evolution of gas-phase yields at 500°C, t= 15 gcatalyst min/g plastic.
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Figure 77: Time evolution of product distribution (process conditions: 500°C, T= 15 gcatalyst min/g
plastic).

A comparison of the light olefin yields found under the three experimental
conditions investigated is shown in Figure 78. Light olefins yield slightly changed
with space-time, in particular increased (from =70 to =75 wt%) when space-time
went from 15 to 10 geatalyst MIN/g plasic, in complete agreement with the results
shown for yields at “zero time”, where 1= 10 Zcatalyst MiN/g plasiic represented the
optimum for C»-Cy4 olefin production. In both cases, catalyst deactivation was
negligible, and the yield of light olefins was quite constant up to TOS=4 h.
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On the other hand, when cracking temperature was set to 450°C, light olefin
yields substantially decreased (59.7 wt% at zero time) compared to 500°C.
Moreover, catalyst deactivation was considerably more severe in this case, given
the lower temperature (450°C) combined with a lower space-time (10 geatalyst
min/g plastic). Results clearly indicate that cracking temperature is a stronger tuning
parameter for the optimization of the process and to reduce catalyst deactivation.
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Figure 78: Effect of TOS on the yield of light olefins in different operating conditions.

Similarly, the time evolution of light alkanes is shown in Figure 79. In all the
experimental conditions investigated in this work, light alkanes yield decreases
with TOS at the same rate. The trends reported are in agreement with results
shown for the study at “zero time”, given that light alkanes are more abundant
when space-time is higher at a fixed cracking temperature. When 1= 15 gcatalyst
min/g plasic at 500°C, light alkanes yield went from 8.9 wt% at zero time to 7.4
wt% after 4 h of reaction; on the other hand, when 1= 10 geatalyst MiN/g plastic, it
went from 7.26 wt% to 5.17 wt% after 4 h. Results also suggest that light alkanes
production is slightly higher at 450°C compared to 500°C. This is in line with the
conclusion from Artetxe et al (2012; 2013), who investigated the effect of
cracking temperature on the yield of products from HDPE catalytic pyrolysis.
Using a homemade HZSM-5 catalyst (Si/Al,03=30, similar to this study) and
working with 1= 8 geatalyst MIN/E plastic, they found a maximum yield of light
alkanes of 12.6 wt% at 450°C at “zero time” condition. By comparison, using a
commercial HZSM-5 catalyst with 1= 10 geatalyst Min/g plasiic, the yield of light
alkanes was 10.99 wt% at 450°C and 7.26 wt% at 500°C.
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Figure 79: Effect of TOS on the yield of light alkanes in different operating conditions.

The yield of BTX as a function of time on stream in illustrated in Figure 80. A
monotonic decrease in yield can be observed in all the experimental conditions
investigated, suggesting that , with increasing TOS, aromatic compounds trapped
into the pores of the catalyst may react via condensation and polymerization
reactions leading to deposition of carbonaceous residues, in agreement with the
fact that light olefins and aromatics represent the most important coke precursors
in the catalytic pyrolysis on zeolites, as reported by Ibafiez et al. (2014).

At 500°C, the BTX yield went from 15.88 wt% at zero time to 12.13 wt%
after 4 h of steady state reaction with 1= 15 geatatyst min/g plasiic. A further reduction
of the space-time to 1= 10 Zeatalyst MIN/g plastic led to a reduction in BTX yield, from
11.58 wt% to 8.32 wt% at TOS=4 h.

The effect of cracking temperature at fixed space-time showed
counterintuitive results. Using a space-time of 1= 10 geatalyst MIN/g plastic, a
reduction of cracking temperature from 500°C to 450°C resulted in an increase of
BTX yield. Specifically, at 450°C, the yield of BTX started from 12.85 wt% and
decreased to 9.63 wt% after 4 h. Instead, Artetxe et al. (2012; 2013) reported that
using a homemade HZSM-5 (Si/Al=30) with 1= 8 gcatalyst MIN/g plastic, the yield of
aromatics always increases with cracking temperature between 350°C and 550°C.

The higher yield of BTX observed at 450°C compared to 500°C can be
justified taking into account the nature itself of the pyrolysis feedstock. The
current study utilized a mixed polyolefin stream comprising 50% HDPE, 40%
LDPE, and 10% PP by weight. It is well established that LDPE and PP generate
pyrolysis vapours richer in branched hydrocarbons and light olefins, both of
which exhibit increased reactivity under catalytic conditions (Wakayama &
Matsuhashi, 2005). These species are more susceptible to secondary
transformations—such as overcracking and coke formation—particularly at
elevated temperatures. As a consequence, the vapor mixture entering the catalytic
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bed at 500 °C likely undergoes competitive reactions, probably enhanced by high
temperatures, that favoured the formation of gaseous products and coke
precursors at the expense of BTX intermediates, thereby reducing the overall
selectivity toward target monocyclic aromatics. A second relevant factor pertains
to the employed space-time. In the present work, a value of 10 geatalyst MiN/g plastic
was used, in contrast to the 8 geatalyst Min/g plasiic adopted by Artetxe et al. (2012;
2013). While increased space-time generally enhances the extent of vapor—
catalyst contact and, hence, conversion, at higher temperatures it may also
intensify undesired overcracking phenomena.

This interpretation is consistent with the experimentally observed increase in
light olefins and corresponding decrease in light paraffins at 500 °C.
Paradoxically, despite exhibiting a higher extent of catalyst deactivation via
coking, the experiments conducted at 450 °C resulted in slightly superior BTX
yields. This observation suggests that milder thermal conditions may promote
more selective aromatization routes from light olefins and alkanes, while
concurrently minimizing secondary transformations that compromise aromatic
product stability. The different result could also be ascribed to a methodological
difference used to quantify aromatics in the two works. Specifically, Artetxe
(2013) quantified total aromatics—including both monocyclic (BTX) and
polycyclic aromatic hydrocarbons (PAHs)—whereas the present analysis focuses
exclusively on BTX. It is therefore plausible that, at 500 °C, total aromatic yield
increases via further cyclization and condensation reactions, resulting in higher
PAH formation. Under such conditions, BTX intermediates may undergo ring
fusion or oligomerization to yield heavier aromatic species, thereby accounting
for the reduced BTX selectivity observed in this study despite higher overall
catalytic activity.

At 500°C the cracking of pyrolysis vapours can furthermore fragment
intermediate olefins — from which aromatics are obtained via cyclization-
dehydrogenation reactions — into light gases (Ci-Cs4). For instance, Park et al.
(1999) found that raising the temperature from 450°C to 500°C led to a reduction
in aromatics (in relative wt% of the liquid phase) from 23.4 to 19.5.
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Figure 80: Effect of TOS on the yield of BTX in different operating conditions.

The yield of single monoaromatic compounds (namely, benzene, toluene and
xylenes) is reported in Figure 81 as a function of TOS. At fixed cracking
temperature of 500°C, the increase in space-time determines an increase in
benzene, toluene and xylene yields. On the other hand, at a fixed space-time of 1=
10 geatalyst MIN/g plastic, an increase in cracking temperature from 450°C to 500°C
results in a small increase in benzene yield and a corresponding decrease in
xylenes yield. The decrease in xylenes was more significant than the decrease in
benzene. Therefore, given that toluene yield was practically not affected by the
change in temperature, this resulted in an overall increase of BTX at lower
temperature.
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Figure 81: Effect of TOS on the yield of single BTX in different operating conditions.
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In conclusion, a comparison of product distribution obtained from 4 h
continuous steady-state reaction in different operating conditions is reported in
Figure 82. The Ci-Cs4 fraction accounts for the 81.66% of the exit stream at 500°C
when 1= 15 gcatalyst MIN/g plasic, and 81.08% when 1= 10 Zeatalyst MiN/g plastic. This
suggests that catalyst deactivation is minimal in these operating conditions, and
catalytic cracking of heavier molecules into light compounds (especially light
olefins and alkanes) is significant even after 4 h of reaction. In the above-
mentioned space-time conditions at 500°C, only minor changes in the distribution
of the liquid fraction (Cs+) can be observed.

When 1= 10 geatlyst Min/g plastic and the cracking temperature is reduced to
450°C, the catalyst suffers more deactivation due to unfavourable cracking
conditions. Lower temperatures reduce the activity of zeolite pores resulting in a
lower cracking of heavy compounds. After 4 h of reaction, the C;-Cs4 fraction only
represented 51.88% of the exit stream. The liquid fraction, on the other hand,
represented the 48.03 % in weight. Overall, catalyst stability was preserved at
500°C regardless of space-time, whereas at 450°C deactivation was significant,
shifting the product distribution from gases (=82 wt%) to liquids (=48 wt%).
These results demonstrate that cracking temperature is the dominant parameter
controlling both deactivation and selectivity.
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Figure 82: Comparison of product distribution after 4 h of reaction in different operating
conditions.
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6.3 Catalyst deactivation

The characterization of spent HZSM-5 catalyst samples collected at various
times-on-stream (TOS) was performed with the aim of investigating the
progressive deterioration of their morphological and catalytic properties to
establish correlations between catalyst deactivation mechanism and operating
parameters. The analysis considers the influence of reaction duration, axial
location within the reactor (i.e., first or second catalytic bed), and operating
conditions, including reaction temperature and space-time.

To evaluate the physical properties of the spent catalyst samples, nitrogen
adsorption—desorption measurements were performed. Figures 83 and 84 illustrate
the influence of time-on-stream (TOS) on key textural properties of the catalyst—
namely, the BET surface area, micropore volume, and mesopore volume—under
different reaction conditions. All measured properties exhibited a progressive
decline with increasing TOS, characterized by a pronounced initial drop within
the first 2 hours of reaction, followed by stabilization at approximately 4 hours.
This trend is explained by the slight but progressive deactivation of the catalyst
due to coke deposition.

When the cracking temperature is set to 500°C and the space-time is 1= 15
Seatalyst MIN/E plastic, the BET specific surface area of the catalyst in the first section
of the catalytic bed is reduced from 401.9 m?/g to 372.6 m?%/g after 4 h of reaction,
which is a reduction of 7.3%. The second catalytic bed also appears to suffer the
same deterioration (9.8%). Similarly, a reduction in micropore volume of 6.3%
and of mesopore volume of 7.3% can be observed for the first catalytic bed after 4
h of reaction. The second catalytic bed had 11.3% and 7.3%, respectively. No
significant difference was observed between the first and second catalytic bed in
terms of morphological deterioration in these operating conditions. Elordi et al.
(2011b) also observed a clear deterioration of catalyst properties after 15 h of
HDPE catalytic pyrolysis in a spouted-bed reactor. More in detail, the surface area
was reduced by 19% while the micropore area was reduced by 15%. Similarly,
Castafio et al. (2012) reported a similar decrease in BET surface area and
micropore area for HDPE and PP after 1600 min of operation

When the space-time is reduced to 1= 10 Zcatalyst MIN/ plastic, @ significant
difference between the two catalytic beds can be observed. The BET surface area
of the first catalytic bed decreases by 13.9% at TOS= 4 h, while the second
catalytic bed decreases by 7.9%. It should be also noted that the first catalytic bed
experiences a worse deterioration when 1= 10 gcatalyst Min/g plastic compared to the
case of 1= 15 Zeatalyst MIN/g plastic, 1N agreement with the higher coke deposition
registered (see Section 6.4). Micropore volume of the first and second catalytic
bed was reduced from 0.142 cm®/g to 0.124 and 0.132 cm®/g, respectively.
Mesopore volume was reduced from 0.137 cm®/g to 0.115 and 0.125 cm?/g.
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Figure 83: Reduction of BET specific surface area of HZSM-5 in different operating conditions
(filled squares refer to 1% catalytic bed).

Finally, when cracking temperature was lowered to 450°C at fixed space-time
of 1= 10 gcatalyst MIN/g plasiic, the most severe deterioration was found. BET surfaces
area diminished by 18.1% for the first catalytic bed and by 12.1% for the second.
Similarly, micropore volume decreased to 0.116 cm?/g and to 0.123 cm?/g for the
first and second catalytic bed, respectively. The mesopore volume decrease to
0.126 and to 0.122 cm?/g after 4 h or reaction.
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Figure 84: Reduction of micropore and mesopore volume of HZSM-5 in different operating
conditions (filled squares refer to 1% catalytic bed).

As expected, the first catalyst bed consistently experiences more pronounced
deactivation than the second, given the fact that it directly meets pyrolysis waxes
coming from the spouted-bed reactor. Overall, deterioration severity followed the
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order 1=15/500°C < t=10/500°C < 1=10/450°C, consistent with coke-driven
blockage of micropores and preferential loss of strong acid sites. This aspect is
also confirmed by the analysis of Nz-adsorption-desorption reported in Appendix
A, where the curves for both the first and second catalytic bed follow the same
trend. These results are in agreement with those reported by Artetxe (2013)
related to the deterioration of physical properties of a HZSM-5 zeolite catalyst
agglomerated with alumina and bentonite.

Effect of reaction time on the TPD profiles of the spent catalyst samples
compared to the fresh are illustrated in Figure 85. Specifically, the ammonia
desorption rate profile of spent catalysts is significantly lower compared to the
fresh one, suggesting that interaction with pyrolysis volatiles and coke deposits
reduces the activity of acidic sites. Fresh catalyst has a total acidity of 1.577 mmol
NH3/gcatalyst, While spent catalyst sample only registered values of 0.706, 0.744
and 0.492 mmol NH3/gcatatyst after 1, 2 and 4 h (Figure 86-A).
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Figure 85: Effect of TOS on acidity of the first catalytic bed. Conditions were: Tpyrolysis=500°C,
Teracking=450°C, 7=10 Zcatalyst Min/gplastic.

The reduction in acidity involves all acidic sites (weak, middle and strong),
but as a consequence of reaction time, weak and mean acidic sites increase their
share. For instance, while the fresh catalyst had 29.4%, 49.7% and 20.9% of
weak, mean and strong acid sites, respectively, after a TOS=4h, the relative shares
became 39.9%, 46.5% and 13.6% (Figure 86-B).

The reduction of the acidity of HZSM-5 was also reported by Castaiio et al.
(2012). The authors demonstrated that strong acid sites were the first to disappear
— being prone to deactivation by coke deposition (Marcilla et al., 2007), leaving
behind medium and weak acid sites, with the overall acidity progressively
decreasing with time on stream.
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Figure 86: Effect of TOS on total acidity (A) and acidic sites distribution (B) for the first catalytic
bed. Conditions were: Tpyrolysis=500°C, Tcracking=450°C, T=10 Zcatalyst Min/gplastic.
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6.4 Coke deposition and characterization

During pyrolysis, zeolitic catalysts tend to undergo deactivation—at varying
rates—due to the deposition of carbonaceous material on both the external and
internal surfaces of the catalyst. Coke formation is the result of a series of
chemical reactions (including oligomerization, condensation, cyclization, and
hydrogen transfer) that lead to the production of higher molecular weight or
hydrogen-deficient species (Guisnet & Magnoux, 2001). The rate of coke
deposition and its chemical nature are intrinsically linked to the type of plastic
feedstock, operating conditions, reactor type and the physicochemical properties
of the catalyst itself (Thangaraj & Lee, 2025). Coke deposition on spent catalyst
samples has been investigated by Temperature Programmed Oxidation (TPO)
using a T.A. Instruments TGA Q5000 according to the procedure previously
reported.

Figure 87 illustrates the evolution of coke yield on the catalyst surface as a
function of time on stream (TOS) in the three different sets of operating
conditions investigated in this Thesis.
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Figure 87: Coke deposition on the first (black markers) and second (red markers) catalytic beds
as a function of TOS under three different process conditions.

Independently of the space-time (10 or 15 geatalyst min/gplastic) and of cracking
temperature (450°C or 500°C), the first catalytic bed experiences a more
pronounced deposition of coke compared to the second one. A similar behaviour
has been reported by Artetxe et al. (2012; 2013) They propose that in the first
section, the catalytic bed is in direct contact with primary pyrolysis waxes, which
act as coke precursors (Ibanez et al., 2014). The second catalytic bed is somehow
shielded by the first one with respect to waxes but has also been in contact with
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other coke precursor species (e.g., light olefins and aromatics) can be responsible
for coke deposition (Thangaraj & Lee, 2025; Aguayo et al., 2011).

The amount of coke deposited after 4h of continuous reaction is quite small
compared to the mass of the catalyst totally loaded in the reactor. In absolute
terms, the process yields around 200 mg of coke for 240 g of plastic fed to the
reactor, giving an overall coke yield of the process (mass of coke/mass of plastic
fed) <0.1 % wt. The maximum amount was 2.82% wt. for the first catalytic bed
and was obtained at 450°C and 10 geatalyst Min/gplastic. It 1s generally accepted that
the typical three-dimensional structure of ZSM-5 contributes to its chemical
stability, facilitating the migration of coke precursors toward the exterior of the
zeolite, from where they are then removed by the high nitrogen flow used during
the pyrolysis process (Castafio et al., 2011). Moreover, its shape selectivity and
acidity favour monomolecular cracking reactions over bimolecular ones, which
are mainly responsible for oligomerization, cyclization, and condensation of
olefins leading to coke formation (Guisnet & Magnoux, 2001).

Moreover, while at 500°C the coke yield approaches a steady value on time
on stream, at 450°C it still increases at TOS= 4h.

Figure 88 shows the results from the temperature programmed oxidation of
spent catalyst samples — and of the carbonaceous deposits on the surface — for
different operating conditions in terms of space-time (t=10 and 15 min) and
cracking temperature (Tcracking= 450°C and 500°C). The differential
thermogravimetric data (DTG) were plotted as a function of temperature and
parametric in the TOS. Especially for catalyst samples which experienced longer
reaction time (TOS= 4 h), the DTG curve presents -at least - two different peaks,
associated with maximum coke combustion rate. The first peak is located in the
450-490°C range, while the second peak is located in the 560-600°C range, with
small differences among the operating conditions investigated in this work. The
bimodal DTG profile for HZSM-5 is consistent with the findings of Elordi et al.
(2011b), who observed a similar profile when comparing the deactivation
behavior of three zeolites (HZSM-5, HY and Hp) with different framework
structures.

The DTG curves have been deconvoluted by means of a multi-peak Gaussian
fitting procedure (4 parameter fitting, Levenberg Marquardt iteration method) in
order to obtain the single contribution of the distinct peaks associated with to the
different types of coke known in the literature (type I and type II coke). This
procedure is commonly done in the pertinent literature (Ibafiez et al., 2014; Elordi
et al., 2012a; Castafo et al., 2012). The literature on the characterization of coke
deposits on acidic catalysts is vast, and there is general agreement on the
distinction between two different types of coke, different in chemical nature (more
or less poly-aromatic), composition (H/C content) and position within the
catalyst’s structure. In particular, coke deposited within accessible pores (meso-
and macropores) can be easily reached by oxygen and burn at lower temperature,
while coke in micropores reacts more slowly due to O, diffusional limitations.
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Figure 88: TPO results for coke characterization in different operating conditions: 15 min/500°C
(A), 10 min/500°C (B) and 10 min/450°C (C). Left pictures are related to the first catalytic bed, while
right pictures to the second catalytic bed.

Type I coke is characterized by higher H/C and is burned — as previously
anticipated - at generally lower temperatures, while type II coke is a highly-
condensed polyaromatic carbon residue with higher combustion temperature
(Bauer & Karge, 2007). Another important difference between the two types of
coke is related to the chemical nature. Type I coke compounds are produced by
the oligomerization, condensation and alkylation of pyrolysis vapours and are
therefore the result of direct retention of waxes and other heavy compounds in the
mesoporous zeolite structure (Artetxe, 2013).

At higher temperatures reactions such as cyclization, cracking and hydrogen
transfer become important for type Il coke compounds in the micropores of the
zeolite and lead towards heavy polyaromatic compounds (Guisnet & Magnoux,
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2001). It is worth noticing that type I coke is reversible, meaning that it can be
fully removed by mild oxidative regeneration without permanent damage to the
zeolite framework (Daligaux et al., 2021); type II coke is irreversible due to its
high stability. Even after regeneration, which requires higher temperature
compared to coke I, it leaves behind irreversible loss of micropore volume and
surface area due to pore collapse, dealumination or permanent obstruction
(Thangaraj & Lee, 2025; Daligaux et al., 2021). Coke content always increases
with increasing TOS for both the catalyst beds; with type I coke growing faster
than type II coke (“catalytic” coke).

Figure 89 shows, for the three experimental conditions analyzed in this
Thesis, the evolution over reaction time of the two main types of carbonaceous
deposits found on the catalyst surface, represented by the two distinct peaks in the
graphs of Figure 88, i.e., thermal coke (coke I) and catalytic coke (coke II). The
yields of coke I and coke II were obtained from the deconvolution of the peaks in
the DTG curves of Figure 88. It can be observed that, in each of the operating
conditions investigated, the content of thermal coke (coke I) increases over time

more rapidly than catalytic coke (coke II).
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Figure 89: Time evolution of type I coke and type II coke on HZSM-5 as function of the operating
conditions. Filled markers refer to the first catalytic bed, while hollow markers to the second.

In conclusion, this investigation into the deactivation of HZSM-5 during the
ex-situ catalytic cracking of polyolefin vapours unequivocally identifies cracking
temperature as the most important parameter governing catalyst stability and
performance. While the catalyst demonstrated high resilience at 500°C, a
reduction in temperature to 450°C induced rapid and severe deactivation.
Characterization of the spent catalyst revealed that this deactivation is primarily
driven by the physical blockage of the catalyst’s pore structure by Type I coke,
which originates from the condensation of heavy, uncracked pyrolysis vapours.
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Operating at 500°C is therefore crucial, not only for maximizing the yield of
valuable light olefins but, more importantly, for ensuring these coke precursors
are effectively cracked, thereby preserving catalyst activity and extending its
operational lifetime. These findings underscore that for ex-situ polyolefin
upgrading, maintaining a sufficiently high catalytic temperature is the most
critical strategy for mitigating deactivation and achieving a stable, continuous

process.
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Conclusions and future
perspectives

Climate change, extreme weather events and energy insecurity constitute an
emergency state that requires a general effort to promote the complete revision of
the paradigm of our energy production, development, storage, and distribution
from a centralized, fossil fuel-based model to a decentralized and diversified one.
In this context, the research and development of alternative and clean sources of
fuels and chemicals is of primary importance. The use of bioenergy represents one
of the possible strategies to reply to this reclaim. On the other hand, the
advancement of alternative energy sources cannot be separated from the
management of waste streams and by end-user products such as plastics, and it
becomes essential to integrate the necessity to produce alternative and clean fuel
sources with waste management.

This PhD work moves in the context of the thermo-catalytic valorization of
waste streams as alternative carbon sources. More specifically, the conversion of
waste plastics and lignocellulosic biomass (i.e., carbon from biogenic and non-
biogenic source) for the production of carbon-efficient fuels or valuable chemicals
has been investigated in order to try to overcome the challenges still open in this
frame, such as the limited understanding of the complex mechanism of catalytic
upgrading of pyrolysis vapours on catalysts of different nature, the necessity to
develop new, efficient and stable catalysts for the process and to prevent coke
deposition and deactivation.

With this goal in mind, two-stage catalytic fast pyrolysis has been studied
using an ad hoc developed spouted-bed reactor for the pyrolysis step coupled with
an in-line catalytic fixed-bed reactor for volatiles upgrading. The process has been
investigated for the valorization of a biogenic carbon source (olive stone biomass)
and a mixture of polyolefin plastics (HDPE, LDPE and PP). The pyrolysis system
can operate at steady state, giving insights on the valorization of plastic and
lignocellulosic biomass.

A first experimental campaign was meant to explore the performance of a
commercial HZSM-5 catalyst (Si/Al=40) for the catalytic cracking of polyolefin-
derived volatiles into valuable light olefins and aromatics (especially industrially
relevant BTX) with the aim to optimize the operating conditions to maximize the
production of light olefins and BTX. The effect of catalyst contact time - or
WHSV - at fixed pyrolysis and cracking temperature (500°C for both reactors) at
zero-time conditions, i.e., fresh catalyst with negligible deactivation, has been
evaluated, highlighting that the catalyst is able to completely convert the waxes
derived from polyolefin pyrolysis and that the selective maximization of either
light olefins or BTX can be achieved depending on the applied contact time.
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Catalyst stability and deactivation under different operating conditions
(contact time of 10 and 15 gcatalyst min/gplastic with a cracking temperature of 500°C
and contact time of 10 Zcatalyst Min/gplasiic at 450°C) up to a time on stream (TOS)
of 4 h has been assessed, showing that the temperature of the catalytic stage is the
most important parameter to control catalyst deactivation. The deterioration of
catalyst properties due to deactivation as a function of axial position within the
bed has been also elucidated. Temperature-programmed oxidation (TPO), acidity
measurements via TPD-NHs, and porosimetric analysis of the spent catalyst (BET
surface area and pore volume via N: physisorption) have been carried out to
provide further insights into the deactivation mechanisms of the zeolite. Results
suggest that the catalyst exhibited good stability and negligible deactivation at 500
°C while more pronounced signs of deactivation and coke deposition were
observed at 450 °C.

The same HZSM-5 catalyst was thereafter used for olive stone valorization in
a similar two-stage pyrolysis system. Olive stone, which represents an important
and valuable residue from the olive oil industry (particularly widespread in the
Mediterranean basin), thanks to its chemical composition, low ash content, and
ease of handling, is an excellent candidate for thermo-catalytic conversion
through pyrolysis, turning it into a resource no longer destined for disposal.

The effect of the main operating conditions, i.e., temperature of the pyrolysis
stage, temperature of the cracking reactor and contact time, on the product yield
distribution, on the quality of the resulting bio-liquid and on the deactivation of
the catalyst at constant TOS were thoroughly investigated. All the parameters had
remarkable influence on the productivity and composition of bio-oil, with contact
time being the controlling one. Increasing contact time and cracking temperature
resulted in lower bio-oil yield, higher water content and higher gas production.
Moreover, the catalyst showed discrete activity towards decarbonylation and
dehydration more than decarboxylation, leading to high CO concentration in the
gas phase and improved oil composition (less light reactive oxygenated, more
aromatics). Results from the characterization of spent catalyst samples revealed
that coke deposition is more severe compared to the case of plastic pyrolysis
(around 10 wt. % coke/geatalyst after 45 min compared to less than 3 wt.% in 240
min), and catalyst deactivation — both in terms of physical properties and acidity
deterioration - becomes evident already after 45 min of reaction.

Finally, a screening of different catalysts (HY zeolite, SCA/y-ALO3, y-ALO3,
3%Fe/y-Al203, dolomite and 3% Fe/dolomite) was conducted by comparing the
performance of the catalysts at fixed pyrolysis and cracking temperatures (500°C)
and using a space-time of 20 geatalyst min/gos. The experimental campaign allowed
to isolate the effect of the catalysts on the properties of the resulting bio-oil in
terms of composition, acidity, and phenolic content, and correlate their
performance with their formulation and properties. HZSM-5 remains the
benchmark for maximizing deoxygenation and producing aromatic hydrocarbons,
albeit with higher coke and gas yields. Dolomite is unequivocally superior for
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deacidification, drastically reducing organic acids and producing a less corrosive
bio-oil, moreover it acts as CO: trap, producing a better-quality pyro-gas.
Dolomite also produced a high content of phenols, making it a promising
candidate for a process targeting the recovery of valuable phenolic chemicals.
Other low-cost catalysts exhibited lower activity, and more work is needed to
explore their potential.

In conclusion, this work:

1. Gave insights on the upgrading of pyrolysis volatiles from non-biogenic
(plastic) waste and lignocellulosic biomass in two-stage continuous
reactor systems.

2. Clarified the effect of operating conditions for the maximization of light
olefins and BTX yield (from polyolefin plastics) and of phenolics and
aromatic hydrocarbons (from olive stone).

3. Explored catalyst deactivation in different operating conditions,
suggesting correlations among coke deposition, acidity loss and surface
area deterioration.

4. Investigated possible low-cost alternative catalysts to be used in the
process of olive-stone valorization.

These results highlight the necessity of a feedstock-specific approach, in
which catalyst selection and process configuration are tailored to the chemical
nature of the raw material.

Further research into real post-consumer plastic waste utilization as feedstock
would increase our knowledge of the impact of heterogeneous composition and
impurities on product distribution, process stability and catalyst deactivation.
Moreover, since HZSM-5 was not significantly deactivated during this study,
longer time-on-stream experiments are required to better elucidate coke formation
mechanisms and deactivation kinetics on an industrial time-scale.

As for olive stone valorization, improvements in the condensation system of
pyrolysis vapours are needed to achieve a more comprehensive characterization of
condensable products and to improve mass balance closure. Further research
should focus on the development and testing of alternative catalysts, including
metal-modified zeolites. Since biomass-derived volatiles are more prone to coke
deposition on zeolites, it is necessary to realize systematic studies of catalyst
deactivation, and assessment of regeneration and reuse under prolonged operating
conditions.

The co-pyrolysis of olive stone and hydrogen-rich polyolefins presents a
promising research direction at the intersection of biomass valorization and plastic
waste management. However, further investigation is required to fully understand
the interaction between biomass and plastic-derived volatiles. Key areas of focus
include enhancing hydrogen transfer reactions, suppressing coke formation, and
reducing oxygen content in the bio-oil. Additionally, optimizing blending ratios,
reactor configurations, and integrating these processes within a circular economy
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framework are critical for improving the sustainability and efficiency of the
process.

Additional challenges include the development of selective separation
strategies for targeted compounds from pyrolysis oils, the exploration of catalytic
upgrading configurations beyond fixed-bed reactors to approach industrially
relevant conditions, and the implementation of techno-economic and life cycle
assessments to evaluate the competitiveness and environmental impact of the
proposed process.
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Appendices

Appendix A

Time evolution of product class yields during fast pyrolysis and
in-line catalytic cracking of polyolefins
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Figure 90: Time evolution of product class yields at 500°C, 7= 10 gcatalyst min/g plastic.
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Figure 91: Time evolution of gas-phase yields at 500°C, = 10 gcatalyst min/g piastic.
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Figure 93: Time evolution of product distribution (process conditions: 500°C, 7= 10 gcatalyst min/g
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Figure 94: Time evolution of product class yields at 450°C, 1= 10 Zcatalyst min/g plastic..
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Figure 95: Time evolution of gas-phase yields at 450°C, = 10 Zcatalyst min/g plastic.
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Figure 96: Effect of TOS on yield of BTX (A) and of gas-phase ratios (B) during the deactivation
of HZSM-5 at 450°C, =10 Zcatalyst mln/g plastic.
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Deterioration of physical properties of spent catalyst during fast
pyrolysis and in-line catalytic cracking of polyolefins
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Figure 98: N2-adsorption curves of fresh and spent HZSM-5 in first (A) and second (B) catalytic
bed.
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Appendix B

Effect of space-time on bio-oil composition during fast pyrolysis
and in-line catalytic cracking of olive stone pyrolysis vapours:
GCMS comparison
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Figure 100: Effect of space-time on bio-oil chromatogram by GCMS.
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Effect of space-time on the yield of specific bio-oil compounds

Table 18: Effect of space-time on bio-oil composition (semi-quantitative, %relative peak area).

Compounds =0 gcatatyst Min/ gos =10 gcatatyss min/ gos =20 gcatatyss min/ gos =28 Zeatayst Min/ gos
Organic acids 15,14 9,69 541 4,42
Acetic acid 9,01 5,58 3,49 2,62
Propanoic acid 0,23 0,17 0,13 0,10
Butanoic acid 0,07 - - -
Aldehydes 10,10 8,22 12,30 5,60
Succindialdehyde 4,08 2,61 0,89 1,10
Benzaldehyde, 3-hydroxy- 0,18 0,26 0,97 0,45
meth:x:i:}i]r(lirrlz)r(r?alzciehyde 1,67 219 } LIS
Ketones 11,43 9,82 8,27 6,95
2-Propanone, 1-hydroxy- 3,38 2,12 1,20 1,59
1,2-Cyclopentanedione 2,69 - 1,11 -
1,2-Cyclopentanedione, 3- 137 131 ) 0.96
methyl-
Furans 7,85 5,71 4,33 2,90
Furfural 1,46 1,13 0,88 0,97
2-Furanmethanol 0,99 0,44 0,14 -
2(5H)-Furanone 1,00 0,71 0,36 0,38
Phenols 32,14 45,19 43,37 43,97
Alkyl-phenols 8,63 10,14 9,34 11,19
Phenol 0,71 1,03 1,44 2,07
Phenol, 2-methyl- 0,59 0,66 0,92 1,26
Catechol 1,23 1,89 2,17 0,73
Guaiacols/syringols 23,51 35,05 34,03 32,78
Phenol, 2-methoxy- 2,98 2,58 2,17 2,47
Creosol 1,80 1,92 1,87 2,09
2-Methoxy-4-vinylphenol 3,18 3,60 3,27 -
Phenol, 2,6-dimethoxy- 2,97 3,83 3,85 3,66
trans-Isoeugenol 4,21 6,89 8,06 8,51
Sugars 3,45 1,67 0,97 0,00
Levoglucosan 2,53 1,67 0,97 -
Aromatics 1,69 2,59 3,73 12,03
Monoaromatics/biphenyl 0,00 0,82 1,29 4,84
mgﬁifﬁ,ﬁis 1,69 1,77 244 7,19
PAH 0,00 1,82 7,60 13,29
Naphtalenes - 1.56 5,25 9,17
Phenanthrenes - 0.26 1,23 0,81
Indenes - - 0,51 1,40
Anthracenes - - 0,50 1,54
Other compounds 2,32 2,40 1,15 1,67
Not identified 15,88 12,89 12,87 9,17
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Effect of pyrolysis temperature on bio-oil composition during fast
pyrolysis and in-line catalytic cracking of olive stone pyrolysis

vapours: GCMS comparison
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Figure 101: Effect of pyrolysis temperature on bio-oil chromatogram by GCMS.
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Effect of pyrolysis temperature on the yield of specific bio-oil

compounds
Table 19: Effect of pyrolysis temperature on bio-oil composition (semi-quantitative, %orelative
peak area).
Compounds Toyrolysis=450°C Typyroysis =500°C Tpyrotysis =550°C Tpyrotysis =600°C
Organic acids 9,80 9,69 8,52 6,23
Acetic acid 7,48 5,58 5,26 4,08
Propanoic acid 0,23 0,17 0,18 0,22
Butanoic acid 0,00 0,00 0,00 0,00
Aldehydes 6,10 8,22 6,70 4,10
Succindialdehyde 0,94 2,61 1,28 0,00
Benfggfgﬁe’ 3 028 0,26 0,70 0,50
meth;‘x:i:}i]r(lirrl(;galzdehyde 1,04 2,19 0,79 0,00
Ketones 8,00 9,82 9,86 11,36
=P ;‘;%T;ir;e I 1,82 2,12 1,92 3,13
1,2-Cyclopentanedione - - 1,81 -
1,2-Cyclopentanedione, 1,05 131 035 154
3-methyl-
Furans 1,54 5,71 3,49 2,57
Furfural 0,31* 1,13 091 0,00
2-Furanmethanol 0,30 0,44 0,16 0,00
2(5H)-Furanone 0,43 0,71 0,40 0,00
Phenols 42,75 45,19 38,92 34,84
Alkyl-phenols 8,84 10,14 16,22 29,61
Phenol 1,07 1,03 1,97 3,13
Phenol, 2-methyl- 0,68 0,66 1,16 1,79
Catechol 2,74 1,89 4,42 7,71
Guaiacols/syringols 33,91 35,05 22,70 5,23
Phenol, 2-methoxy- 2,61 2,58 1,41 0,25
Creosol 1,97 1,92 0,99 0,32
2&;2%:0‘1‘ 2.66 3.60 240 1.07
Phenol, 2,6-dimethoxy- 4,57 3,83 2,15 0,74
trans-Isoeugenol 7,86 6,89 429 1,56
Sugars 0,89 1,67 2,72 2,27
Levoglucosan 0,89 1,67 2,72 2,27
Aromatics 8,82 2,59 9,64 11,01
Monoaromatics/biphenyl 2,02 0,82 1,05 0,54
mgigag;“;;et?cs 6,80 1,77 8,59 10,47
PAH 6,05 7,60 8,00 13,77
Naphtalenes 4,06 5,25 5,16 8,03
Phenanthrenes 0,00 1,23 0,00 0,00
Indenes 0,37 0,51 1,48 4,09
Anthracenes 1,62 0,50 1,36 1,65
Other compounds 2,55 1,15 2,14 0,00
Not identified 13,50 8,36 10,01 13,85




Effect of cracking temperature on bio-oil composition during fast
pyrolysis and in-line catalytic cracking of olive stone pyrolysis

vapours: GCMS comparison
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Figure 102: Effect of cracking temperature on bio-oil chromatogram by GCMS.
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Effect of cracking temperature on the yield of specific bio-oil
compounds

Table 20: Effect of cracking temperature on bio-oil composition (semi-quantitative, %relative

peak area).

Compounds Teracking=400°C Teracking=450°C Teracking=500°C Teracking=550°C
Organic acids 13,52 9,33 9,69 5,81
Acetic acid 10,66 6,78 5,58 2,83
Propanoic acid 0,25 0,20 0,17 0,00
Butanoic acid 0,00 0,00 0,00 0,00
Aldehydes 5,80 5,30 8,22 6,10
Succindialdehyde 1,77 1,49 2,61 n.d.
Benzaldehyde, 3-hydroxy- 0,20 0,28 0,26 0,26
meth(fx;lfic}ilgrrlz)galzdehyde 142 122 2,19 .
Ketones 14,91 12,18 9,82 14,77
2-Propanone, 1-hydroxy- 3,03 2,55 2,12 2,37
1,2-Cyclopentanedione 2,35 2,05 1,03
1,2-Cyclopentanedione, 3- 121 104 131 0.14

methyl-

Furans 3,75 3,15 5,71 2,07
Furfural 1,42 1,25 1,13 n.d.
2-Furanmethanol 0,34 0,26 0,44 0,20
2(5H)-Furanone 0,76 0,71 0,71 0,41
Phenols 38,17 44,83 45,19 45,34
Alkyl-phenols 6,52 7,37 10,14 18,66
Phenol 0,56 0,81 1,03 2,69
Phenol, 2-methyl- 0,38 0,54 0,66 1,40
Catechol 1,87 2,50 1,89 3,36
Guaiacols/syringols 31,65 37,46 35,05 26,68
Phenol, 2-methoxy- 2,64 2,77 2,58 1,81
Creosol 1,97 2,18 1,92 1,30
2-Methoxy-4-vinylphenol 2,97 3,10 3,60 n.d.
Phenol, 2,6-dimethoxy- 3,70 423 3,83 3,27
trans-Isoeugenol 7,19 8,74 6,89 6,15
Sugars 1,32 1,06 1,67 4,55
Levoglucosan 1,32 1,06 1,67 3,34
Aromatics 4,21 6,69 2,59 7,37
Monoaromatics/biphenyl 0,69 1,17 0,82 0,87
mf))r):gaggﬁ;et(iics 3,52 5,52 1,77 6,50
PAH 0,43 1,90 7,60 8,19
Naphtalenes 0,31 0,89 5,25 5,47
Phenanthrenes 0,00 0,00 1,23 n.d.
Indenes 0,12 0,30 0,51 0,15
Anthracenes 0,00 0,61 0,50 2,12
Other compounds 2,93 3,31 1,15 1,36
Not identified 14,96 12,25 8,36 4,44
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Effect of catalyst type on bio-oil composition during fast pyrolysis
and in-line catalytic cracking of olive stone pyrolysis vapours:

Relative abundance [a.u.]

GCMS comparison
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Relative abundance [a.u.]
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Figure 103: Effect of catalyst on bio-oil chromatogram by GCMS.
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Effect of catalyst the yield of specific bio-oil compounds

Table 21: Effect of catalyst type on bio-oil composition (semi-quantitative, %relative peak area).

Compounds calt\:;;s ‘ HZSM-5 HY yiﬁf{i y-Al:03 ;:/;Zi)/j Dolomite Di‘;/ooz‘i;e
Organic acids 15,14 9,69 591 16,13 14,90 17,23 0,53 15,36
Acetic acid 9,01 5,58 3,92 11,96 10,01 11,52 - 11,98
Propanoic acid 0,23 0,17 0,17 0,32 0,34 0,37 - 0,44
Butanoic acid 0,07 - - 0,12 0,11 0,14 - 0,18
Aldehydes 10,10 8,22 4,30 7,70 5,10 4,90 5,10 5,60
Succindialdehyde 4,08 2,61 1,44 2,32 1,87 1,89 1,01 2,73
Benzaldehyde, 3- 0,18 0.26 041 0,9 | 021% | 005 1,07 0,27
hydroxy-
4-Hydroxy-2-
methoxy- 1,67 2,19 - 1,25 142 0,15 2,08 1,30
cinnamaldehyde
Ketones 11,43 9,82 8,78 11,92 11,14 11,81 8,58 12,47
2P L"y%i‘;ir;e a 3,38 2,12 1,71 3,44 3,04 2,79 - 3,81
Cyclopelrfanedione 2,69 B L7 2,09 ) } ) }
12-
Cyclopentanedione, 1,37 1,31 - - 1,08 - - -
3-methyl-
Furans 7,85 5,71 8,25 4,53 4,58 6,11 2,18 6,07
Furfural 1,46 1,13 1,84 1,68 1,48 2,18 - 2,34
2-Furanmethanol 0,99 0,44 - 0,58 0,27 0,40 0,22 0,83
2(5H)-Furanone 1,00 0,71 0,57 0,81 0,73 0,86 0,29 0,90
Phenols 32,14 45,19 40,47 34,28 41,10 37,62 50,13 38,45
Alkyl-phenols 8,63 10,14 20,28 8,71 9,91 9,95 17,18 10,55
Phenol 0,71 1,03 2,59 0,85 1,16 1,32 1,14 0,86
Phenol, 2-methyl- 0,59 0,66 1,69 0,69 0,71 0,78 1,00 0,69
Catechol 1,23 1,89 6,22 2,22 2,97 2,68 2,90 3,80
G“aiac"':’ syringol | 5351 35,05 20,19 25,57 31,19 27,67 32,95 27,90
Guaiacol 2,98 2,58 2,68 2,40 2,13 2,36 1,60 2,68
Creosol 1,80 1,92 2,17 1,64 1,60 1,70 125 1,89
zvm;l;ﬁ’e‘zo‘l‘ 3,18 3,60 - 2,63 3,14 2,62 - 3,03
Syringol 2,97 3,83 3,41 3,29 3,76 3,46 3,60 2,84
trans-Isoeugenol 421 6,89 3,95 5,22 7,42 6,18 7,68 6,03
Sugars 3,45 1,67 0,10 3,07 1,90 1,55 3,13 2,55
Levoglucosan 2,53 1,67 0,10 3,07 1,90 1,55 3,13 2,08
Aromatics 1,69 2,59 13,27 4,84 6,72 6,09 5,63 6,73
MOE?;‘;Z:;T“S - 0,82 0,69 1,48 1,85 0,46 - -
mgﬁifﬁﬁiis 1,69 1,77 12,58 3,36 4,87 5,63 5,63 6,73
PAH 0,00 7,60 8,55 0,36 1,28 1,24 9,12 2,45
Naphtalenes - 525 2,74 0,36 0,62 1,05 3,79 0,38
Phenanthrenes - 1,23 0,10 - 0,07 - - -
Indenes - 0,51 5,71 - 0,59 0,19 5,33 0,40
Anthracenes - 0,50 - - - - - -
Other compounds 2,32 1,15 2,29 1,57 2,08 2,96 2,99 0,84
Not identified 15,88 8,36 8,08 15,60 11,20 10,49 12,61 9,48

192




Appendix C

Optical microscope images of fresh catalysts (Leica DM 2700 m)

A)
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Figure 105: Optical microscope images of fresh SCA/y-AL O3 catalyst (A), calcined dolomite (B),
HZSM-5 (C) and 3%Fe/ y-AL2O3 (D).
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Appendix D

Protocol for total phenol quantification in bio-oil samples with
Folin-Ciocalteu assay by Swita et al. (2022)

1. Preparation of Guaiacol Calibration Curve
1.1. Preparation of Guaiacol Stock Solution (Stock 1)

A concentrated guaiacol stock solution (approximately 1.5% w/w) was
prepared by accurately weighing 0.0750 g of guaiacol into a tared 20 mL
scintillation vial (labelled 'STOCK 1'). Subsequently, 6.25 mL (approximately
4.925 g) of acetone was added via micropipette. The vial was immediately capped
to minimize acetone volatilization, and the precise mass of added acetone was
recorded. This step is critical due to the volatile nature of acetone and the small
quantities involved.

1.2. Preparation of Guaiacol Standard Solutions (S1-S5)

Five guaiacol standard solutions (S1-S5) were prepared by serial dilution
from Stock 1 using 20 mL scintillation vials (Figure 106). Each vial was tared
with its cap before additions, and the masses of all added components were
meticulously recorded.

*Standard S5: Approximately 0.50 g of Stock 1 was added to a tared vial,
followed by 4.90 g of acetone.

*Standard S4: Approximately 0.75 mL of S5 was added to a tared wvial,
followed by 0.25 mL of acetone.

*Standard S3: Approximately 0.50 mL of S5 was added to a tared wvial,
followed by 0.25 mL of acetone.

*Standard S2: Approximately 0.25 mL of S5 was added to a tared vial,
followed by 0.75 mL of acetone.

*Standard S1: Approximately 0.1 mL of S5 was added to a tared wvial,
followed by 0.9 mL of acetone.

- m mn L
. . . ” . '/'
-5 wSs
-— - & T_:B —
}
-
- F
- - - -
—

Figure 106: Standard guaiacol solutions.
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2. Folin-Ciocalteu Assay on Standard Solutions (S1-S5)

The Folin-Ciocalteu assay was performed on each standard solution (S1-S5)
in separate 20 mL scintillation vials (labelled S1-FC to S5-FC). Each vial was
tared with its cap before additions, and the masses of all added reagents were
recorded.

For each standard (S1-S5):

e 100 pL of deionized water was added to the tared vial.

e 200 puL of Folin-Ciocalteu reagent was subsequently added.

e 100 puL of the respective guaiacol standard solution (S1, S2, S3, S4, or S5)
was introduced.

The mixture was agitated and allowed to react for 5 minutes. 600 pL of a 20%
(w/v) anhydrous sodium carbonate (Na;COs3) aqueous solution was added. The
solution was then allowed to cool at room temperature for 2 hours. Alternatively,
to reduce reaction time, samples could be incubated in a 45 °C water bath for 30
minutes, followed by cooling to room temperature before analysis (Figure 107)

Figure 107: F-C assay on standard guaiacol solutions.

3. Preparation and Analysis of Blank Sample

A blank sample was prepared in a 20 mL scintillation vial (labelled 'BLANK")
to account for reagent background absorbance. The vial was tared with its cap
before additions, and all masses were recorded.

e Approximately 10 mL of deionized water was added.
e 200 pL of Folin-Ciocalteu reagent was added.
e 100 pL of acetone was introduced.

The mixture was agitated and allowed to react for 5 minutes. 600 pL of a 20%
(w/v) anhydrous sodium carbonate (Na2COs) aqueous solution was added. The
solution was then allowed to incubate at room temperature for 2 hours. As an
alternative, the blank could be heated in a 45 °C water bath for 30 minutes,
followed by cooling to room temperature prior to analysis.
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4. UV-Vis Spectrophotometric Analysis

Following the reaction period, appropriate aliquots of the treated standard
solutions (S1-FC to S5-FC) and the blank were transferred to separate cuvettes.
Absorbance measurements were performed using a UV-Vis spectrophotometer set
at 765 nm. For each sample, a minimum of three absorbance readings were taken,
and the mean value was reported. Blank-corrected absorbance values were
obtained by subtracting the blank absorbance from the sample absorbances. It is
noted that the guaiacol calibration curve typically exhibits a second-order
polynomial relationship for absorbance values between 0.1 and 1.5.

5. Analysis of Bio-Oil Sample
5.1. Preparation of Bio-Oil Stock Solution (Sol. A)

A concentrated bio-oil stock solution (Sol. A) was prepared by weighing
approximately 0.3 g of bio-oil into a tared 20 mL scintillation vial (labelled 'Sol.
A'"). Subsequently, 10 mL of acetone was added, and the mass of added acetone
was recorded. The bio-oil sample was thoroughly homogenized prior to
preparation to ensure representativeness.

5.2. Preparation of Diluted Bio-Oil Solution (Sol. B)

A diluted bio-oil solution (Sol. B) was prepared by adding approximately 0.4
mL of Sol. A to a tared 20 mL scintillation vial (labelled 'Sol. B'"), followed by 0.6
mL of acetone. The mass of added acetone was recorded.

Note on Absorbance Range: The absorbance of the bio-oil sample (Sol. B)
should ideally fall between 0.2 and 0.9. If the absorbance is below 0.2, a more
concentrated Sol. B should be prepared. Conversely, if the absorbance exceeds
0.9, further dilution of Sol. B with acetone is required before proceeding with the
Folin-Ciocalteu assay.

6. Folin-Ciocéalteu Assay on Bio-Oil Sample (Sol. B)

The Folin-Ciocalteu assay was performed on the diluted bio-oil solution (Sol.
B) in a 20 mL scintillation vial (labelled 'Sol. B-FC'). The vial was tared with its
cap before additions, and all masses were recorded.

e Approximately 10 mL of deionized water was added to the tared vial.
e 200 pL of Folin-Ciocalteu reagent was subsequently added.
e 60 puL of Sol. B was introduced.

The mixture was agitated and allowed to react for 5 minutes. 600 pL of a 20%
(w/v) anhydrous sodium carbonate (Na2COs) aqueous solution was added. The
solution was then allowed to incubate at room temperature for 2 hours.
Alternatively, to reduce reaction time, the sample could be incubated in a 45 °C
water bath for 30 minutes, followed by cooling to room temperature before
analysis.

7. UV-Vis Spectrophotometric Analysis of Bio-Oil Sample

Following the reaction period, an appropriate aliquot of the treated bio-oil
solution (Sol. B-FC) was transferred to a cuvette. Absorbance measurements were
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performed using a UV-Vis spectrophotometer set at 765 nm. A minimum of three
absorbance readings were taken, and the mean value was reported. The blank
absorbance was subtracted to obtain the blank-corrected absorbance.

Preparation of 20% (w/v) Sodium Carbonate Solution

A 20% (w/v) sodium carbonate solution was prepared by dissolving 20 grams
of anhydrous sodium carbonate (Na>xCO3) in distilled water. The solution was
quantitatively transferred to a 100 mL volumetric flask, and the volume was
adjusted to 100 mL with distilled water. The solution was gently stirred until
complete dissolution of the sodium carbonate was achieved.
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Appendix E

Hydrodynamics of the flat-base spouted bed reactor

The operating conditions of the flat-base spouted-bed reactor have been the

result of

careful experimentation on the hydrodynamics to guarantee stable

spouted regime and avoid dead volumes, i.e. motionless portions of the bed
usually located at the bottom. Experiments were conducted at both ambient and

pyrolysis
0.45 mm,

temperatures (500°C), using silica sand of different particle size (0.3-
0.45-0.6 mm and 0.6-0.8 mm) and with different bed height (3 cm, 4

cm, 5 cm and 6 cm). The main conclusions are here summarised:

1.

The pressure drop profile reflects typical characteristics of spouted-
bed reactors in typical pyrolysis conditions (Figure 108-A)

2. TItis possible to keep steady-state stable spouted regime at S00°C
3. With the appropriate choice of gas velocity, it is possible to reduce
dead volume and obtain complete conversion of biomass particles’
4. The minimum spouting velocity (Ums) is linear with the height of the
bed (Figure 108-B)
A) 67 me H=2.8 cm Material: silica sand (0.45-0.60 mm) B) = T=25°C
e~ H=40em —  Operating temperature: 500°C 0,24 ° T=300°C e
54 4 H=52cm 7 4 T=500°C
wve H=63em U, @T =U_(@T)T_/T) e
E . 5
g 31 | A AR e v e o )
< TS 0,1 o« e
g 24 A ‘ - " A A A A A N [C;) . . e
2 ' 2 A -
A 14 o . . . . o . = . a
e . o b e A
0-ly— : — . — .00 . . . .
0,0 0,1 0,2 0,3 0,4 0,5 3 4 5 6
Gas velocity @500°C [m/s] Bed height [cm]

0.10 m/s (T=500°C) 0.26 m/s (T=500°C) 0.36 TS (F=500°C) 0.46 m/s (T=500°C)

Figure 108: Pressure drop vs. superficial velocity profiles in pyrolysis conditions (A); effect of
temperature and bed height on Ums (B); evolution of spouted regime with increasing gas superficial

velocity (C).

7 Several preliminary tests at 500°C have been conducted using different biomass
(particularly olive stone and spruce wood pellets) to verify this statement. It was observed that at
low gas velocities some biomass particles were not completely pyrolyzed, while uniform char
particles were obtained at higher gas velocity (U=2.5Uns) probably due to the vigorous mixing
reaching most of the sand bed (Figure 108-C).
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Appendix F

Supplementary characterization results

e Figure 109 illustrates the results obtained from TPD of a spent HZSM-5
sample (operated at Tcracking=400°C). It can be observed that a high
temperature peak is found during simple heating of the sample to 550°C
(without preliminary NHj3 adsorption). This peak is associated with heavy
organics condensed on the surface of the catalyst during pyrolysis, which are

released with heating.
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Figure 109: High-temperature peak associated with heavy condensed species during TPD of
HZSM-S5. Program A is heating in inert atmosphere to 550°C. Program B is pretreatment (400°C, He)
+ NH3 adsorption at 25°C + heating to 550°C.

e The results from TG-MS (Thermogravimetry-Mass Spectroscopy) for the
spent dolomite and Fe/dolomite catalysts is illustrated in Figure 110. From the
MS profiles of CO2, HO and CO it is possible to confirm that the peak
obtained at 400°C is not associated with coke combustion, but to loss of water
from the mineral structure of dolomite. The main weight losses are associated
to CO2 (above 600°C) and also to CO in the case of Fe/dolomite.
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Figure 110: TG-MS results for spent dolomite (A) and Fe/dolomite (B) catalyst.
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e Preliminary results on the quantification of phenols in bio-oil with the Folin-
Ciocalteu assay are reported in Figure 111.
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Figure 111: Total phenolic content of bio-oil samples obtained with different catalysts. Conditions
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