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Abstract

The micro-structured reactor concept is very promising technology to develop a compact reformer for
distributed hydrogen generation. In this work, a catalytic plate reactor (CPR) is developed and investigated
for coupling of methane combustion (MC) and methane steam reforming (MSR) over Pt/Al.Os coated
microchannels in co-current and counter-current modes in transient experiments during start-up. A three
dimensional (3D) computational fluid dynamics (CFD) simulation shows uniform velocity and pressure
distribution profiles in microchannels. For channel velocity of 5.1 to 57.3 m/s in the combustor, the
oxidation of methane is complete and self-sustainable without explosion, blow-off or extinction,
nevertheless flashbacks are observed in counter current mode. In the reformer, the maximum methane
conversion is 84.9% in the co-current mode slightly higher than that of 80.2% in counter-current mode at
residence time of 33 ms, but at the cost of three times higher energy input in the combustor operating at
~1000 °C. Nitric oxide (NO) is not identified in combustion products but nitrous oxide (N,0) is a function
of coupling mode and forms significantly in co-current mode. This research would be helpful to establish

the start-up strategy and environmental impact of compact reformers at small scale.
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1. Introduction

Hydrogen is a zero carbon energy carrier for deployment of fuel cell technologies in distributed energy
systems and offers great potential in transition towards a low-carbon economy. In addition to improved
energy efficiency, hydrogen fuel cells can improve air quality with negligible emission of harmful
particulates and nitrogen oxides. Hydrogen can be produced from a variety of feedstocks, such as non-
renewable resources (i.e., natural gas, liquid fuels, coal, and so on) and renewable resources (i.e., biogas,
biomass, solar, wind, hydropower, and so on) using electrolysis and reforming processes.' > Methane is the
principal component of large distributed renewable (e.g., bio-methane, biogas) and non-renewable (e.g.,
natural gas, shale gas) feedstocks.® Despite of its significant advantages, the penetration of hydrogen in
existing energy distribution network is very slow* and the lacking of hydrogen infrastructure is a key barrier
for widespread application of fuel cell technologies, representing a typical chicken-and-egg problem.
During the transition period, the distributed generation of hydrogen can be considered as a viable alternative
via electrolysis and reforming technologies.’

The established reforming processes for low-carbon hydrogen generation are steam reforming,
oxidative steam reforming, partial oxidation and autothermal reforming. Methane steam reforming (MSR)
is a mature technology, dominant at industrial scale supplying 40% of world’s hydrogen, with benefits of
higher hydrogen yield and concentration in product stream as compared to other reforming technologies.®
? Conventionally, MSR is a highly endothermic reaction (Eq. 1) producing hydrogen and carbon monoxide.
In the same reaction environment, the exothermic water-gas shift reaction (Eq. 2) transforms carbon
monoxide into hydrogen and carbon dioxide in the presence of steam. MSR is carried out at industrial scale
over Ni-based pellet catalyst packed in multi-tubular reformers operating at high temperature (>800 °C)

and pressure (20 — 40 bar) with steam to carbon (S/C) molar ratio of 2 — 4.1°
CH, + H,0 < CO + 3H, AH39g = +206.1 k]J/mol (D)
CO+ H,0 & CO, + H, AH3$9g = —41 KkJ/mol 2)

Heat transfer is critical for the steam reformer’s design and performance. Energy is transferred from an
external source'! such as homogeneous or catalytic combustion (Eq. 3). Design of CPR requires the balance
between heat input and heat consumption.'? Significant research efforts have been devoted to achieving
better temperature control of the reformer and proper handling of heat to enhance energy efficiency.'*'¢ In
a burner-fired industrial reformer, the heat is supplied mostly via radiative and convective transfer from
combustion flames at >1400 °C to the walls of catalyst tubes and via conductive transfer from walls to the
catalyst pellets in the tubes. The homogenous combustion in industrial burner releases significant amount
of harmful pollutants such as carbon monoxide, nitrogen oxides and hydrocarbons. The nitrogen oxides in

hot flue gases are 90 — 95% nitric oxide (NO) and the remainder 5 — 10% are nitrogen dioxide (NO:) and
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nitrous oxide (N2O). The catalytic methane combustion (MC) is pursued for stable heat generation because
a stable gas-phase combustion cannot be sustained below 1000 °C 7 above which thermal NOx forms'® 1
and is a function of temperature, oxygen concentration and residence time.?* The NOx and especially N,O
emissions have not received attentions to date and are less defined in smaller power generation devices as
compared to industrial plants,?! especially in transient mode of start-up and shutdown.?? A key issue in the
design and thermal management of catalytic combustor is finding the operating regime for stable
combustion.?* Based on process requirement, the operating temperature for catalytic methane combustor
can be categorized into low (300 — 700 °C) and high (700 — 1400 °C).?* MSR is highly endothermic

reaction requiring large amount of heat at temperatures up to 1000 °C » for attractive equilibrium

conversion?®, which makes high temperature catalytic combustor as desirable.
CH, + 20, & CO, + 2H,0 AH%9g = —802.7 kJ/mol 3)

The scaled down version of the industrial reformer shows poor performance and responds slowly to
throughput variation, mainly because of heat transfer limitations between the flame and the catalyst pellet,
and also due to mass transfer limitations.?” *® Furthermore, flames quench at small scales and catalytic
combustion is needed.”” By improving transport limitations, microreactor technology provides unique
opportunities to realize compact and modular steam reformers.*** In a microreactor, the improved heat
and mass transport rates lead to 1 — 3 times higher throughput of hydrogen.** Radical improvement in
reforming performance can be achieved by replacing the external firing by direct heating or more
augmented methods of heat supply.'? In this perspective, the catalytic plate reactor (CPR) is a potential
candidate integrating combustor with reformer providing necessary heat mostly via conductive transfer.*
The design of CPR permits higher heat transfer rates due to the short conduction length of thin plate and
also higher mass transfer rates because of short diffusion path in thin catalyst layer,*® thus making it

efficient and compact.®! Several modelling studies®¢->*

were performed to design and optimize the CPR that
combines the MSR and MC reactions for various applications.

Despite significant advantages of CPR, there are certain design and operational challenges that need
further investigation to build confidence for its practical implementation. The primary concern is thermal
imbalance in CPR followed by the formation of hot spots and temperature spikes, thus leading to poor
reactor performance. Moreover, understanding of dynamics and control characteristics are among the
operational challenges of CPR that should be considered at an early design stage. CPR has faster dynamics,
due to its compact size, and any disturbance in temperature can potentially be outstripped rapidly because
of its very low overall heat transfer resistance.>® Daily start-up/shutdown is one of the unique requirements

of a compact reformer for distributed hydrogen production. It is challenging and critical for the reformer

operation due to process uncertainty, for example, poor synchronization of heat fluxes can result in
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appearance of temperature peaks or extinction of combustion.*® The development of localized temperature
extremes and thermally imbalanced CPR may challenge the reformer dynamic operation prior to reaching
stable operating profiles. This is especially true during the start-up phase of operation which must be
adapted for a specific reaction.’” Design methodologies to properly align the heat production and heat

54, 56, 58

consumption in CPR include the distributed feed design, a hybrid (segmented and continuous)

38.40.41,47.39-61 3 confined layer of phase change material as heat sink,*? and bimetallic strips

catalyst coating,
forming a thermally activated valve in combustion channels.®

The flow (co-current or counter-current) modes have a direct impact on the temperature profile and
thermal behaviour of CPR®* and may impact the reactor performance. Few experimental studies have been
attempted for thermal coupling of MSR and MC in a CPR. Tonkovich et al.®* investigated a microchannel
methane steam reformer with integrated methane partial oxidation to produce syngas mixture for
subsequent combustion. The reactor achieves methane conversion of >90% on reforming side at 850 °C
and forms low amounts of NOx (< 10 ppm) on combustion side. Venkataraman et al.*' reported self-
sustained steady state operation of two-pass CPR in co-current mode at 800 — 1000 °C with methane
conversion of 95% on the reforming side and >90% on the combustion side. In another study, Irankhah et
al.®® investigated the performance of methane compact reformer integrated with catalytic methane
combustor under various operating conditions. As per author’s knowledge, there is a lack of experimental
study on thermal coupling of methane combustor and methane steam reformer in CPR in transient mode
during start-up. In the present work, a catalytic plate reactor is developed with an integrated reformer and
combustor and experiments are performed to couple methane steam reforming and combustion over
5wt%Pt/AlOs coated microchannels on alternate sides of a plate in co-current and counter-current flow

modes.
2 Materials and methods
2.1 Catalytic plate reactor

The CPR is developed to allow combustion and reforming streams to flow in the same direction on
alternate side of the middle plate for co-current mode and in opposite direction for counter-current mode.
The flow area of CPR is comprised an inlet distributor, 10 rectangular shaped microchannels and an outlet
collector (Figure 1), and the design is based on the criteria described in the study by Commenge et al.®’

The CPR is fabricated of 304 stainless steel with assembly of two side-plates and one middle-plate and
two microchannel-plates, as shown in Figure 1a. The overall geometrical dimensions of the assembled CPR
are 108 mm (length), 75 mm (width) and 15 mm (height), as shown in Figure 1b, where middle-plate is
sandwiched in between two side-plates and each side-plate has inlet and outlet tubes. The microchannel

plate (50 mm x 20 mm % 1 mm) is fabricated with 10 engraved parallel rectangular shaped microchannels
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(50 mm x 1 mm x 0.5 mm). In the study by Zanfir et al.,’® a decrease in channel height (0.5 — 2 mm) at
constant flow rate does not introduce significant difference in reactors performance but a slight
improvement in outlet conversion is observed due to reduced external mass transfer coefficient. The two
side-plates have same dimensions and are engraved with rectangular housing for stainless steel reinforced
graphite gaskets to avoid gas leakage. The housing is engraved on both sides of middle-plate for removable
microchannel plates along-with inlet distributor and outlet collector. The collector and distributor are

designed to ensure uniform flow through microchannels, and also serve as feed preheater.

Figure 1. Images of catalytic plate reactor: (a) components of CPR, (b) assembled CPR

A 3D CFD model is employed in COMSOL Multiphysics to investigate flow uniformity and
distribution, under the range of experimental flow rates, in microchannels (Figure 2) prior to reactor
fabrication. The free and porous media flow interface is applied and governed by the continuity (Eq. 4) and
Navier-Stokes (Eq. 5) equations representing mass and momentum balance, respectively, and solved using

the finite element method.
Vip-u)=0 (4)
p(u-Vu=V-[-pl+ u(Vu + (Vu)T] (5)

where p is fluid density, u is velocity, p is pressure, and y is fluid dynamic viscosity. This is applicable to
isothermal and incompressible fluids under the condition of negligible gravitational forces. Nitrogen is
considered as the model fluid flowing at 20 °C and reactor outlet pressure of 1 atm. The free tetrahedral
mesh is selected with a mesh size of 0.2 mm, balanced between computational time and accuracy, to
produce approximately 600,000 elements. The GMRES (generalized minimum residual) iterative linear
solver is applied with left preconditioning. Pre- and post- smoothing are carried out using the Vanka
algorithm and the convergence is achieved when the solution residuals reached 10~ or below with relative

tolerance set to 0.001.
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Outlet collector

Figure 2. Microreactor: inlet flow area, distributor, 10 microchannels and outlet flow area.

2.2 Catalyst preparation and characterization

30, 68 is somewhat limited due to its

The commercial Ni-based catalyst for compact reforming
susceptibility to deactivation and inability to effectively rapidly remove the heat of combustion, resulting
in high temperatures and materials stability and safety issues, especially when exposed to daily startup
shutdown. The wash coated precious metal catalyst permits a tenfold reduction in reactor size compared to
Ni catalyst pellets. The relatively higher cost of noble metal catalyst is alleviated when considering the
reduced reactor size and existing precious metals recycling processes.®

The noble metal based catalysts employed for MSR are Rh, Ru, Pt, and Ni, >’ and for MC are Pd,
Pt, and Rh.”>7* The platinum catalyst is preferred in most cases and selected for this study due to its good
activity toward both reactions. In a study, the effect of Pt catalyst loading (0.03 — 30 wt%) on y-alumina
was investigated for MC and a maximum methane oxidation rate was observed at 5 wt%.” The 5% Pt/Al.Os
catalyst layer is coated over microchannels by following the steps: (i) substrate pre-treatment, (ii) primer
coating, (iii) slurry washcoating, and (iv) incipient wetness impregnation. The primer coating, slurry
properties, and washcoating procedure strongly influence the adherence, uniformity, and the loading of
catalyst layer over the aluminium-free stainless steel microchannels, as investigated in a previous study,’®
and the optimized conditions for washcoating of y-Al>Os on the microchannels were selected.

In the substrate pre-treatment, the surface of stainless steel microchannels is treated with aqua regia, a
mixture of 1:3 molar ratio of nitric acid (70%, Sigma Aldrich) and hydrochloric acid (37%, Sigma-Aldrich),
increasing surface roughness to help anchoring the primer layer. To remove any contamination, the

microchannel-plates are cleaned with a soap solution followed by sonication in acetone-water solution at
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33 kHz for 60 min. After washing with deionized water, the microchannel plates are finally dried at 120 °C
in stagnant air.

In the primer coating step, the microchannels are coated with a thin alumina primer layer to further
enhance adherence of the alumina washcoat. A pimer solution (2% alumina, 4% polyvinyl alcohol) is
prepared using a boehmite sol and polyvinyl alcohol (PVA, Sigma-Aldrich) in water. Boehmite sol is
prepared by adding aluminium hydroxide (Disperal P2, 45um, Sasol) to a 0.4wt% HNO3 aqueous solution
and then aged for 48 h to complete the peptization process. Boehmite sol is mixed with the required amount
of PVA and stirred for 2 h. PVA is used as a slurry stabilizer and an additive to control drying and reduce
crack formation in the alumina layer. After filling the microchannels with the primer solution, the
microplates are dried at room temperature for 3 h and at 120 °C for 8 h, and then finally calcined in stagnant
air at 600 °C for 5 h.

In the washcoating step, the slurry (14 wt% y-AlOs3, 2 wt% PVA, 3 wt% colloidal alumina) is
washcoated over the primer coated microchannels. Colloidal alumina AL20 (20 wt% aluminium hydroxide
oxide, NYCOL) is used as inorganic binder. A 30 wt% aqueous y-Al>O; (Fluka) slurry is milled in ball mill
(Pulverisette 6, Fritsch, Germany) and the pH is adjusted to 3.0 by adding nitric acid. After adding the
required amounts of PVA and colloidal alumina, the slurry is stirred for 2 h and left for 24 h at ambient
conditions. A coating of alumina washcoat is applied by filling the primer-coated microchannels with
alumina-slurry. Then the microchannels are dried at room temperature for 3 h and at 120 °C for 8 h, and
then calcined in stagnant air at 600 °C for 5 h. The washcoat layer outside the channel is removed and the
washcoating process is repeated until the desired weight is obtained.

In the incipient wetness impregnation step, the Pt (5 wt%) catalyst is impregnated onto the alumina
washcoated microchannels. The aqueous solution of tetra-ammine platinum (II) nitrate ([Pt(NH3)4](NO3)s,
99.995% trace metal basis, Sigma-Aldrich) is added dropwise with a micro-pipette on alumina washcoat
in the microchannels. The catalytic microchannel plates are dried at 120 °C for 10 h followed by calcination
in stagnant air at 300 °C for 2 h.

The topology of uncoated, acid treated and washcoated microchannels is examined using scanning
electron microscopy (SEM FEI Quanta Inspect LV 30 KV). The adherence of catalyst layer to
microchannels is very important for successful application of the microreactor. The adherence of catalyst
layer is evaluated using ultra-sonication. The washcoated microplates are dipped in acetone and water
solution (50:50 vol%) in a glass beaker and sonicated at 33 kHz and 130 W for 30 min in the S3M 2200
device by Sonica. Then the microchannel plates are dried at 110 °C for 30 min and the procedure is repeated.
The percent weight loss (AW) is the normalized weight difference of microplates before (W}) and after

(W) the ultrasonic treatment, as described by the following equation.
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(Wp—Wq)

AW (%) = x 100 (6)

2.3 Experimental setup

A schematic diagram of the experimental setup is depicted in Figure 3. It is comprised a feeding system,
a catalytic plate reactor, and an analysis system. The gases (i.e., methane, air and nitrogen) are supplied
from high pressure cylinders using Brooks mass flow controllers, then premixed at desired flow rates and
fed to the CPR operating at atmospheric pressure. The flow rate of deionized water from a N>-pressurized
water vessel is controlled by a Bronkhorst mass flow controller. The feed water is evaporated and mixed
with methane at 120 °C in a specially designed evaporator-mixer. The reformer feed tube is wrapped with
electric trace heating and maintained at temperature >120 °C to avoid water condensation. The combustor
feed tube is not heated externally by electric trace heating.

The CPR is placed in a horizontal split tube furnace (Carbolite, 500 mm heating length) with a PID
temperature regulator. To minimize heat losses, the CPR is insulated with vermiculite (3M Italia S.p.A)
and aerogel (Aspen Aerogels). The feed tubes (24 cm each) inside the furnace serve as preheaters before
entering the CPR. It is important to confine the combustion reaction in the combustion channels, and for
this purpose, the inlet and outlet tube of the combustion section are filled with alumina balls to suppress
the propagation of flames. It is difficult to insert a thermocouple in the reaction channels; therefore, two K-
type thermocouples are mounted at the outer surfaces of CPR to measure the combustion (T¢opp) and
reforming (Tgrgr) surface temperature. To record the furnace temperature (Tgygy), @ third K-type
thermocouple is positioned in the wrapped insulation at a distance of 5 cm from the CPR inside the furnace.

The effluent product streams from the reformer and the combustor are passed through water condensers
before feeding to online gas analysers. The dry reformed gas is analysed by a non-dispersive infrared
absorption analyser (NDIR Uras 14 for CH4/CO/CO,, ABB Company) and a thermal conductivity analyser
(Caldos 17 for H,, ABB Company). The composition of the combustion outlet stream is measured by a
paramagnetic analyser (MAGNOS 106 for oxygen) and a non-dispersive infrared analyser (URAS 14 for
CO/CO2/NO/N,O/CHa4, ABB Company).
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Figure 3. Schematic of experimental setup for coupling of MSR and MC in catalytic plate reactor.

The main challenge for methane combustor is to raise its temperature to ignition point, which can be
achieved by resistive heating or using a self-igniting fuel-catalyst system. This methodology is also
applicable to a CPR stack comprising of multiple plates. Zhang et al,”” used an electrically resistive heated
catalyst to ignite MC while coupling with MSR in the alternate channels of the CPR. To initiate CPR
heating at room temperature, hydrogen is a promising candidate that can be ignited over Pt catalyst but
results in non-uniform temperature profile and poses an explosion risk.”® On the other hand, part of the
methane reforming feed can be used in combustor but requires a high temperature to initiate the oxidation
reaction.®® In the present study, an electric furnace is used for heating the reactor to the desired reaction
temperature. Initially heat from electric furnace is used to initiate methane combustion and after that the
methane-air flow in combustor is varied to regulate the reactor temperature.

Prior to coupling experiments, preliminary experiments are carried out in CPR to evaluate the activity
of 5% Pt/Al:Os towards MC and MSR reactions. The reactor is placed without insulation in the electric
furnace to provide heat necessary for the reaction. The feed stream is passed through one side and nitrogen
(100 mL/min) on the other side of the reactor. Nitrogen flow of 100 mL/min is passed through the reactor
during cooling to avoid catalyst damage.

In each coupling experiment, the start-up of the reactor is performed in two phases: 1) a furnace-heating
phase and ii) a furnace-off phase. In the furnace-heating phase, heat is provided from the electric furnace
to initiate MC and increase the reactor temperature at a ramp rate of 10 °C/min. Prior to start heating, the

reactor is purged with N; at a flow rate of 100 mL/min for 30 minutes. Then methane and air streams are
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premixed and replace the nitrogen stream. Meanwhile on the reforming side, nitrogen flow is switched to
a constant methane-steam mixture flow when T, ¢ reaches 400 °C. One important factor to consider during
start-up is the susceptible formation of carbon deposits on the catalyst surface in the reformer.” Therefore
to avoid coke formation, MSR is performed at a steam to carbon molar ratio (S/C) of 4 that is very close to
the typical industrial reforming value of 3.3, much higher than the minimum ratio of 1.7.%¢ In the second
furnace-off phase, Tcopp Was monitored, and methane-air flow rate was varied manually to control the
amount of energy on the combustion side to regulate the reactor temperature. The reactor temperature is
raised to a maximum of 1100 °C for a short duration without detection of any visible physical deterioration.
For safety and to avoid catalyst deterioration, the reactor is purged with nitrogen (100 mL/min) during

cooling. The methane conversion (X¢y, ) and CO selectivity (S¢p) are defined as follows:

Xen, = —FC“&?C‘HF?H‘*"’“ x 100 (7)
4.ln
Sep = ——Qour 100 (8)

FeHy i~ FCHy out

where Fey,in, Fon,out are the inlet and outlet molar flow rates of methane and Fg oy 18 the outlet molar

flow of carbon monoxide.

3. Results and discussion

3.1 CFD Modelling

The catalytic plate reformer needs careful design to avoid flow maldistribution, a typical pathology,
for uniform reaction conditions in each channel and higher reforming efficiency in the reformer.®® Any
flow maldistribution can lead to burning more methane in one or more channels, misalignment of reaction
zones, hot spot formation, overheating, and significantly lower reformer performance.® 2 A two-
dimensional (2D) view of the velocity profile in the flow area of the CPR is shown in Figure 4 (a — ¢) for
an average channel inlet velocity at 1.4 m/s, 32.2 m/s and 57.3 m/s, respectively. More data in terms of
channel inlet velocity and velocity profiles are shown in Table S3 and Figure S1. The highest velocities
occur at the inlet and outlet of the flow distributors. The difference between the highest and the lowest
velocities in the microchannels is never higher than 7.1% of the average value. The difference between the
minimum and maximum velocities in microchannels increases linearly with the average velocity, as shown
in Figure S2. In spite of these variances, uniform velocity profiles are obtained across the microfluidic

channels to enable high performance reactions.
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Figure 4. 2D velocity profile in flow area of CPR at average channel inlet velocity of (a) 1.4 m/s, (b) 32.2
m/s and (¢) 57.3 m/s.

An additional approach to assess the flow is by investigating the pressure drop. The pressure profile in
the flow area of CPR is shown in Figure 5 for channel inlet velocity from 1.4 to 57.3 m/s; the pressure is
uniformly distributed across all the microchannels (see also Figure S3). The pressure drop contributes to
parasitic losses and is important for practical application. The pressure drop across the micro channels is
increased from 81 to 57397 Pa as the flow increases from 0.4 to 15.7 L/min, as shown in Table S4.
Therefore, the maximum velocity is an important parameter to be controlled to remain within acceptable
pressure drops. Unfortunately, there is a lack of experimental data to validate the pressure drop estimated

from fluid flow model.
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Figure 5. 3D pressure profile in the flow area of the CPR at a channel inlet velocity of (a) 1.4 m/s, (b) 32.2
m/s and (c¢) 57.3 m/s.

3.2 Catalyst Characterization

The surface roughness of stainless steel microchannels is analysed using SEM before and after the acid
treatment, as shown in Figure 6 (a —b), respectively. The result shows an enhanced surface roughness after
acid treatment (Figure 6b) which could amplify the adherence of the washcoat layer in the microchannels.
The thickness of the primer layer is estimated as 1.46 um considering the apparent coating density of 1.5
g/cm’® and the primer layer weight gain.

The SEM image (Figure 6¢) shows the morphology and homogeneity of Pt/Al:Os catalyst layer coated
on the walls of microchannels. The catalyst layer is homogeneous and uniformly distributed throughout the
channel with strong washcoat-wall interaction. The catalyst layer shows a rough, porous, and uniform
morphology. Minor cracks are observed in the catalyst layer which may be due to the stresses developed
by shrinkage and gas formed during drying and calcination. The average catalyst layer thickness in the
microchannels varies from 121 um (10.2 mg/cm?) to 147 um (12.4 mg/cm?). The higher catalyst loading
offers performance advantages in dynamic mode of heat exchange-microreactor® but is quite a challenging

to coat a thick catalyst layer on a metallic microchannel with good adherence.*
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Figure 6. SEM images of topology of microchannels of (a) uncoated, (b) acid treated microchannel, and
(c) catalyst coated.

The mechanical stability of catalytic washcoat lined over stainless steel microchannels is critical to
avoid catalyst loss during operation. Quantification of the catalyst layer’s adherence can be done by ultra-
sonication, simulated environment, thermal shock, drop test, abrasive test, pull-off method and scratch
methods.®® For comparison with previous work,’® the adherence of washcoat is evaluated by most
commonly used ultra-sonication method and no peeling off of the catalyst layer was observed. The weight
loss of two microplates is evaluated as 9.5% and 10.3% with an average value of 9.9% in good agreement
with the prior work.”® Weight loss of less than 12% represents good adherence that is necessary for

successful application of catalyst coated microreactor.
33 Single reaction in the catalytic plate reactor (CPR)
3.3.1 Catalytic methane combustion (MC)

MC is evaluated by varying the reactor temperature with premixed methane-air mixture (5 vol % CH,
in air, equivalence ratio = 2) flowing over Swt% Pt/Al:Os coated microchannels at a constant residence
time of 41.1 ms. The equivalence ratio (A) is defined as the ratio of actual air-fuel ratio to the stoichiometric
air-fuel ratio for a given mixture. Lean methane-air mixtures are favourable to achieve high conversion and
thermal efficiencies as compared to a stoichiometric mixture.’® ¥ As shown in Figure 7, methane
conversion starts at 0.3% at 400 °C, and increases to 98.1% at 900 °C. The temperatures (T10, Tso, Teo) at
which methane conversion reaches 10%, 50% and 90% are 589 °C, 669 °C and 845.5 °C, respectively. In
a study for lean methane-air mixture (A = 2),% methane conversion of 95.7% was obtained at 450 °C over
3.8wt% Pt/Al2Os coated microchannels with a residence time of 14.4 s in a stainless steel microreactor.
The exhaust fraction of CO, and CO was increased to 8.6% and 0.3%, respectively, at 900 °C. The notable
CO formation above 800 °C might be due to the contribution of slow homogeneous combustion® which is
unavoidable above 600 °C 25 or steam and dry methane reforming reactions during combustion.”® The
results may suggest the presence of both catalytic and homogeneous MC in the reactor, where the purely

homogeneous gas-phase MC cannot be sustained in channels gap below a critical dimension of 2.8 mm for
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premixed lean methane-air mixtures.”’ The coexistence of homogenous combustion in a catalytic
combustor makes catalytic combustion more complex, which leads to complex coupling the two.”
However, the catalyst still maintained its utility in limiting the formation of CO through its oxidation into

COa.
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Figure 7. Methane conversion and product (CO and CO,) composition as a function of temperature.

3.3.2 Methane steam reforming

Steady state MSR is carried out by varying reactor temperature over Swt% Pt/Al:Os; coated
microchannel at constant space velocity (WHSV = 36 NL/h/gc.) with S/C ratio of 4.0. As shown in Figure
8a, methane conversion is increased with temperature as it reaches 73.4% at 900 °C and hydrogen
concentration follows the same pattern with a value of 70% at 900 °C. Similar to CO concentration (Figure
8a), CO selectivity (Figure 8b) also increases from 25% to 47.9% with a rise in temperature. As a measure
of the selectivity to hydrogen, the H,/CO molar ratio shows an opposite trend to methane conversion and

drops from 34.5 to 7.2, similar values were also observed in the previous studies,”® 7!

probably due to
increased contribution of MSR over the water-gas shift reaction at higher temperatures. At lower
temperatures, the high H,/CO ratio is because of the lower methane conversion and the significant

contribution of the water-gas shift reaction.
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Figure 8. Steady state MSR performance as a function of temperature (a) methane conversion and product

gas (Hz, CO, CO,) composition and (b) CO selectivity and H,/CO ratio.
34 Coupled reactions in the catalytic plate reactor (CPR)

For coupling experiments in co-current and counter-current modes, the reformer is operated at constant
methane flow of 45 mL/min and S/C of 4:1 (WHSV of 110 NL/hr/gc., channel inlet velocity of 1.5 m/s,
and residence time of 33 ms). After high methane conversion in the combustor is reached, the electric
furnace is turned off and the heat generated is used to maintain T¢opp at ~ 1000 °C by regulating the
methane-air flow (7 vol% CHa, stoichiometric ratio A = 1.40). The autoignition temperature of gas-phase
MC is minimum at 7 vol% methane in air and is 600 °C **. The heat generated in the form of thermal energy
(W) is calculated based on the lower heating value of methane (LHV -y 4). The combustor feed channel inlet
velocity of 5.3 — 60.9 m/s (residence time of 9.5 — 0.8 ms) is much higher than the typical channel inlet
velocity of 1 m/s in a micro-combustor.?? For co-current and counter-current operation, the combustor
channel inlet velocity as a function of time on stream is provided in Supplementary Information (Figure
S4). Freshly coated catalytic microchannel plates were used for each experiment and no deterioration of
catalyst layer was observed after each experiments. The expansion and contraction during start-up and
shutdown and associated attrition are alleviated by having the noble metal catalyst washcoated on metallic
structures.”

The internal and external mass transfer limitations are evaluated for MSR at the maximum conversion
in the co-current and counter-current modes. The absence of external mass transfer limitation in MSR
reaction is confirmed using the Carberry criterion® (co-current mode: 0.007< 0.05, counter-current mode:
0.006 < 0.05), see Supporting Information. The reactants diffuse from the alumina washcoat surface
through the pores to the Pt catalyst active sites. The lack of significant diffusion limitation in the catalyst
washcoat is established using the Weisz-Prater criterion’® (co-current: 0.91 < 1.0, counter-current: 0.85 <

1.0).



377

378
379
380
381
382
383
384
385
386
387
388
389
390
391
392
393
394
395
396
397

398

399
400

3.4.1 Co-current coupling

In co-current mode, the feed streams flow in the same direction in the combustor and reformer on
alternate sides of the middle plate. In the combustor, the methane conversion increases with time, as shown
in Figure 9. The temperatures (T;, T5o, Tgg) of the combustion surface at which MC reaches conversion of
10, 50, and 90% are 631, 861, and 884 °C, respectively. Complete methane conversion is achieved at T;pmp
of 901 °C and TOS of 50.2 min. In an experimental study, Ismagilov et al.,”” observed the ignition
temperature of 1037 °C for MC over Pt/Al>O; catalytic foam while coupling with MSR in a catalytic heat
exchange-tubular reactor. The concentrations of COz and CO increase with methane conversion and reach
values of 10.6 vol% and 0.65 vol% (6460 ppm), respectively, at 901 °C. Both catalytic reactions as well as
homogeneous gas-phase reactions may contribute to CO formation. As the reactor temperature increases,
gradient in temperature between the catalyst surface and bulk gas in the microchannels may form, which
may initiate gas-phase combustion in the boundary layer. With further rise in temperature, reactions may
start in the bulk phase and their rate can significant.!® For MC, homogenous gas-phase reactions start
contributing at >700 °C.* In transient and steady state operations, gas-phase reactions result in reduced
CH,4 emissions and increased CO emissions.” After complete methane conversion, CO declines sharply
down to 25 ppm that confirms the contribution of catalytic reaction in MC. After a stabilizing period of
about 14 min, the CO concentration jumps up to 586 ppm and the CO: concentration declines down to 9.6
vol% at 64 min when the thermal energy input was increased to 112 W,. At this point gas-phase temperature
in the microchannel might have reached a value where homogeneous reaction starts contributing more. A
downward spike in methane conversion is also observed with a quick recovery at each flow variation due

to time needed for the system to re-equilibrate.
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Figure 9. Methane conversion and concentration profiles in the combustion side in co-current operation as

a function of time on stream.
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After stabilization of the MC reaction, confirmed by product gas composition online analysis, the
furnace is switched off at Tpygy of 1021 °C and heat from the combustor sustains both the oxidation
reaction® and steam reforming reaction. The principal method of heat transfer is wall-to-wall/in-wall
thermal conduction. However, the heat transfer by radiation become significant as the wall temperature
exceeds 800 °C.'® In the absence of sharp temperature peaks in Figure 10, Topp profile indicates that the
MC is stabilized and confined inside the catalytic microchannels. After turning off the electric furnace,
Trygy 1s drops continuously and Trgr and T¢opp differ somewhat. As the furnace temperature drops below
the reactor temperatures, the thermal energy input is increased exponentially (Figure S5) to compensate for
the heat losses to maintain T¢g5. For example, when set at 438 Wy, ATy = Teoms — Tryrny = 295.7 °C

and AT, = Tcomp — Trer = 54.1 °C at the end of experiment.
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Figure 10. Temperature profile of co-current mode in CPR.

NO is not detected in the combustor outlet thus excluding thermal NO formation known as the
Zeldovich mechanism.”® The use of a lean methane-air mixture also excludes fuel rich (prompt NO) and
fuel bound NO mechanisms. Another route for NO formation is by oxidation of N,O intermediate to NO
through the N,O mechanism during lean MC when the combustion temperature is below 1200 °C.**-1°!, By
this mechanism, N,O formation is initiated by recombination of molecular nitrogen with atomic oxygen by
a three-body recombination reaction (O + N, + M — N,0 + M), where M is any collision partner,
followed by oxidation of N,O to NO.!°? The formation of N2O is confirmed at Ty, of 490 °C, as shown
in Figure 11. N,O formation becomes important at gas phase temperature of > 550 °C, well within the
range of catalytic combustion.”® Formation of significant quantities of N.O can occur by catalytic
reactions.'® 1% The appearance of N,O only in the product stream suggests that the residence or the
temperature is not high enough for the decomposition of N,O to NO. With increase in energy input, the

N20 level rises sharply till 580 ppm then it is incremental to > 650 ppm, which is much higher than the
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N,O concentration of <5 ppm found in most combustion devices. The main exception to this is fluidized

bed which burns coal forming flue gas with N,O ~50 ppm. '
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Figure 11. The concentration of N2O (ppm) for co-current mode in catalytic plate reactor.

In co-current flow, the temperature is the highest near the channel inlet of the methane combustor and
the kinetics of reforming is also very fast. Due to early conversion in channels*® and overlapping of reaction
zones in co-current mode, the heat generated by MC is subsequently used by the endothermic steam
reforming reaction on alternate side of the middle plate. Overlap of reaction zones helps to reduce hot spots
and temperature spikes.!” Co-current flow mode is favourable in preventing the runaway of highly
exothermic reactions where cooling is provided by steam reforming. The combustion generates surplus
heat which is consumed by the highly endothermic steam reforming reaction moving in the same direction
on alternate side due to overlapping of both reaction zones. This overlapping of reaction zones helps to
reduce hot spots in the reactor.!®

The methane conversion, CO selectivity and Ha fraction increase with reactor temperature during the
furnace heating phase, as shown in Figure 12. The highest CH4 conversion (84.9%) H, fraction of 68.1%
occur at Trgp of 1022 °C when the temperature difference between Tryry, Tcomp and Trgr is at minimal.
The corresponding CO selectivity is 61.3% and continues to rise and stabilizes at ~ 70% when the
combustion surface temperature is maintained at ~1000 °C. As per the study of Zanfir et al.,*® the catalyst
layer thickness has a pronounced effect on the thermal behaviour and outlet conversions and the drop in
reforming performance at higher catalyst loading is more pronounced compared to catalytic combustion.
The drop in CH,4 conversion can be attributed to heat losses resulting from the colder environment once the
furnace is turned off. This comes with concomitant decrease in hydrogen concentration and a more gradual
decrease in CO. Good performance of the reactor requires fast heat exchange between the two sides and

low heat dissipation to the surroundings. The high heat loss results in significant loss of efficiency.’!
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Figure 12. CH,4 conversion, CO selectivity and percent profiles (H,, CO and CO,) of MSR for co-current

flow mode with methane flow rate of 45 mL/min and S/C molar ratio of 4.0.

Another experiment was performed with fixed flows to combustor and reformer in the CPR to further
investigate the effect of heat loss on MSR during co-current operation. After complete methane combustion
was achieved, the furnace was turned ON and OFF, to estimate the heat necessary to overcome external
heat losses and maintain the reactor temperature. The results are provided in the Supporting Information
(Figure S6 — S9). The methane conversion with the furnace on was stabilized at 35 + 4% but dropped under
heat loss. A similar influence of heat loss on the reformer performance was observed during coupling of
MSR and MC in a previous study,’’ where the methane conversion in the steam reformer dropped from
80% under adiabatic conditions to 10% under laboratory heat loss conditions. As mentioned in the study
of Mettler et al.,** methane fuelled smaller microreactor stacks are unstable because of heat losses.
Moreover Mettler et al.,’! also investigated the influence of number of catalytic plates in stack reactor on
the coupling of exothermic and endothermic reactions for syngas production. The results suggest that the
heat losses strongly influence the combustion reaction and the energy transfer from combustion to
reforming side declines and decrease the performance of the reformer. The negative influence of heat losses
can be minimized by increasing the number of catalytic plates in stack reactor. Under laboratory heat loss
conditions, the moderately conductive walls of stainless-steel catalytic plate reactor are unstable due to lack
of effective insulation. As suggested by Mettler et al.,* the stability of plate reactor can be enhanced by
increasing the number of catalytic plates, enhancing the net power input, modifying the dimension and wall
material, increasing catalyst loading, and changing combustion fuel. As per theoretical study by Zanfir and
Gavriilidis,*® co-current is more thermally balanced and shows lower conversion for MSR as compared to

counter-current operation.

3.4.2 Counter-current coupling
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For counter-current mode, the temperature profiles of CPR are shown in Figure 13. The temperatures
(T10,T50, and Typ) to reach 10, 50, and 90% methane conversion in the combustor are 754, 920, and 934
°C, respectively. Complete conversion for methane is observed at Tgoyp = 943 °C, Trygpy = 1038 °C and

TREF = 924 OC.
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Figure 13. Temperature profile in counter current flow operation.

The MC reaction becomes thermally unstable due to either flashback, in which the reaction front
propagates upstream, blow-off, in which reaction front propagates downstream, or extinction *. After
switching-off the furnace at Trygy of 1059 °C, three flashbacks are observed in the combustor when the
flame velocity exceeds the methane-air mixture inlet velocity.!” The flashbacks appear after three
excessive temperature peaks with a sharp decline in T 5 profile and the flame moves from the catalytic
channels to the feed tube just after the alumina ball packed flame arrestor. These high temperature peaks
are a main obstacle in the implementation of counter-current operation mode.!”” The delocalization of
reactions zones leads to extra heat generation that drives the combustion temperature to be unnecessarily
high resulting in flashback. After each flashback, the combustor is purged with nitrogen (50 mL/min) and
the combustor feed stream is introduced again. No blow-off or extinction is observed in the methane
combustor under the investigated conditions.

According to Mundhawa et al.,*! the combustion reaction completes in the first 20 — 30% of the channel
length of the plate reactor. As the combustion reaction is much faster than the reforming reaction, heat
generation overcomes the heat consumption and sudden rise in temperature is observed especially as the
reaction zone do not overlap. Another possible reason for flashback in counter-current mode is the light-
off phenomena through convective feedback of heat, something that is prevented in the concurrent mode. '’
To overcome sharp temperature rise in counter-current mode, a distributed feed design at multiple locations

can be implemented at the cost of complex reactor design.** 1% The flashbacks of counter-current mode
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can be avoided successfully by adjusting the flow rate, see in additional coupling experiments in Supporting
Information (Figure S11 —S14).

The thermal energy input to the combustion section is about three times lower for counter-current
operation due to preheating as compared to co-current operation, specifically evaluated at a furnace
temperature of 730 °C. The counter-current operation benefits from heat recovery from the hot products to
preheat the cold reformer feed—stream. However, this results in large temperature gradients in the reactor,*
leading to hot spot formation. Large temperature transients and thermal gradients may also be generated
during the startup.'® Hot spots lead to higher thermal stress in the reactor in counter-current mode

compared to the co-current mode.'?”
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Figure 14. CHa conversion and percent of products of the combustion stream in counter-current operation
as a function of time on stream.

For counter-current mode, the methane conversion and profiles of CO and CO: vs. TOS are shown in
Figure 14. During the three flashbacks, the methane conversion remains at 100% whereas the CO:
concentration drops due to purge-shots of N2 in feed, and the CO concentration varies non-monotonically.
Like the co-current operation, the energy input to the combustion increases when the furnace temperature
drops. To confirm this phenomenon, the furnace is turned on to increase the temperature surrounding the
CPR which results in drop in energy input from 142 to 110 W.. This energy input is increased exponentially
(Figure S10) again when the furnace is turned off and the furnace temperature declines to the same value
with the same energy input to the combustion section. Trygy is dropped continuously after the turning off
electric furnace that results in bigger difference Trepr and Teopyp. At the end of the experiment, the
temperature difference Trypy — Tcomp increases to 278.7 °C and energy input to the combustor rises to
142 W,

The concentration of carbon dioxide correlates with methane conversion and reaches a value of 10.7
vol% at 943 °C with complete methane conversion at 73.7 min of TOS, as seen in Figure 14. A similar

trend is observed for the CO concentration with a maximum value of 6.5 vol%. After complete methane
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conversion, CO declines sharply down to 2456 ppm. This confirms the catalytic combustion of methane in
the catalytic plate reactor. A downward spike in methane conversion was observed at the same time which
suggests a decline in methane conversion at every flow rate change during the experiment but with a quick
recovery in conversion. Like co-current mode, NO is also not detected in the combustor outlet stream. The
formation of N20 is confirmed at T;ppp of 384 °C, as shown in Figure 15. During ignition, the N,O
concentration increases up to 142.8 ppm with a subsequent sudden drop that remains <9 ppm except during

flashbacks and instantaneous spikes at flow variation points representing changes in energy input.
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Figure 15. Concentration of N2O (ppm) for counter-current mode in the catalytic plate reactor.

For MSR in counter-current mode, the highest value of CHa4 conversion of 80.2% occurs at Trgr =
1027 °C along with CO selectivity and H, fraction of 60.4% and 70.2%, respectively (Figure 16). After
switching furnace off, the CH, conversion in the reforming side drops due to heat losses. To confirm the
influence of the surrounding temperature on heat losses and reactor performance, Trygpy Was increased
from 704.9 °C to 810 °C by switching it on/off. As a result, the heat input to the combustion section
decreased and the CH4 conversion increased. As the difference between the furnace and CPR temperatures
increased, reactor performance dropped in all cases due to external heat losses. CH,4 catalytic combustion
reaction was self-sustained for all conditions investigated while the CH4 conversion in the reforming
section dropped after switching the furnace off. Ineffective insulations are the primary cause of heat losses
and the small throughput of the system is not capable of keeping up. In reality, ineffective insulations were
needed to initiate methane catalytic oxidation reaction by providing heat from the furnace. CPR was made
of moderately conductive stainless steel wall which is also unstable under laboratory heat loss conditions.
51 The increase in the number of plates in the form of a stack can help to improve stability. As in the study
of Mettler et al.,*® plate reactor stack consisting of 9 alternating steam reforming and combustion plates

provides a middle ground in terms of stability.
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Figure 16. CH4 conversion, CO selectivity and fraction of CO, CO, and H, in MSR for counter-current

flow mode with methane flow rate of 45 mL/min and S/C molar ratio of 4.0.
4. Conclusions

With the resurged interest in distributed hydrogen production, design of small, portable, more energy
efficient reformers becomes important. Due to their small size, flames typically used for heating large scale
reformers are impractical and catalytic combustion is the preferred heat generation approach. A catalytic
plate reactor was designed and developed to study coupling of methane combustion and methane steam
reforming over Swt%Pt/Al.O; coated microchannels and understand the start-up behaviour. The reactor
setup was assessed using CFD simulations, which showed uniform velocity and pressure distribution along
the microfluidic channels. The catalyst layer shows homogeneous distribution and excellent adherence.
The combustor and reformer were successfully coupled experimentally in co-current and counter-current
modes, and issues posed by the CPR during startup were identified. Regarding methane conversion, the
transient performance of methane steam reformer is slightly better in co-current mode than counter-current
mode at the cost of three fold higher energy consumption in the combustor operating at ~1000 °C. In the
catalytic methane combustor, complete conversion was achieved over a wide channel velocity range (5.1
— 57.3 m/s) without NO formation, but with N,O identified in the combustor outlet. The concentration of
N,O is much lower in the counter-current mode, probably due to higher energy input in the latter. Three
flashbacks were encountered in counter-current mode indicating thermal imbalance as a result of
delocalization and minimal coupling of reaction zones. Mitigation strategies regarding safety were
discussed. This study contributes to the understanding of coupling methane combustion and reforming in
a single plate reactor in transient mode during start-up. Future work will focus on the development and

experimental evaluation of CPR of multiple plates coated with active catalyst suitable for each reaction.
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S1. Additional details of calculation. Table S1. Operating conditions of catalytic methane combustion for
co-current flow mode. Table S2. Operating conditions of catalytic methane combustion for counter-current
flow mode. Table S3. Average inlet velocity in the center of channels in CPR. Figure S1 (a—1I). The velocity
profile in microchannels of catalytic plate reactor at channel inlet velocity from 1.4 to 57.3 m/s. Figure S2:
Difference between minimum and maximum velocities (m/s) versus average channel inlet velocity. Figure
S3 (a—I). The pressure profile in microchannels of catalytic plate reactor at channel inlet velocity from 1.4
to 57.3 m/s. Table S4. Pressure drop across microchannels in catalytic plate reactor. Figure S4: Channel
inlet velocity as a function of time on stream (TOS) for coupling of MSR and MC. Figure S5: Energy input
as a function of ATy = Tcoyp — Tryry fOr co-current opeation. S2. Second co-current coupling experiment
— Furnace heat management. Figure S6: Temperature profile of co-current mode in CPR managed by
furnace heat. Figure S7: CHa4 conversion, CO selectivity and percent profiles (H2, CO and CO:) of MSR
for co-current furnace heat managed with a methane flow (45 mL/min) and S/C of 5.0 (172 NL/h/gcar).
Figure S8: Methane conversion and concentration profiles in the combustion side in co-current operation
as a function of time on stream (furnace heat managed). Figure S9: The concentration of N2O (ppm) for
co-current mode in CPR (furnace heat managed). Figure S10: Energy input as a function of AT, = Teopp —
Tryrn for counter-current operation. S3. Second counter-current coupling experiment. Figure S11. The
temperature profile for second counter current coupling experiment. Figure S12. CH« conversion and
concentration profiles of on combustion side for counter-current operation as a function of time on stream.
Figure S13. The concentration of N>O (ppm) for counter-current mode in catalytic plate reactor. Figure
S14. CHa4 conversion, CO selectivity and concentration profiles (CO, CO: and Hz) of methane steam

reforming for counter-current flow mode with methane flow rate of 45 mL/min and S/C molar ratio of 4.0.
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